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...the history of science—by far the most successful claim to 
knowledge accessible to humans—teaches that the most we can 
hope for is successive improvement in our understanding, 
learning from our mistakes, an asymptotic approach to the 
Universe, but with the proviso that absolute certainty will always 
elude us. 

Carl Sagan 

The Demon-Haunted World: Science as a Candle in the Dark 

Ballantine Books, 1996 


to Laura, Daniel and Nalva 
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Preface 


Contrary to general perception, the importance of coal and biomass as energy 
resources continues to increase. Special attention has been given to biomass 
due to its renewable and overall zero carbon dioxide generation aspects. 
Therefore, it is not surprising that the number of professionals and graduate 
students entering the field of power generation based on solid fuels is increasing. 
However, unlike specialized researchers, they are not interested in deep 
considerations based on exhaustive literature reviews of specialized texts. 
Obviously, works in that line are very important; however they assume an 
audience of accomplished mathematical modelers. Therefore, they do not have 
the preoccupation of presenting the details on how, from fundamental and general 
equations, it is possible to arrive at a final model for an equipment or process. 
Those beginning in the field are not interested in the other extreme, i.e., simple 
and mechanistic description of equipment design procedures or instruction 
manuals for application of commercial simulation packages. Their main 
preoccupations are: 

• Sufficient familiarity with the fundamental phenomena taldng place in 
the equipment or processes 

• Knowledge of basic procedures for modeling and simulation of equipment 
and systems. 

• Elaborate procedures or methods to predict the behavior of the equipment 
or processes, mainly for cases where there are no commercially available 
simulators. Even when simulators are available, to be able to properly set 
the conditions asked as inputs by the simulator, to evaluate the applicability 
of possible solutions, and to choose among various alternatives. 

• The use those instruments to help solve problems and situations in the 
field. 

• Building confidence for decision making regarding process improvements 
and investments. 
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Preface 


On the other hand, experience shows that a good route to acquire real and testable 
understanding of a subject in processing is to develop models and their respective 
computer simulators. The feeling of accomplishment achieved when one is 
capable of developing one’s own simulator, however simple, is fantastic. This 
would be the crowning achievement of accumulated knowledge in the subject. 
The simulation program becomes a source of improvements, not to mention 
leading to a whole set of other advantages, as detailed later. 

The book is essential to graduate students, engineers, and other professionals 
with a strong scientific background entering the area of solid fuel combustion 
and gasification, but needing a basic introductory course in mathematical 
modeling and simulation. The text is based on a course given for many years 
for professionals and graduate students. 

In view of the hands-on approach, several correlations and equations are 
cited from the literature without the preoccupation on mathematical 
demonstrations of their validity. References are provided and should be consulted 
by those interested in more details. 

Despite the specific focus on combustion and gasification, the basic methods 
illustrated here can be employed for modeling a wide range of other processes 
or equipment commonly found in the processing industry. Operations of 
equipment such as boilers, furnaces, incinerators, gasifiers, and any others 
associated with combustion or gasification phenomena involves a multitude of 
simultaneous processes such as heat, mass and momentum transfers, chemical 
kinetics of several reactions, drying, and pyrolysis, etc. These should be 
coherently combined to allow reasonable simulation of industrial units or 
equipment. This book provides the relevant basic principles. 

It is important to emphasize the need for simple models. As mentioned before, 
most field or design engineers cannot afford to spend too much time on very 
elaborate and complex models. Of course, there are several levels to which 
models can be built. Nevertheless, one should be careful with models that are 
too simple or too complex. The low extreme normally provides only superficial 
information while the other usually takes years to develop and often involves 
considerable computational difficulties due to convergence problems or 
inconsistencies. In the present text, the model complexity is extended just to 
the point necessary to achieve a reasonable representation of the corresponding 
equipment. For instance, the examples are limited to two dimensions and most 
of the models are based on a one-dimensional approach. This may sound 
simplistic; however, the level of detail and usefulness of results from such 
simulations are significant. Additionally, the book can also be used as an 
introduction to more complex models. 

The main strategy of the book is to teach by examples. Besides the significant 
fraction of industrial equipment operating with suspensions of pulverized solid 
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Vll 


fuels, the specific cases of moving and fluidized bubbling beds have been selected 
because they: 

Cover much of the equipment related to combustion and gasification of 
solid fuels found in industry. In the particular case of fluidized beds, 
the fraction of equipment employing that technique has continually 
increased. In fact several more conventional boilers and furnaces 
operating with suspensions have been retrofitted to fluidized beds. 
Allow easy-to-follow examples of how simplifying assumptions regarding 
the operation of real industrial equipment can be set. 

Permit relatively quick introduction of fundamental equations without 
the need for overly complex treatments. 

Provide simple examples applying model and simulation techniques and 
how these can be put together to write a simulation program. 
Allow easier comparisons between real operational data and simulation 
results. 

In addition, the book contains basic descriptions of combustion and gasification 
processes, including suspension or pneumatic transport. Several fundamental 
aspects are common and can be applicable in studies of any technique, such as: 
zero-dimensional mass and energy balances, kinetics of gas and solid reactions, 
heat and mass transport phenomena and correlations, and pressure losses though 
air or gas distributors. 

Although the basic concepts of momentum, heat, and mass transfer 
phenomena can be found in several texts, the fundamental equations for such 
processes are included here, minimizing the need to consult other texts. Concepts 
usually learned in graduate-level engineering courses will be sufficient. The 
same is valid for thermodynamics, fundamentals of chemical kinetics, and 
applied mathematics—mainly concerning aspects of differential equations. 

To summarize, the book: 

• Shows several constructive and operational features of equipment dealing 
with combustion and gasification of solid fuels, such as coal, biomass, 
and solid residues, etc. 

• Presents basic aspects of solid and gas combustion phenomena 

• Introduces the fundamental methodology to formulate a mathematical 
model of the above equipments 

• Demonstrates possible routes from model to workable computer 
simulation program 

• Illustrates interpretations of simulation results that may be applied as tools 
for improving the performance of existing industrial equipment or for 
optimized design of new ones 
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Preface 


It is organized as follows. Chapter 1 presents some generally applicable notions 
concerning modeling and simulation. Chapter 2 shows main characteristics of 
solid fuels, such as coals and biomasses. Chapter 3 introduces basic concepts 
of solid-gas systems and main characteristics of combustion and gasification 
equipments. Chapter 4 provides formulas and methods to allow first calculations 
regarding solid fuel processing. Chapter 5 describes the fundamental equations 
of zero-dimensional models with the objective of allowing verification of overall 
relations between inputs and outputs of any general process, including 
combustors and gasifiers. 

Chapter 6 introduces a very basic and simple first-dimension model of a gas 
reactor. Of course, it is not the intention to present any model for flames; that is 
beyond the scope of this introductory book. However, it is useful to introduce 
standard considerations regarding mathematical modeling and the application 
of mass, energy, and momentum transfer equations. Chapter 7 describes the 
first example of a model for solid fuel combustion and gasification equipment, 
using the case of moving-bed combustor or gasifier. Chapters 8 and 9 introduce 
methods to compute gas-gas and gas-solid reaction rates. Chapter 10 introduces 
modeling of drying and pyrolysis of solid fuels. Chapter 11 presents auxiliary 
and constitutive equations and methods that may be used to build a computer 
program to simulate the model introduced in Chapter 10. 

Chapter 12 shows how to put together all the information previously given 
in order to build a workable simulation program. The chapter also presents 
comparisons between measured parameters obtained from a real operation of 
moving-bed gasifier and results from a simulation program based on the model 
described earlier. Chapter 13 repeats the same approach used for Chapter 7, but 
now pertaining to bubbling fluidized-bed combustors and gasifiers. Chapters 
14 and 15 provide correlations and constitutive equations that together with 
several already given enable the writing a computer program for fluidized bed 
combustors, boilers, and gasifiers. Chapter 16 has the same objective for the 
cases of fluidized bed combustors as Chapter 12 for moving bed combustors 
and gasifiers. 

Almost all the chapters include exercises. They will stimulate the imagination 
and build confidence in solving problems related to modeling and simulation. 
The relative degree of difficulty or volume of work expected is indicated by an 
increasing number of asterisks—problems marked with four asterisks usually 
require solid training in the solution of differential equations or demand 
considerable work. 


Marcio L.de Souza-Santos 
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of original solid fuel (dimensionless) 
coefficient of component j in the representative formula 
of original solid fuel (dimensionless) 
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Nomenclature 


COT (j) 
CO Y(j) 


d 

dp 

Dj 

E, 

E 


-^514 
f . 

-■-moist 

Ev 

Ejc 

E m 



4 


F 

g 

G 

AG 0 ,/ 

h 

H 

IIuv 

i 

I 


h 

k 

k, 


coefficient of component) in the representative formula 
of tar (dimensionless) 

coefficient of component) in the representative formula 

of volatile fraction of the original solid fuel 

(dimensionless) 

diameter (m) 

particle diameter (m) 

diffusivity of component j in the phase or media 

indicated afterwards (m 2 s' 1 ) 

activation energy of reaction i (J kmol' 1 ) 

factor or fraction (dimensionless) 

expansion factor of the bed or ratio between its actual 

volume and volume at minimum fluidization condition 

(dimensionless) 

total mass fractional conversion of carbon 

mass fractional conversion of moisture (or fractional 

degree of drying) 

mass fractional conversion of volatiles (or degree of 
devolatilization) 

mass fraction conversion of fixed carbon 
mass fraction of particles kind m among all particles 
present in the process (dimensionless) 
air excess (dimensionless) 

fuel ratio factor used in reactivity calculations 

(dimensionless) 

mass flow (kg s' 1 ) 

acceleration of gravity (m s' 2 ) or specific Gibbs function 

(J/kg) 

mass flux (kg nr 2 s ’) 

variation of Gibbs function related to reaction i (J kmol 1 ) 
enthalpy (J kg 1 ) 
height (m) 

high heat value (J kg 1 ) 

inclination relative to the horizontal position (rad) 
variable to indicate the direction of mass flow 
concerning a control volume (+1 entering the CV; -1 
leaving the CV) 

mass flux of component) due to diffusion process (kg 
m" 2 s' 1 ) 

kinetic coefficient of reaction i (s' 1 ) (otherwise, unit 

depends on the reaction) 

specific turbulent kinetic energy (m 2 s' 2 ) 
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1 

L 
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Lf 
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n 
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«cv 
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»s 


n SR 

Nj 


M 

Mj 

N Bi 

-^Nu 

N ?c 

N» 

N Re 

N Sc 

N S h 

P 


Pi 

P 

q 

Q 

r 

r t 


preexponential coefficient of reaction i (s' 1 ) (otherwise, 
unit depends on the reaction) 

equilibrium coefficient for reaction i (unit depend on 
the reaction and notation) 

preexponential equilibrium coefficient for reaction i 
(unit depend on the reaction and notation) 
mixing length (m) 

coefficient used in devolatilization computations 

(dimensionless) 

length of grate (m) 

length of tube (m) 

low heat value (J kg *) 

number of moles 

number of chemical species or components 
number of control volumes 

number of chemical species or components in the gas 
phase 

number of chemical species or components in the solid 
phase 

number of streams 

mass flux of component j referred to a fixed frame of 
coordinates (kg m' 2 s' 1 ) 
mass (kg) 

molecular mass of component j (kmol/kg) 

Archimedes number (dimensionless) 

Biot number (dimensionless) 

Nusselt number (dimensionless) 

Peclet number (dimensionless) 

Prandtl number (dimensionless) 

Reynolds number (dimensionless) 

Schmidt number (dimensionless) 

Sherwood number (dimensionless) 

index for the particle geometry (0=planar, l=cylindrical, 

3= sphere) 

partial pressure of component j (Pa) 
pressure (Pa) 
energy flux (W nr 2 ) 

rate of energy generation (+) or consumption (-) of an 
equipment or system (W) 
radial coordinate (m) 

rate of reaction i (for homogeneous reactions: kg m 3 s' 
for heterogeneous reactions: kg m' 2 s 1 ) 
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R 

R 

R c 


-**cond 

R„ 


Rj 


R 


kind,) 


Rm,GJ 

Rm,SJ 


Rq 


R 


R 



s 


t 

T 

-/ 

T e 


equipment radius (m) 

universal gas constant (8314.2 J kmol 1 K 1 ) 
rate of energy transfer to (if positive) or from (if 
negative) the indicated phase due to convection [W m 
3 (of reactor volume or volume of the indicates phase)] 
rate of energy transfer to (if positive) or from (if 
negative) the indicated phase due to conduction [W m 
3 (of reactor volume or volume of the indicated phase)] 
rate of energy transfer to (if positive) or from (if 
negative) the indicated phase due to mass transfer 
between phases [W m 3 (of reactor volume or volume 
of the indicated phase)] 

rate of component ) generation (if positive) or 
consumption (if negative) by chemical reactions (kg 
m 3 s' 1 ). If in molar basis (~) the units are (kmol m 3 

s' 1 )- 

rate of component ) generation (if positive) or 

consumption (if negative) by chemical reactions. Units 

vary according to the “kind” of reaction. If the subscript 

indicates homogeneous reactions the units are kg m 3 

(of gas phase) s' 1 , if heterogeneous reactions in kg m 2 

(of external or of reacting particles) s' 1 . 

total rate of production (or consumption if negative) of 

gas component) [kg m 3 (of gas phase) s' 1 ] 

total rate of production (or consumption if negative) of 

solid-phase component) [kg m 3 (of reacting particles) 

S' 1 ] 

rate of energy generation (if positive) or consumption 
(if negative) due to chemical reactions [W m 3 (of reactor 
volume or volume of the indicated phase)] 
rate of energy transfer to (if positive) or from (if 
negative) the indicated phase due to radiation [W m 3 
(of reactor volume or volume of the indicated phase)] 
heating rate imposed on a process (K/s) 
entropy (J kg 1 K 1 ) 

cross-sectional area (m 2 ). If no index, it indicates the 
cross-sectional area of the reactor (m 2 ). 
time (s) 

temperature (K) 

reference temperature (298 K) 

ration between activation energy and gas constant ( f-/R) 

(K) 
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u 

U 


t^reduc 

V 

V 

X 

x i 

X 

y 

V 

Wj 

w 

2 

z 


velocity (m s' 1 ) 

gas superficial velocity (m s' 1 ) or resistances to mass 
transfer (s nr 2 ) 

reduced gas velocity (dimensionless) 
specific volume (m 3 kg' 1 ) 
volume (m 3 ) 

coordinate or distance (m) 

mole fraction of component j (dimensionless) 

elutriation parameter (kg s msI ) 

coordinate (m) or dimensionless variable 

rate of irreversibility generation at a control volume 

(W) 

mass fraction of component j (dimensionless) 

rate of work generation (+) or consumption (-) by an 

equipment or system (W) 

vertical coordinate (m) 

compressibility factor (dimensionless) 


Greek Letters 


a 

a m 

P 

% 

8 

e 

e‘ 

£ t 

y 

<t> 

r 

h 

T 

9 

X 

A 

H 


coefficient of heat transfer by convection (W m’ 2 K ') 
relaxation coefficient related to momentum transfer 
involving solid phase m (s' 1 ) 

coefficient (dimensionless) or mass transfer coefficient 
(m s' 1 ) 

number of atoms of an element (first index) in a 
molecule of a chemical component (second index) 
unit vector (m) 
void fraction (dimensionless) 
emissivity (dimensionless) 

dissipation rate of specific turbulent kinetic energy 
(m 2 s' 3 ) 

tortuosity factor 
Thiele modulus 

rate of fines production due to particle attrition (kg s 1 ) 

efficiency or effectiveness coefficient 

efficiency coefficient 

particle sphericity 

thermal conductivity (W m 1 K ’) 

parameter related to mass and energy transfer 

viscosity (kg m 1 s 1 ) or chemical potential (J kg ') 
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xvi 

v a 

e 

O 

P 

Pp 

Pj 


T 

CO 

9 

0 

o v 

t 

¥ 

Q 


stoichiometry coefficient of component) in reaction i 

angular coordinate 

solid particle friability (m 4 ) 

density (unit depends on the reaction and notation) 

apparent density of particle (kg nr 3 ) 

mass basis concentration of component j (kg m' 3 ) (in 

some situations the component) can be indicated by its 

formula) 

shear stress tensor (Pa) 

Pitzer’s acentric factor (dimensionless) 
air ratio (dimensionless) 

Stefan-Boltzmann constant (W m' 2 K 4 ) 

Standard deviation for distributed energy 

devolatilization model 

chemical component formula 

particle porosity (m 3 of pores/m 3 of particle) 

mass transfer coefficient (s 4 if between two gas phases, 

krnol m' 2 s 4 if between gas and solid) 

parameter of the Redlich-Kwong equation of state 

(dimensionless) or (only in Appendix C) a parameter 

related to mass and energy transfers. 


Other 

y gradient operator 

y 2 Laplacian operator 


Superscripts 

—> rector or tensor 

- time averaged 

(j fluctuation or perturbation 

~ in molar basis 

/\ relative concentration (dimensionless) 

number fraction 
area fraction 
volume fraction 

s for particles smaller than the particles whose kind and 

level are indicated in the subscript 
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xvii 

Subscripts 


Numbers as subscripts may represent sequence of variables, chemical species 
or reactions. In the particular case of chemical species the number would be 
equal to or greater than 19. In the case of reactions it will be clear when the 
number indicates reaction number. The numbering for components and reactions 
is shown in Tables 8.1 to 8.5. 

0 

at reference or ideal condition 

a 

at the nucleus-outer-shell interface 

A 

shell or residual layer 

air 

air 

app 

apparent (sometimes this index does not appear and 
should be understood, as in, for instance pp=pp, a pp) 

aro 

aromatic 

ash 

ash 

av 

average value 

b 

based on exergy 

B 

bubble 

bexp 

related to the expansion of the bed 

bri 

bridges 

bulk 

bulk 

c 

critical value 

C 

convection contribution (in some obvious situations, it 
would represent carbon) 

car 

carbonaceous solid 

char 

char 

cond 

conduction contribution 

CIP 

coated inert particle 

CP 

referred to the chemical component 

COF, COV, COT 

see main nomenclature above 

CSP 

Coke Shell Particle 

CV 

referred to the control volume or equipment 

cy 

related to the cyclone system 

d 

related to drying or dry basis 

D 

bed 

daf 

dry and ash-free basis 

dif 

diffusion contribution 

dist 

distributor 

E 

emulsion 

ental 

relative to enthalpy 

entro 

relative to entropy 
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eq 

exer 

/ 

fi 

F 

fc 

fuel 

G 

h 

H 


hom 

het 

i 

I 

oo 

l co 

lev 

l SR 

j 

J 

K 

l 

L 
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m 

fi^ratio 

M 

max 

mb 

min 

mf 

moist 

mon 

mtp 

orif 

N 


equilibrium condition 
relative to exergy 
formation at 298 K and 1 atm 
fluid 

freeboard 
fixed-carbon 
related to fuel 
gas phase 

transfer of energy due to mass transfer 

related to the circulation of particles in a fluidized bed 

(in some obvious situations, it would represent 

hydrogen) 

related to homogeneous (or gas-gas) reactions 
related to heterogeneous (or gas-solid) reactions 
reaction i (numbers are described in Chapter 8) 
as at the feeding point 

at the gas phase far from the particle surface 
component number 

control volume (or equipment) number 
stream number 

chemical component (numbers are described in Chapter 

8 ) 

related to the internal surface or internal dimension 

related to the recycling of particles, collected in the 

cyclone, to the bed 

chemical element 

at the leaving point or condition 

laminar condition 

physical phase (carbonaceous solid, m= 1; limestone or 
dolomite, m= 2; inert solid, m= 3; gas, m= 4) 
mixing ratio 

mmass generation or transfer 
maximum condition 
minimum bubbling condition 
minimum condition 
minimum fluidization condition 
moisture or water 
monomers 
metaplast 

orifices in the distributor plate 

nucleus or core (in some obvious situations, it would 
represent nitrogen) 
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O 

P 

P 

per 

pores 

plenum 

Q 

r 

R 

real 

sat 

S 

SR 

sit 

T 

tar 

to 

tur 

U 

v 

V 
W 
X 

Y 


at the referred to external or outside surface (in some 

obvious situations, it would represent oxygen) 

particle (if no other indication, property of particle is 

related to apparent value) 

at constant pressure 

peripheral groups 

related to particle pores 

average conditions in the plenum below the distributor 

plate or device 

chemical reactions 

at reduced condition 

related to radiative heat transfer 

related to real or skeletal density of solid particles 

at saturation condition 

solid phase or particles (if indicated for a property, such 

as density, it means apparent particle density) 

referred to the stream 

immobile recombination sites 

terminal value or referred to tubes 

tar 

mixing-take-over value 
turbulent condition 

unexposed-core or shrinking-core model 

related to devolatilization 

volatile 

wall 

exposed-core model 

related to entrainment of particles 


Copyright © 2004 by Marcel Dekker, Inc. 


Contents 


Preface v 
Nomenclature xi 

1 Basic Remarks on Modeling and Simulation 1 

1.1 Experiment and Simulation 1 

1.2 A Classification for Mathematical Models 10 

1.3 Exercises 17 

2 Solid Fuels 18 

2.1 Introduction 18 

2.2 Physical Properties 19 

2.3 Chemical Properties 21 

2.4 Thermal Treatment 24 

2.5 Gasification and Combustion 35 

2.6 Exercises 37 


xxi 


Copyright © 2004 by Marcel Dekker, Inc. 



xxii 

3 Equipment and Processes 38 

3.1 Introduction 38 

3.2 Elements of Gas-Solid Systems 38 

3.3 Moving Bed 43 

3.4 Fluidized Bed 48 

3.5 Suspension or Pneumatic Transport 63 

3.6 Some Aspects Related to Fuels 67 

4 Basic Calculations 69 

4.1 Introduction 69 

4.2 Computation of Some Basic Parameters 70 

4.3 Tips on Calculations 80 

4.4 Observations 83 
Exercises 83 

5 Zero-Dimensional Models 86 

5.1 Introduction 86 

5.2 Basic Equations 87 

5.3 Species Balance and Exiting Composition 93 

5.4 Useful Relations 99 

5.5 Summary for OD-S Model 105 

5.6 Flame Temperature 106 
Exercises 109 

6 Introduction to One-Dimensional, Steady-State Models 

6.1 Definitions 112 

6.2 Fundamental Equations 113 

6.3 Final Comments 125 
Exercises 126 

7 Moving-Bed Combustion and Gasification Model 127 

7.1 Introduction 127 

7.2 The Model 128 

Exercises 144 


Copyright © 2004 by Marcel Dekker, Inc. 


Contents 


112 


Contents 


XX1I1 


8 Chemical Reactions 146 


8.1 Homogeneous/Heterogeneous Reactions 146 

8.2 Numbering Chemical Components 147 

8.3 A System of Chemical Reactions 147 

8.4 Stoichiometry 150 

8.5 Kinetics 152 

8.6 Final Notes 157 
Exercises 159 


9 Heterogeneous Reactions 160 

9.1 Introduction 160 

9.2 General Form of the Problem 163 

9.3 Generalized Treatment 172 

9.4 Other Heterogeneous Reactions 174 
Exercises 174 


10 Drying and Devolatilization 178 


10.1 Drying 178 

10.2 Devolatilization 181 
Exercises 208 


11 Auxiliary Equations and Basic Calculations 209 

11.1 Introduction 209 

11.2 Total Production Rates 209 

11.3 Thiele Modulus 214 

11.4 Diffusivities 215 

11.5 Reactivity 218 

11.6 Core Dimensions 219 

11.7 Heat and Mass Transfer Coefficients 220 

11.8 Energy-Related Parameters 222 

11.9 A Few Immediate Applications 225 

11.10 Pressure Losses 233 
Exercises 243 


Copyright © 2004 by Marcel Dekker, Inc. 


Contents 


xxiv 

12 Moving-Bed Simulation Program and Results 245 

12.1 Introduction 245 

12.2 From Model to Simulation Program 245 

12.3 Samples of Results 254 
Exercises 261 

13 Fluidized-Bed Combustion and Gasification Model 264 

13.1 Introduction 264 

13.2 The Mathematical Model 264 

13.3 Boundary Conditions 276 
Exercises 280 

14 Fluidization Dynamics 282 

14.1 Introduction 282 

14.2 Splitting of Gas Injected into a Bed 283 

14.3 Bubble Characteristics and Behavior 288 

14.4 Circulation of Solid Particles 291 

14.5 Entrainment and Elutriation 300 

14.6 Particle Size Distribution 302 

14.7 Recycling of Particles 304 

14.8 Segregation 305 

14.9 Areas and Volumes at Freeboard Section 306 

14.10 Mass and Volume Fractions of Solids 307 

14.11 Further Studies 308 
Exercises 308 

15 Auxiliary Parameters Related to Fluidized-Bed Processes 309 

15.1 Introduction 309 

15.2 Mass Transfers 309 

15.3 Heat Transfers 312 

15.4 Parameters Related to Reaction Rates 322 

16 Fluidized-Bed Simulation Program and Results 323 

16.1 The Block Diagram 323 

16.2 Samples of Results 326 

16.3 Exercises 364 


Copyright © 2004 by Marcel Dekker, Inc. 


Contents 


xxv 


Appendix A The Fundamental Equations of Transport Phenomena 366 

Appendix B Notes on Thermodynamics 372 

B.l Heat and Work 372 

B.2 Chemical Equilibrium Equation 374 

B.3 Specific Heat 376 

B.4 Correction for Departure from Ideal Behavior 376 
B.5 Generalized OD-S Models 379 
B.6 Heat Values 386 

B. 7 Representative Formation Enthalpy of a Solid Fuel 387 

Appendix C Possible Improvements on Modeling Heterogeneous 
Reactions 389 

C. l General Mass Balance for a Particle 390 

C. 2 Generalized Energy Balance for a Particle 390 

Appendix D Improvements on Various Aspects 396 

D. 1 Rate of Particles Circulation in the Fluidized Bed 396 

D. 2 Improvements on the Fluidized-Bed Equipment Simulator (FBES) 399 

Appendix E Basics of Turbulent Flow 400 

E. l Momentum Transfer 400 

E.2 Heat and Mass Transfers 403 

E. 3 Reaction Kinetics 404 

Appendix F Classifications of Modeling for Bubbling Fluidized-Bed 
Equipment 406 

F. 1 Main Aspects 406 

Appendix G Basics Techniques of Kinetics Determination 408 
References 412 


Copyright © 2004 by Marcel Dekker, Inc. 


Solid Fuels 
Combustion and 
Gasification 


Copyright © 2004 by Marcel Dekker, Inc. 


1 


Basic Remarks on Modeling and 
Simulation 


1.1 EXPERIMENT AND SIMULATION 

Over the years, among other comments, I have heard remarks such as: 

• “If the equipment is working, why all the effort to simulate it?” 

• “Can’t we just find the optimum operational point by experimentation?” 

The basic answer to the first question is: Because it is always possible to improve 
and, given an objective, to optimize an existing operation. Optimization not 
only increases competitiveness of a company but may also determine its chances 
of survival. For the second question the answer is: Because experimentation is 
much more expensive than computation. In addition, if any variable of the 
original process changes, the costly experimentally achieved optimum is no 
longer valid. As an example, if a thermoelectric power unit starts receiving a 
coal with properties different from the one previously used, the optimum 
operational point would not be the same. It is also important to remember that 
the experimentally found optimum at a given scale is not applicable to any 
other scale, even if several conditions remain the same. In fact, no company 
today can afford not to use computer simulation to seek optimized design or 
operation of its industrial processes. 

Apparently, one may think that these remarks could hide some sort of 
prejudice against experimental methods. Nothing could be further from the truth. 

1 
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There is no valid theory without experimentation. A model or theory is not 
applicable unless experimentally verifiable. In other words, a mathematical 
model and consequent simulation program, no matter how sophisticated, is 
useless if it cannot reproduce the real operation it is intended to simulate 
within an acceptable degree of deviation. Of course, it would also not be able 
to predict the behavior of future equipment with some degree of confidence, 
and therefore it would also be useless as design tool. 

Before going any further, let us consideration some experimental and 
theoretical procedures. 

1.1.1 The Experimental Method 

One may ask about the conditions that allow the application of experimental 
method to obtain or infer valid information concerning the behavior of a process. 
For this, the following definitions are necessary: 

• Controlled variables are those whose values can, within a certain range, 
be imposed freely, for example, the temperature of a bath heated by 
electrical resistances. 

• Observed variables are those whose values can be measured, directly or 
indirectly. An example is the thermal conductivity of the fluid in the bath 
where the temperature has been controlled. 

Experiments are a valid source of information if during the course of tests the 
observed variables are solely affected by the controlled variables. Any other 
variable should be maintained at constant value. 

Example 1.1 Let us imagine that someone is interested in determining the 
dependence on temperature of thermal conductivity of a bath or solution with 
a given composition and under a given pressure. Therefore, the observed 
variable would be the thermal conductivity, and the solution average temperature 
the controlled one. Thus, the bath thermal conductivity would be measured at 
various levels of its temperature. During the tests, the chemical composition 
and pressure of the previous bath should be maintained constant. In doing so, 
it will be possible to correlate cause and effect, i.e., the values of observed and 
controlled variables. These correlations may take the form of graphs or 
mathematical expressions. 

Example 1.2 The S0 2 absorption by limestone can be represented by the 
following reaction: 

CaO+SO 2 + — O 2 * C aSO i 

Experiments to determine the kinetics of the reaction should be conducted under 
carefully chosen conditions; for example, 
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• The sample of limestone should be put in a barge where it is exposed to 
various mixtures of S0 2 and 0 2 . 

• The pressure should be maintained constant. 

• The sample of limestone should have its maximum particle size reduced 
to a point where no interference of particle size on the reaction rate could 
be noticed. The interference is caused by the resistance to mass transfer 
of gas components through the porous structure of the particle. 

• The temperature should be controlled. This can be achieved by electrical 
heating of the barge. In addition, influences of temperature differences 
between the various regions of the sample should be reduced or eliminated. 
This can be accomplished by using thin layers of sample and through 
high heat transfer coefficients between gas and solid sample. One method 
would be to increase the Reynolds number or the relative velocity between 
gas and particles. Of course, this has limitations because the gas stream 
should carry no solid. 

• The concentrations of reactants (S0 2 and 0 2 ) in the involving atmosphere 
should be controlled or kept constant. Therefore, a fresh supply of the 
reacting mixture should be guaranteed. 

• Each test should be designed to take samples of the CaO and CaS0 4 
mixture for analysis throughout the experiment, so; the number of 
controlled variables could be reduced to temperature and concentration 
of S0 2 and 0 2 in the incoming gas stream. 

The conversion of CaO into CaS0 4 would be the observed variable and it would 
be measured against time. 

In addition, the number of experimental tests should be as high as possible 
to eliminate bias. This is possible to verify by quantitative means. 

Even after all these precautions, the determined kinetics is valid only for the 
particular kind of limestone because possible catalyst or poisoning activity due 
to presence of other chemical components in the original limestone has not 
been taken into account. 

The above examples show the typical scientific experimental procedure. It 
allows observations that may be applied to understand the phenomenon. Within 
an established range of conditions, the conclusions do not depend on a particular 
situation. Therefore, they can be generalized and used in mathematical models 
that combine several other phenomena. 

It is also important to be aware that experimental optimization of a process 
presents stringent limitations due to: 

1. Variables: The number of variables that interfere in a given process is 
usually much higher than the number of controllable variables. Imposed 
variation on a single input may represent variations on several process 
conditions and, as consequence, on several observed variables. 
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2. Scale effects: Physical-chemical properties of substances handled by the 
process do not obey a linear dependence with the equipment geometry 
such as length, area, and volume. For instance, one may double the volume 
of a chemical reactor, but this does not double the density or viscosity of 
streams entering or leaving the reactor. 

In some cases, scaling-up does not even allow geometry similarity with the 
experimental or pilot unit. To better illustrate the point of false inference on the 
validity of an experimental procedure, let us refer to the following example. 

Example 1.3 Someone is intending to scale-up a simple chemical reactor, as 
shown in Figure 1.1. The reactants A and B are continuously injected and the 
reaction between them is exothermic. The product C, diluted in the exit stream, 
leaves the reactor continuously. Water is used as cooling fluid and runs inside 
the jacket. The agitator maintains the reacting media as homogeneously as 
possible. There is also an optimum temperature that leads to a maximum output 
of the C component. Let us suppose that the optimization of this operation was 
carried and the correct water flow into the jacket was found in order to give the 
maximum concentration of C in the product. To achieve this, a pilot was built 
and through experiments the best operational condition was set. Now, the 
engineering intends to build a reactor to deliver a mass flow of C ten times 
higher than the achieved in the pilot. 

Someone proposed to keep the same geometric shape of the pilot, which is 
H/D (//= level filled with fluid, £>=diameter) equal to 2. However, to obtain the 
same concentration of C in the products, the residence time of reactants in the 
volume should be maintained. Residence time r is usually defined by 



FIG. 1.1 Scheme of a water-jacketed reactor. 
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Vp 

F 


( 1 . 1 ) 


where V is the volume of the reactor (filled with liquid reactants), p is the 
average density of the fluid and F is the mass flow of injected fluids into the 
reactor. Assuming a cylindrical shape reactor, the volume is given by 


V = 


kD 2 H 


( 1 . 2 ) 


The relation should be set in order to maintain the same residence time. 


V=\OV 0 (1.3) 

where index 0 indicates the pilot dimensions. To keep H/D ratio equal to 2, the 
new diameter would be 

D=lO m D 0 (1.4) 

The area for heat transfer (neglecting the bottom) is given by 

A=nHD (1.5) 

Therefore, the area ratio would be 
A _ HD _D 2 

Ao ~ HqDq ~ D q (1-6) 

Using 1.4, 

A=10 2/3 A 0 (1.7) 


By this option, the industrial-scale reactor would have a heat exchange area just 
4.64 times larger than the one at the pilot unit. The cooling would not be as 
efficient as before. 

Reversibly, if one tries to multiply the reactor wall area by 10, the volume 
would be much larger than 10 times the volume of the pilot. Actually, this would 
increase the residence time of the reactants by more than 31 times. This is not 
desirable because: 


• The investment in the new reactor would be much larger than intended. 

• The reactants would sit idle in the reactor, or the residence time of the 
reactants would be much larger than the time found through optimization 
tests. 


The only possibility is to modify the H/D ratio in order to maintain the same 
area/volume relation as found in the pilot. The only solution is a diameter equal 
to the diameter of the pilot. Therefore, to multiply the volume by 10, the new 
length of level would be 10 times the length of the pilot. This solution would 
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not be very convenient from the operational point of view, not for the layout of 
the plant where it would be installed. 

This demonstrates that not even a similar geometric shape could be kept in a 
scaling-up process. To maintain the shape of the pilot and multiply the volume 
by 10, a solution might be to insert a coil inside the reactor to provide the extra 
heat transfer area. 

Example 1.4 Another example is given in the case of a boiler. Someone 
wants to optimize the design of a boiler by experimental tests with a small pilot 
unit. The unit is composed of a furnace with a tube bank, and coal is continuously 
fed into it. Water runs into the tube bank and the bank can be partially retreated 
from the furnace in a way to vary the heat exchange area. The tests show that, 
by maintaining a given fuel input, there is a certain area of tubes that leads to a 
maximum rate of steam generation. The reason rests on two main influences, 
which play an important role in the boiler efficiency, as follows: 

1. If the tube area increases, the heat transfer between the furnace and the 
tubes increases, leading to an increase in steam production. However, 
after a certain point, increases in the tube area lead to decreases in the 
average temperature in the furnace. Decreases in temperature decrease 
carbon conversion or fuel utilization and, therefore, decrease the rate of 
energy transferred to tubes for steam generation. 

2. If the area of tubes decreases, the average temperature in the furnace 
increases and the carbon conversion increases. Therefore, more coal is 
converted to provide energy and may possibly leading to increases in the 
steam generation. However, after a certain point, due to insufficient tube 
area for heat transfer, the effect is just to increase the temperature of the 
gases in the chimney, therefore decreasing the efficiency of the boiler. 

In this way, the optimum or maximum efficiency for the boiler operation should 
be an intermediate point. However, it is not easy to find a solution because it 
would necessitate considering a great number of processes or phenomena, e.g., 
heat transfers of all kind between the particle, gases, and tubes, mass transfers 
among gases and particles, momentum transfers among those phases, several 
chemical reactions. To achieve this by experimental procedure would be a 
nightmare, if impossible. 

Example 1.5 Following the previous example, let us now imagine that 
someone tries to design a larger boiler, for instance, one to consume twice the 
previous amount of fuel. Among other possibilities, he could imagine two 
alternatives: 

a. To maintain the same ratio between the total area of tube surface and the 
mass flow of coal feeding (or energy input) employed at the optimum 
condition found at the pilot; 
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b. To maintain the same ratio between the total area of tube surface and the 
combustor volume employed at the optimum experimental condition. 

A very likely answer to this dilemma is: Neither of the above alternatives is the 
correct one. 

To better explain, let us consider the following relations, which are very 
strong simplifications of the problem: 

Q=fcFh c (1.8) 

Qy\ = Aa av AT" (1.9) 


where 

Q = total rate energy input to the boiler furnace, (W) 

f c = fraction of fuel that is consumed in the furnace (dimensionless from 
0 to 1). The unreacted fuel leaves the furnace with the stack gas or in 
the ashes. 

F = fuel feeding rate, kg/s 

h c = combustion enthalpy of the injected fuel, J/kg 

r| = boiler efficiency, i.e., the ratio between the injected energy (through 
the fuel) into the furnace and the amount used to generate steam. 

A = total area of tube surface, m 2 

n = coefficient used to accommodate an approximate equation that 
accounts the differences between the laws of radiative and convective 
heat transfer processes; 

AT = average difference between the fluid that runs inside the tubes and 
the furnace interior, K 

<x [V = equivalent global (or average between inside and outside coefficients 
of the tubes) heat transfer (includes convection and radiation) 
between the fluid that runs inside the tubes and the furnace interior, 
W m 2 K") 

Equations 1.8 and 1.9 are combined to write 


4 _ nfcFhc 

a av A T" 


( 1 . 10 ) 


Let us examine alternative (‘a’). As seen by Eq. 1.10, the area of tubes seems to 
be proportional to the fuel-feeding rate. However, assuming the same tube bank 
configuration as in the pilot, the bank area would not be linearly proportional to 
the furnace volume. Therefore, the average velocity of gases crossing the tube 
bank will be different from the values found in the pilot. As the heat transfer 
coefficient is a strong function of that velocity, it will also change. Looking at 
Eq. 1.10, it is easy to conclude that alternative (a) will not work. If one tries to 
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maintain the increase the volume at the same proportion of the tube bank area, 
the residence time (see Eq. 1.1) will not be the same as in the pilot. Therefore, 
the fuel conversion and the boiler efficiency will not be the same as the pilot, 
and alternative (b) would not work either. 

1.1.2 The Theoretical Method 

It is too difficult for the human mind to interpret any phenomenon where more 
than three variables are involved. It is not a coincidence that the graphical 
representation of influences is also limited to that number of variables. Some 
researchers make invalid extrapolations of the experimental method and apply 
the results to multidimensional problems. For instance, try to infer the above 
kinetics of S0 2 absorption using a boiler combustor where coal and limestone are 
added. As temperature and concentration (among several other variables) change 
from point to point in the combustion chamber, no real control over the influencing 
variables is possible in this case. The best that can be accomplished is the 
verification of some interdependence. The result of such a study might be used in 
the optimization of a particular application without the pretension to generalize 
the results or to apply them to other situations, despite possible similarities. 

On the other hand, the theoretical method is universal. If based on fundamental 
equations (mass, momentum, and energy conservation) and correlations obtained 
from well-conducted experimental procedure, the theoretical approach does 
not suffer from limitations due to the number of variables involved. Therefore, 
mathematical modeling is not a matter of sophistication, but the only possible 
method to understand complex processes. In addition, the simple fact that a 
simulation program is capable of being processed to generate information that 
describes, within reasonable degree of deviations, the behavior of a real operation 
is in itself a strong indication of the coherence of the mathematical structure. 

The most important properties of mathematical modeling and the respective 
simulation program can be summarized as follows: 

• Mathematical modeling requires much fewer financial resources than the 
experimental investigation. 

• It can be applied to study the conditions at areas of difficult or impossible 
access or where uncertainties in measurements are implicit. Such 
conditions may include very high temperatures, as usually found in 
combustion and gasification processes. Added to that, these processes 
normally involve various phases with moving boundaries, turbulence, etc. 

• It can be extended to infer the behavior of a process far from the tested 
experimental range. 

• It allows a much better understanding of the experimental data and results 
and therefore can be used to complement the acquired knowledge from 
experimental tests. 
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• Mathematical modeling can be used to optimize the experimental 
procedure and to avoid tests at uninteresting or even dangerous range of 
operations. 

• It can be employed during the scaling-up phase in order to achieve an 
optimized design of the equipment or process unit. This brings substantial 
savings of time and money because it eliminates or drastically reduces 
the need for intermediate pilot scales. 

• The model and respective program are not “static.” In other words, they 
can be improved at any time to expand the range of application, reliability, 
or to decrease the time necessary for the computations. 

• The model and the program can also be improved with more and better 
information available from experimental investigations. The results 
published in the literature concerning the basic phenomena involved in 
the simulated process or system can be seen as a constant source of 
information. Therefore, the program can be seen as a “reservoir of 
knowledge.” 

Mathematical modeling is not a task but a process. The development of a 
mathematical model, and its respective computer simulation program, is not a 
linear sequence where each step follows the one before. The process is composed 
by a series of forward and backward movements where each block or task is 
repeatedly revisited. 

One should be suspicious of simple answers. Nature is complex and the 
process of modeling it is an effort to represent it as closely as possible. The best 
that can be done is to improve the approximations in order to decrease deviations 
from the reality. A good simulation program should be capable of reproducing 
measured operational data within an acceptable level of deviation. In most cases, 
even deviations have a limit that cannot be surpassed. These are established by 
several constraints, among them: 

• Intrinsic errors in correlation obtained through experimental procedures 
(due to limitations in the precisions of measurements) 

• Available knowledge (literature or personal experience) 

• Basic level of modeling adopted (zero, one, or more dimensions) 

These, as well other factors, are better discussed at Chapter 12. 

Therefore, only approximations—sometimes crude—of the reality are 
possible. 

It is advisable to go from simple to complex, not the other way around. 
Modeling is an evolutionary movement. Usually, there is a long way from the 
very first model to the more elaborate version. The first model should of course 
be mathematically consistent and at the same time very simple. It is important 
to include very few effects in the first trial. Several hypothesis and simplifications 
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should be assumed; otherwise, the risk of not achieving a working model would 
be great. If one starts from the very simple, results might be obtained from 
computations. Then, comparisons against experimental or equipment operational 
data may provide information for improving the model. Measurements of 
variables during industrial operations seldom present fluctuations below 5% in 
relation to an average value. For instance, the average temperature of a stack 
gas released from an industrial boiler can easily fluctuate 30 K, for an average 
of 600 K. Therefore, if a model has already produced that kind of deviation 
against measured or published values, it might be better to consider stopping. 

Improvements in a model should be accomplished mainly by eliminating 
one (and just one) simplifying hypothesis at a time, followed by verification if 
the new version leads to representations closer to reality. If not, eliminate another 
hypothesis, and so on. On the other hand, if one starts from complex models, 
not even computational results may be obtainable. Even so, there would be 
little chance to identify where improvements should be made. If one needs to 
travel, it is better to have a running Volkswagen Beetle than a Mercedes without 
wheels. 

1.2 A CLASSIFICATION FOR MATHEMATICAL MODELS 
1.2.1 Phenomenological versus Analogical Models 

Industrial equipment or processes operate by receiving physical inputs, 
processing those inputs, and delivering physical outputs. Among the usual 
physical inputs and outputs there are: 

• Mass flows 

• Compositions 

• Temperatures 

• Pressures 

In addition to these variables, heat and work may be exchanged through the 
control surface. 

The internal physical phenomena are the processes that transform inputs 
into outputs. The phenomenological model intends to reproduce these processes 
as closely as possible. The phenomenological models are based on: 

• Fundamental equations,* such as laws of thermodynamics and laws of 
mass, energy, and momentum conservation. 


* The fundamental laws of thermodynamics are found in any undergraduate and graduate-level 
textbook. The main relations are repeated in Chapter 5 and Appendix B. Those related to 
conservation are found in any text of transport phenomena, such as Refs. 1-4. In addition, Appendix 
A summarizes the most important for the purposes of the present book. The constitutive equations 
necessary for the models present in the following chapters will be described during the discussions. 
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• Constitutive equations, which are usually based on empirical or 
semiempirical correlations 

The combination of fundamental laws or equations and constitutive correlations 
may lead to valid models. These models are valid within the same range of the 
employed correlations. This brings some assurance that phenomenological 
models reflect reality in that range. 

Analogy models, although useful for relatively simple systems or processes, 
just mimic the behavior of a process, and therefore do not reflect reality. 
Examples of analogy models are, for instance, those based on mass-and-spring 
systems or on electric circuits. 

The computer simulation program based on a phenomenological model 
receives the input data, treats them according to the model in which it is based 
upon, and delivers the output or results. However, depending on the degree of 
sophistication, the model might provide much more information than simple 
descriptions of the properties and characteristics of the output streams. As 
mentioned before, it is extremely important to properly understand the role 
of process variables that are not accessible for direct or even indirect 
measurement. That information might be useful in the design controlling 
systems. In addition, the process of building up the phenomenological model 
requires the setting of relationships linking the various variables. Therefore, 
the combination of experimental observations with the theoretical 
interpretation usually leads to a much better understanding of the physical 
operation. 

The phenomenological models can be classified according several criteria. 
The first branching is set according to the amount of space dimensions considered 
in the model. Therefore, three levels are possible. 

A second branching considers the inclusion of time as a variable. If it is not 
included, the model is called steady state; otherwise, it is a dynamic model. In 
addition, several other levels can be added, for instance, 

• If laminar or turbulent flow conditions are assumed 

• If dissipative effects such as those provided by terms containing viscosity, 
thermal conductivity, and diffusivity are included 

The list could go on. However, in order to keep a simple basic classification for 
this introductory text, only the aspects of dimension and time are considered. A 
simple notation will be followed: 

1. Zero-dimensional-steady, or OD-S. It is the simplest level of modeling 
and includes neither dimension nor time as variable. 

2. Three-dimensional-dynamic, or 3D-D. It includes three space dimensions 
and time as variables. 
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1.2.2 Steady-State Models 

Although the definition of steady-state regime is widely employed, some 
confusion may arise if not clearly understood. Therefore, let us take some lines 
to state it before further considerations. 

In relation to a given set of space coordinates, a steady-state regime for a 
control volume* will be established if: 

1. The control surface does not deform or move. 

2. The mass flows and space average properties of each input and output 
stream remain constant. 

3. The rates of heat and work exchanges between the control volume and 
surrounds are constant. 

4. Although conditions inside the control volume differ from point to point, 
they remain constant at each position. 

Most of industrial equipments operate at steady-state conditions. Rigorously, 
there is no such thing as a perfect steady-state operation. Even for operations 
that are supposed to be steady, some degree of fluctuations against time in 
variables such as temperature, concentration, or velocities occur. On the other 
hand, most of the time, several industrial processes operate within a range of 
conditions not very far from an average. Therefore, a good portion of those can 
be treated as such with high or at least reasonable accuracy. 

1.2.2.1 OD-S Models 

Zero-dimensional-steady models set relations between input and output variables 
of a system or control volume without considering the details of the phenomena 
occurring inside that system or control volume. Therefore, no description or 
evaluation of temperature, velocity, or concentration profiles in the studied 
equipment is possible. 

Despite that, OD-S models are very useful, mainly if an overall analysis of 
an equipment, or system composed of several equipments, is intended. 
Depending on the complexity of internal phenomena and the available 
information about a process or system, this may be the only achievable level of 
modeling. However, it should not be taken for granted because it may involve 
serious difficulties, mainly when many subsystems (or equipment) are considered 
in a single system. 

Since there is no description on how processes occur related to space, OD-S 
models require assumptions such as chemical and thermodynamic equilibrium 
conditions of the output stream. On the other hand, hypotheses such as these 
could constitute oversimplifications and lead to false conclusions because: 


* See Appendix B, Section B.l. 
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• Rigorously, equilibrium at exiting streams would require infinite 
residence time of the chemical components or substances inside the 
equipment. Typical residence time of several classes of reactors, 
combustors, and gasifiers are seconds to minutes. Therefore, conditions 
far from equilibrium might be expected. 

• Determination of equilibrium composition at exiting streams requires the 
value of their temperatures. However, to estimate those temperatures, one 
needs to perform energy balance or balances. For that, the compositions 
and temperatures of the streams should be known to allow computation 
of enthalpies or internal energies of the exiting streams. Reiterative 
processes work well if the exiting streams are composed by just one or 
two components. However, reiterative processes with several nested 
convergence problems might become awkward computational problems. 
Most of these situations take huge amounts of time to achieve solutions, 
or even to impossibilities of arriving at solutions. 

• If the process includes gas-solid reactions—as in combustors or 
gasifiers—the conversion of reacting solid (coal or biomass, for instance) 
is usually unknown and therefore should be guessed. On the other hand, 
the bulk of conversion occurs at points of high temperature inside the 
equipment. That temperature is usually much higher than the 
temperatures of exiting streams (gas or solid particles). Therefore, to 
accomplish the energy balance for the control volume, one needs to 
guess some sort of average representative temperature at which the 
reactions and equilibrium should be computed. Apart from being artificial 
under the point of view of phenomenology, guesses of such average 
temperature usually are completely arbitrary. Experimental conditions 
should therefore be used to calibrate such models. Experimental 
conditions differ from one case to another and are therefore not reliable 
when a general model for a process or equipment operation is sought. 
Therefore, OD-S models are very limited or might even lead to wrong 
conclusions. This is also valid for OD-D models. In addition, they are 
not capable of predicting a series of possible operational problems 
because, despite relatively low temperatures of exiting streams, internal 
temperatures could surpass: 

Limits of integrity of wall materials 
Explosion limits 

Values that start runaway processes, etc. 

• OD-S models are also extremely deficient in cases of combustion and 
gasification of solids because pyrolysis or devolatilization is present. That 
very complex process introduces gases and complex mixtures of organic 
and inorganic substances at particular regions of the equipment. The 
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compositions of those streams have strong influence on the composition 
and temperature of the exiting gas, even if equilibrium is assumed. 

1.2.2.2 1D-S Models 

The second level of modeling is to assume that all properties or conditions 
inside the equipment vary only at one space coordinate. They constitute a 
considerable improvement in quality and quantity of information provided by 
the zero-dimensional models. Equilibrium hypotheses are no longer necessary 
and profiles of the variables, such as temperature, pressures, and compositions, 
throughout the willequipment can be determined. Of course, they might not be 
enough to properly represent processes where severe variations of temperature, 
concentration, and other parameters occur in more than one dimension. 

1.2.2.3 2D-S Models 

Two-dimensional models may be necessary in cases where the variations in a 
second dimension can no longer be neglected. As an example, let us imagine 
the difference between a laminar flow and a plug-flow reactor. Figure 1.2 
illustrates a reactor where exothermic reactions are occurring and heat can be 
exchanged with the environment through the external wall. 

In Figure 1.2a, the variations of temperature and composition in the axial 
direction are added to the variations in the radial direction. It is easy to imagine 
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FIG. 1.2 Schematic views of (a) a laminar flow and (b) a plug-flow reactor. 
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that, due to the relatively smaller temperatures at the layer of fluid near the 
walls, small changes in composition provoked by chemical reactions occur there. 
This is a typical system that may require two-dimensional modeling to account 
for the correct exit conditions; otherwise, the average concentration at the exiting 
point cannot be computed with some degree of precision. 

Reversibly, plug-flow processes provide flat temperature, velocity, and 
concentration profiles. Highly turbulent flow or presence of packing inside the 
reactor provide the possibility to assume plug-flow regimes. Of course, the thin 
layer near the wall experiences drastic variations of temperature, but this is not 
a representative portion of the flowing mass. Therefore, a fair assumption is 
that variations in the radial coordinate could be neglected, as compared with 
variations in composition and temperature at the axial direction. This is a typical 
case where a 1D-S model might lead to good results. 

1.2.2.4 3D-S Models 

Due to their usual complexity, 3D-S models are seldom adopted. However, they 
may, in some cases, be necessary. By this approach, all space coordinates are 
considered. On the other hand, if the model and simulation procedure are 
successful, a great deal of information about the process is obtained. For instance, 
let us imagine the laminar-flow reactor (Figure 1.2a), where rotation or vortex is 
imposed to the flowing fluid. In some of these cases a cylindrical symmetry can 
be assumed and a two-dimensional model might be enough for a good 
representation of the process, but for asymmetrical geometries 3D models are 
usually necessary. An example of such a process occurs inside commercial boilers 
burning pulverized fuels. Most of the combustion chambers have rectangular 
cross sections and internal buffers are usually present, not to mention tube banks. 
Since rotational flows as well as strong reversing flows are present (see Fig. 3.11), 
no symmetry assumption is possible or reasonable. On the other hand, and as 
everything in life, there is a price to be paid. Let us imagine what would be 
necessary to set a complete model. First, it would require the solution of the 
complete Navier-Stokes, or momentum conservation, equations. These should 
be combined with the equations of energy and mass conservation applied for all 
chemical species. All these equations ought to be written for three directions and 
solved throughout the reactor. Second, the number of boundary conditions is also 
high. Most of the time, these conditions involve not just given or known values at 
interfaces, but also derivatives. Moreover, boundary conditions might require 
complex geometric descriptions. For example, the injections of reactant streams 
at the feeding section may be made by such a complex distributing system that 
even setting the boundary condition would be difficult. When correlations and 
constitutive equations for all these parameters are included, the final set of 
mathematical equations is awesome. However, commercially available 
computational fluid dynamics (CFD) have evolved and are capable of solving 
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such systems. Very good results are obtainable, particularly for single-phase systems 
(gas-gas, for instance). Nonetheless, combustion and gasification of solid fuels 
still present considerable difficulties, mainly for cases of combustion and 
gasification of suspensions or pneumatic transported pulverized fuels. 

On the other hand, one must question the use of such an amount of information. 
Is it necessary to predict the details of the velocities, concentration, and 
temperature profiles in all directions inside the equipment? What is the cost- 
benefit situation in this case? Departing from a previous one- or two-dimensional 
model, would this three-dimensional model be capable of decreasing the 
deviations between simulation and real operation to a point that the time and 
money invested in it would be justifiable? Is it useful to have a model that generates 
deviations below the measurement errors? Finally, what would be necessary to 
measure in order to validate such a model against real operations? 

In this line, let us ask what sort of variables are usually possible to measure 
and what is the degree of precision or certainty of such measurements. 

Anyone who works or has worked in an industrial plant operation knows 
that is not easy to measure temperature profiles inside the given equipment. In 
addition, if combustion of solid fuel is taking place, composition profiles of gas 
streams and composition of solids are extremely difficult to determine. 
Alternatively, average values of temperatures, pressures, mass flows, and 
compositions of entering and leaving streams can be measured. Sometimes, 
average values of variables within a few points inside the equipment are 
obtainable. This illustrates the fact that those involved in mathematical modeling 
of particular equipment or process should be acquainted with its real operation. 
This would provide a valuable training that might be very useful when he or 
she decides to develop a simulation model and program. If that is not possible, 
it is advisable to keep in contact with people involved in such operations, as 
well to read as many papers or reports as possible on descriptions of operations 
of industrial or pilot units. This will be very rewarding at the time that 
simplification hypothesis of a model needs to be made. 

1.2.3 Dynamic, or /iD-D, Models 

Added to the above considerations, models might include time as a variable, 
and are therefore called dynamic models. 

Some processes are designed to provide progressive or repetitive (regular or 
not) increasing or decreasing values of input or output values of temperature, 
concentration, velocities, pressure, etc. Batch operation reactors and internal 
combustion engines are examples of such processes. 

Dynamic models are also useful or necessary when control strategies are to 
be set or for cases where starting-up and/or stopping-up procedures should be 
monitored or controlled. Safety or economics may require that. 
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Most of the considerations made above regarding the necessity of including 
more dimensions for steady-state models are also valid for dynamic ones. 

1.2.4 Which Level to Attack? 

Chosing among the various levels of modeling should be based on necessity. 
Sophistication is not a guarantee for quality. The same is true for extreme simplicity, 
which could lead to false or naive hypothesis about complex phenomena. 

The following suggestions may serve as a guide: 

1. If steady-state process, it is advisable to start from a OD-S model (or from 
a OD-D model if dynamic). Even if this is not the desired level to reach, it 
is useful just to verify if the conception or ideas about the overall operation 
of the equipment or process are coherent or not. Overall mass and energy 
conservation should always hold. 

2. Comparison between simulation results and measured values should be 
made. As seen, measurements in industrial operations always present 
relatively high deviations. Unless more details within the equipment are 
necessary, the present level might be satisfactory if it has already produced 
equal or lower deviations between simulation and measured values. 

3. If they do not compare well, at least within a reasonable degree of 
approximation, the model equations must be revisited. Hypothesis and 
simplifications should also be reevaluated. Then, the process should start 
again from step 2. It may also be possible that due to reasons already 
explained, the present level of attack cannot properly simulate the process. 
The reasons for that are discussed above. In addition, depending on the 
deviations produced by the previous level or the need for more detailed 
information. In any of those circumstances, it might be necessary to add 
a dimension. 

4. Before starting a higher and more sophisticated level of modeling, it is 
advisable to verify what can be measured in the equipment pilot or the 
industrial unit to be simulated. In addition, it should be verified that the 
measurements and available information would be enough for 
comparisons against results from the next simulation level. If not sufficient, 
the value of stepping up the model should receive serious consideration. 

EXERCISES 

1.1* Discuss others possibilities for the design of the reactor and solving the 
scaling-up contradictions, as described in Example 1.3. 

1.2** Based on the considerations made in Example 1.4, develop some 
suggestions for a feasible scaling up of the boiler. 
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2.1 INTRODUCTION 

This chapter describes the fundamental properties of carbonaceous solid fuels 
most used in commercial combustion and gastification processes. The objective 
is to introduce the main characteristics of most common solid fuels and their 
behavior under heating. No mathematical treatments are presented at this stage. 
This chapter mainly shows qualitative aspects of drying and pyrolysis, leaving 
quantifications to Chapter 10. Combustion and gasification reactions will be 
detailed in Chapters 8 and 9. 

From a practical point of view, industrially employed solid carbonaceous 
fuels can be classified in three main categories: 

1. Coals 

2. Biomass 

3. Other 

Carbonaceous fuels are complex collections of organic polymers consisting 
mainly of aromatic chains combined by hydrocarbons and other atoms such as 
oxygen, nitrogen, sulfur, potassium, sodium. Coals are mainly the results of 
slow deterioration of biomass. The degree of that deterioration determines the 
coal rank. For instance, the lower degree of deterioration is found in lignites 
and the maximum are found in anthracites. Intermediary stages are the 
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subbituminous and bituminous coals. Therefore, the coal physical and chemical 
properties are functions of its age, and the most important are discussed below. 

2.2 PHYSICAL PROPERTIES 

Among the principal aspects concerning the physical properties of solid fuels 
there are: 

• Size or particle size distribution 

• Shape of particles 

• Porosity of particles 

Of course, the size of particles plays a fundamental role in combustion and 
gasification processes. 

Prior of feeding into combustors or gasifiers, a solid fuel usually passes 
through a grinding process to reduce particle sizes. The degree of reduction 
depends on the requirements of applications. Most of combustors and gasifiers 
cover the range from 10 6 to 10 2 m. 

The method of grinding is also important. Some solid fuels present special 
characteristics, which might lead to serious problems for the combustor or gasifier 
feeding devices. For instance, fibrous materials, such as sugar-cane bagasse, have 
ends with a broomlike structure. They allow entangling among fibers, leading to 
formation of large agglomerates inside the hopper. This might prevent the bagasse 
to continuously flow down to the feeding screws. Sophisticated design and costly 
systems are necessary to ensure steady feeding operation. Many grinding processes 
dramatically increase the fraction of particles with those broomlike ends, but that 
can be largely avoided by applying rotary knife cutters. 

Any sample of particles covers a wide range of sizes. The particle size 
distribution is provided after a laboratory determination where several techniques 
can be applied. The most used is still the series of screens, piled in vertical 
stacks where the aperture of the net decreases from the top to the bottom. A 
sample of particles is deposited on the top of the pile, usually with 5-15 screens, 
and a gentle rocking movement is applied to the whole system. After a time, if 
no significant change is verified on the amounts retained by the screens, the 
mass remaining at each one is measured. A list of the percentage of the original 
sample against the screen aperture is provided. The natural distribution usually 
nears a normal probabilistic curve. The apertures of screens follow standard 
sizes. More details will be described in Chapter 4. 

It is easy to imagine that smaller particles carried by gas stream tend to be 
consumed faster and easier than bigger ones. Therefore, the particle size distribution 
influences not only the rate at which the fuel reacts with oxygen and other gases, 
but also almost all other aspects of combustor and gasifiers operations. Of course, 
to repeat and report all computations for each particle size would be rather 
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cumbersome. That is why all mathematical models use some sort of average 
diameter. There are several definitions or interpretation for such an average; Chapter 
4 presents the various definitions and methodology to compute them. 

In addition to the size of particles, their shape strongly influences several 
phenomena found in combustors and gasifiers. The rates of gas-solid reactions— 
among them the oxidation of carbonaceous solids or combustion—depend on 
the available surface area of the particle. Therefore, for the same volume, the 
particle with higher surface area should lead to faster consumption. Of course, 
the minimum would be found for spherical particles. However, the problem is 
not so simple, mainly because the available area of pores surfaces inside the 
particle and mass transfer phenomena influence the consumption rate. In 
addition, the form of particles has a strong influence on the momentum transfers 
between the particles and the gas stream that carries them. Among the parameters, 
there is the terminal velocity. The most-used parameter to describe the shape of 
a particle is sphericity, given by 

Surface area of spherical particle 

(p —---;- 

Surface area of particle with same volume of the spherical one (2.1) 

Of course, sphericity tends to 1 for particles approaching spherical shape, and 
to smaller values for particles departing from that. That concept is very useful 
because solid particles found in nature, or even preprocessed ones, are seldom 
spherical. For most of the coal, limestone, and sand particles, the sphericity 
ranges from 0.6 to 0.9. The value of 0.7 may be used if no better information is 
available. Wood chips—usually used to feed the process in paper mills—present 
sphericity around 0.2. Sphericity of particles is mainly dictated by the grinding 
or preparation process, and it is easily determined by laboratorial tests. Likewise, 
for several other particle properties, sphericity also suffers strong variation during 
combustion or gasification processes. 

Fuel solids are usually very porous. Normally more than half of particle volume 
is empty due to tunnels that crisscross its interior. A good portion of these tunnels 
have microscopic diameters. This leads to considerably high values for the total 
area of their surfaces per mass of particle, and figures around 500 m 2 /g are common. 
However, there is some controversy on the methods to determine the internal area 
of pores, and much has been written on the subject, as illustrated by Gadiou et al. 
[5]. In any case, the above value demonstrates the importance of pores and their 
structures on the rate of heterogeneous or gas-solid reactions. 

The porosity can be calculated using two different definitions of density: 

• Apparent particle density p app , which is the ratio between the mass of an 
average particle and its volume, including the void volumes of internal 
pores. A wide range of values can be found even for a single species of 
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fuel, but for the sake of examples, typical values for coals fall around 
1100 and 700 kg/m 3 for woods. 

• Real density p real , which is the ratio between the mass of an average particle 
and its volume, excluding the volumes occupied by internal pores. Again, 
a wide range of values can be found even for a single species of fuel, but 
typical values for coals fall around 2200 and 1400 kg/m 3 for woods. 

The porosity is defined as the ratio between the volumes occupied by all pores 
inside a particle and its total volume (including pores). It can be easily 
demonstrated that 

r _ i P a PP 

Preal (2-2) 

Typical values of porosity are around 0.5 (or 50%). 

2.3 CHEMICAL PROPERTIES 

The composition and molecular structures found in any carbonaceous fuel, such 
as coal and biomass, are very complex. They involve a substantial variety of 
inorganic and organic compounds. The largest portion are organic and arranged 
in hydrocarbon chains where, apart from C, H, O, and N, several other atoms 
are present, such as S, Fe, Ca, Al, Si, Zn, Na, K, Mg, Cl, heavy metals, etc. 
There is a vast literature on coal structure (e.g., Refs. 6-8). On the other hand, 
the literature also shows that most of coal architecture is still ignored. 

Among the differences between biomass and coals, there is the carbon-to- 
hydrogen ratio, with higher values for the last ones. Therefore, the C/H ratio 
can be seen as a vector of time. The principal reason rests on the fact that products 
from decomposition are light gases and organic liquids with higher proportion 
of hydrogen—or lower C/H ratio—than the original biomass. For instance, 
biomass present C/H ratios around 10, lignites around 14, bituminous coals 
average around 17, while anthracites average around 30. Therefore, the final 
stage of decomposition is almost pure carbon. On the other hand, one should be 
careful not to equate the fuel rank with its value for applications. For instance, 
high volatile content is very important in pulverized combustion because 
facilitates the solid fuel ignition. 

There are relatively simple analyses to determine the basic fractions and 
atomic composition, which can be applied to almost all carbonaceous solid 
fuels. The simplest one is called proximate analysis and includes the following 
categories: 

• Moisture, which is determined by maintaining a sample of solid fuel in an 
inert atmosphere at 378 K and near ambient pressure until no variation of 
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its mass is detected. The moisture content at wet basis is given by the ratio 
between the lost mass during drying and the original mass of the sample. 

• Volatile, which is determined by maintaining the sample in an inert 
atmosphere at around 1300 K, until no variation of its mass is detected. 
The volatile content at wet basis is given by the ratio between the lost 
mass during devolatilization and the original mass of the sample. 

• Fixed carbon, which is determined by reacting the devolatilized sample 
with oxygen until no mass variation is detected. The fixed-carbon content 
at wet basis is expressed by the ratio between the lost mass during the 
combustion and the original mass of the sample. 

• Ash content at wet basis is given by the ratio between the mass of the 
residue from combustion and the original mass of the sample. 

Laboratories usually provide another analysis, which is called ultimate analysis. 
It is given by the mass fractions of elements in the solid carbonaceous. The 
usual elements are carbon, hydrogen, nitrogen, oxygen, and sulfur. Ash, which 
is mostly a mixture of oxides of Fe, Zn, K, Na, Al, Ca, Mg, and Si, is also 
included as a single fraction. Normally, the results are expressed in dry basis. 
The description of the methods employed for such analysis is not in the scope 
of the present book, but can be found in several publications [6,9-11] 

Several works are dedicated to coal rank classification based on compositions. 
Among the most referred to is the work of Averit [12]. However, a more recent 
classification is presented by Hensel [13] and is summarized below: 

1. Anthracite, with wt. daf (weight fractions at dry and ash-free basis) volatile 
between 1.8 and 10%, carbon between 91 and 94.4, carbon C/ H 
(elementary carbon and hydrogen ratio) between 23.4 and 46, and 
combustion enthalpy between 34.4 and 35.7 MJ/kg 

2. Bituminous, with daf volatile between 19 and 44.6%, carbon between 
77.7 and 89.9, C/H between 14.2 and 19.2, and combustion enthalpy 
between 32 and 36.3 MJ/kg 

3. Subbituminous, with daf volatile between 44.2 and 44.7%, carbon between 
73.9 and 76, C/H between 14.3 and 14.6, and combustion enthalpy between 
29 and 30.7 MJ/kg 

4. Lignite, with daf volatile around 47, carbon around 71, C/H around 14.5, 
and combustion enthalpy around 28.3 MJ/kg 

Just for the sake of an example, the Tables 2.1 and Table 2.2 present the proximate 
and ultimate analysis of a typical subbituminous coal. 

Moisture and mainly ash contents play an important role regarding the quality 
of fuels. For instance, some coals may reach 40% in ash content, which leads to 
problems for ignition of particles. 
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TABLE 2.1 Typical proximate analysis of a 
subbituminous coal 


Component 

Mass % w.b. 

Moisture 

5.00 

Volatile 

38.00 

Fixed carbon 

47.60 

Ash 

9.40 

High heat value 

30.84 

(MJ/kg) (dry basis) 



Although not the most utilized among solid fuels, biomass is attractive as an 
energy source due to the following characteristics: 

• Biomass is a renewable source and its application, as fuel, provides zero 
overall C0 2 emissions to environment. 

• The large majority of biomass present low-ash content, which decreases 
problems related to residual disposal, equipment cleaning, and various 
other operational aspects. However, rice hulls and straws, among others, 
are exceptions to that characteristic. 

• Biomass allows flexibility regarding location of power plants because, in 
several situations, energy forests may be set near the power plant, and not 
the other way around, as it happens with most coal-based units. 

• Existing industrial units employ biomass for other main purposes, and 
can generate electric power for their own consumption or even as a 
subproduct. This might represent considerable energy sources. As an 
example, one study [14] showed that significant increments in power 


TABLE 2.2 Typical ultimate analysis of a 
subbituminous coal 


Component 

Mass %, d.b. 

C 

73.2 

H 

5.1 

O 

7.9 

N 

0.9 

S 

3.0 

Ash 

9.9 
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TABLE 2.3 Typical proximate analysis of 
sugar-cane bagasse at 20% moisture 


Component 

Mass % w.b. 

Moisture 

20.00 

Volatile 

65.24 

Fixed carbon 

12.11 

Ash 

2.65 

High heat value 

19.04 

(MJ/kg) (dry basis) 



TABLE 2.4 Typical ultimate analysis 
of sugar-cane bagasse 


Component 

Mass %, d.b. 

C 

49.66 

H 

5.71 

O 

41.08 

N 

0.21 

S 

0.03 

Ash 

3.31 


supply could be obtained through the use of excess* sugar-cane bagasse 
from sugar-alcohol mills. 

On the other hand, if compared with coal, biomass presents some disadvantages, 
such as high moisture, alkali (K, Na), and chlorine contents. Of course, drying 
demands part of the energy from combustion. Alkali and chlorine contribute 
toward corrosion and erosion processes in internal boilers and gasifiers. 

The composition of biomasses covers a very wide range and a case-by-case 
approach is necessary. Besides that, Tables 2.3 and Table 2.4 are given as a reference 
for the case of sugar-cane bagasse (after a drying process). An excellent list of 
compositions and properties of biomass can be found in Jenkins et al. [15] 

2.4 THERMAL TREATMENT 

As seen above, if a sample of solid fuel particles is heated, a series of events or 
processes take place. Of course, the sequence and characteristics of these 


* Excess here means the bagasse that is not already used for steam or power generation in the mills. 
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processes would depend on the physical and chemical properties of the fuel, as 
well as conditions around the sample, such as its temperature, pressure, and 
atmosphere composition. Additionally, the rate at which the heating is imposed 
to the solid particles plays an important role in the characteristics of the fuel 
thermal decomposition, its main steps being: 

• Drying, during which liquid water leaves the particles in the form of 
steam. 

• Pyrolysis or devolatilization, during which gases, such as H 2 , CH 4 , CO, 
C0 2 , H 2 0, etc., as well as tar, are released to the surroundings. In 
addition, important reactions and transformations take place inside the 
particle. 

• Gasification, during which part of the particle solid components react 
with gases in the surrounding atmosphere. If the atmosphere contains 
oxygen, the gasification process is usually called combustion. 

It is important to notice that usual nomenclature prefers to not consider 
combustion and gasification as part of thermal treatment, mainly because those 
two do not need external source of energy to take place. In addition, almost 
all gasification processes involve part of the fuel consumed in combustion 
processes. 

Methods to determine the kinetics of pyrolysis, as well as gas-solid reactions 
in general, are described in the literature [16-39]. Although not among the 
preoccupations of the present book, few basic notions are present in Appendix 
G. The objective is just to illustrate quantification of pyrolysis, as well as 
combustion and gasification processes, as presented in Chapters 8-10. 


2.4.1 Drying 

Drying is the first process to take place during the heating of a solid fuel. At 
atmospheric pressures, it occurs in the temperature range from ambient to around 
380 K. 

Despite its seemly simplicity, drying of a solid particle is a complex 
combination of events involving three phases: liquid water, vapor, and solid 
porous phase through which the liquid and vapor migrate. In addition, the rule 
is to find ions of sodium, potassium, and others dissolved in the water inside 
the particle pores and complex surface tension phenomena that are present during 
the drying process. To better illustrate the various drying characteristics of 
process, refer to Figs. 2.1 and 2.2. 

Throughout this text, numbers are set to specify chemical species. These are 
properly introduced in Chapter 8. For now, let us just set the number 700 to 
indicate “moisture” or liquid water in the midst of a solid phase. 
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FIG. 2.1 Typical moisture concentration as function of time during drying of a porous 
particle. 



FIG. 2.2 Typical drying rate as function of time for a porous particle. 


Consider a porous solid particle suddenly exposed to an ambiance with 
constant temperature and concentration of water below the respective saturation. 
In this situation, Fig. 2.1 shows the typical evolution of moisture content in the 
particle against time, while Fig. 2.2 presents the respective drying rates. The 


* As saturation of water in air occurs when the relative humidity reaches 100%, a psychrometric 
chart can be used to determine the wet-bulb temperature, which would be the temperature at the 
water-evaporating surface. In general or for any mixture of gases as surrounding atmosphere, the 
molar fraction corresponding to the water saturation concentration would be given by the ratio of 
the partial pressure of water vapor (steam) and the ambient pressure. If the temperature equals the 
steam saturation one, boiling occurs and the molar fraction of water vapor at the liquid surface is 
equal to 1. Steam tables, as well as good introductions to psychrometry, can be found in classical 
texts on thermodynamics [40-42]. 
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concentration of liquid water (or moisture) inside the solid particle is indicated 
by P 7 oo, 8 - The following periods or regions can be recognized: 

1. The period from A to B represents the heating of the solid particle. Two 
situations might occur, depending on the temperature of the gas atmosphere 
around the particle. 

a. If that temperature is equal to or above the boiling point for water at 
the pressure of atmosphere around the particle, the liquid water at the 
particle surface tends to saturation temperature. 

b. If that temperature is below the boiling point of water at the pressure 
of atmosphere around the particle, the liquid water at the surface tends 
to the wet-bulb temperature computed for the gas mixture near the 
surface. 

2. The period from B to C represents the constant-rate drying region. In a 
simplified view, liquid water is stored in internal pores of the solid particle 
structure. When the solid is very wet, liquid water migrates by several 
mechanisms to the surface. This provides a surface continuously covered 
by a thin film of liquid water. If the conditions allow, this water evaporates 
to the gas phase around the particle. Therefore, the rate at which water 
leaves the surface is somewhat independent on the nature of the solid 
particle. Thus, as long the surface remains wet and the ambient conditions 
constant, the rate of drying will be constant. This process is also known 
as the first drying period. 

3. The period from C to D represents the decreasing drying region. Here, 
the free water is no longer available at the particle surface and the wet 
boundary retracts to the particle interior. Therefore, phase change from 
liquid to steam occurs in the interior of the particle. To leave the particle, 
the steam has to travel through a layer of dried material surrounding the 
wet core. If external conditions remain constant, the drying rate decreases 
due to the increase in the thickness of the dried layer. Therefore, the 
resistance for mass and heat transfers between the wet interface and the 
particle surface increases. This process is called the second drying period. 

The rate of mass transfer from the particle surface to the ambiance is mainly 
affected by: 

• Temperature of the particle, especially of the water liquid-vapor interface 

• Rate of heat transfer between ambiance and particle 

• Water vapor concentration in the surrounding gas layer 

If only pure water is present, i.e., no ions are involved, the partial pressure of the 
water vapor at the liquid-vapor interface is equal to the steam saturation pressure 
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at the temperature of that interface. This is established, no matter if in the first or 
second drying period. The gas layer just above the water liquid surface contains 
water vapor. In order to be transferred through to the gas mixture, either outside 
or inside the particle, a concentration gradient of water should exist. Therefore, 
the lower the concentration of water in the gas mixture, the faster would be the 
mass transfer. The process stops when the concentration of water vapor in the gas 
mixture reaches the saturation value. However, the amount of water to provide 
saturation conditions in a gas mixture is higher for higher temperatures. This 
shows how important the temperature of the gas phase is for the rate of drying. 

Another aspect is the time taken by each drying period. The relative time 
between them would depend too much on the conditions of the surrounding 
atmosphere, as well on the properties of the porous particles. Nevertheless, as 
the second period involves higher mass-transfer resistances than the first period, 
it is reasonable to assume that usually the former would take longer than the 
latter. This is especially true for increasing temperatures because the rate of 
diffusion process during the second period is not increased as much as the rate 
of evaporation of free available liquid water at the surface. 

As a wet particle is thrown into a combustor, the following sequence of 
events usually takes place: 

1. Fast heating of the particle. Therefore, the region from A to B (Figs 2.1 
and 2.2) will occur in a very short time. For modeling purposes, that 
process can be considered instantaneous or very fast. 

2. Constant-rate drying is also very fast due to the usually relatively large 
differences in temperature and water concentration between particle 
surface and involving gas. Therefore, very high heat and mass (water) 
transfers take place. It is very reasonable to assume a very fast first drying 
period. 

3. Decreasing rate of drying takes place. It starts almost immediately after 
the injection of particle in the furnace. Of course, the time taken for the 
second drying period decreases with the increase of temperature in the 
gas around the particle. However, as the second period involves more 
resistances for mass and heat transfers than the first period, a proper model 
should be set for the second drying period (see Chapter 10). 


2.4.2 Devolatilization 

Devolatilization or pyrolysis is a very complex process which involves several 
reactions, including heat and mass transfers resulting in the releasing of mixtures 
of organic and inorganic gases and liquids from the particle into the surrounding 
atmosphere. This release is basically provoked by the increase of particle 
temperature. 


Copyright © 2004 by Marcel Dekker, Inc. 


Solid Fuels 


29 


Due to that complexity, coal, biomass, and other carbonaceous fuel 
devolatilization is one of the most studied subjects. References 43-128 are a 
few of the works that can be found in the literature. 

Usually, the term pyrolysis is reserved for the devolatilization process if an 
inert atmosphere surrounds the particle. The name hydropyrolysis is used for 
devolatilization occurring in hydrogen atmosphere. 

Three main fractions are produced during pyrolysis of coal or biomass: 

• Light gases, among them IT, CO, C0 2 , H 2 0, CH 4 

• Tar, composed of relatively heavy organic and inorganic molecules that 
escape the solid matrix as gases and liquid in the form of mist 

• Char, the remaining solid residue 

As seen, for several coal ranks and almost all biomass, volatiles represent a 
significant portion of the carbonaceous fuels. They are essential for the operation 
of combustors because devolatilization provides an easily ignitable atmosphere 
of fuel gases and liquids (as a mist) around the particle. The heat transfer between 
that burning corona and the particle surface promotes the ignition of the solid 
fuel. In the case of gasifiers, devolatilization also provides part of the produced 
gases. Therefore, care should be taken not to assume that a higher content of 
carbon or higher C/H ratio fuels lead to good quality for applications. Coals 
with relatively high volatile content—such as subbituminous or high volatile 
bituminous—are much more useful for commercial combustion than those 
related to older deposits, such low bituminous and anthracite. 

There are plenty of studies, experimental tests, proposed mechanisms, and 
applications for the pyrolysis process [17-37,43-128]. As mentioned before, 
exhaustive literature review is not among the preoccupations of the present 
book. However, due to the importance of pyrolysis in combustion and 
gasification, Refs. 43-128 were organized in chronological order to allow a 
brief historical view of developments in that area. Several aspects of those works 
will be discussed in Chapter 10. For now, it is interesting to notice that: 

1. Until middle of the 1970s, most of the works applied or developed 
pyrolysis models based on single steps or just few steps, with little or no 
consideration regarding structures. 

2. Due to the introduction of more sophisticated analysis techniques, such 
as TG-FTIR, better insights into the structure of coal and biomass were 
possible, leading to more elaborate and reliable models. A jump on this 
development occurred in the 1980s and a mechanism for devolatilization 
became generally accepted, with the following main steps: 

a. Heating leads to expansion and release of relatively small amounts of 
gases trapped into the particle pores, which are no longer enough to 
hold that extra gas volume. 
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b. Cracking or depolymerization of large organic molecules of the coal 
or biomass to form smaller structures called metaplast. 

c. Repolymerization by cross-linking of metaplast molecules. 

d. Migration of gases and liquid components to the surface. Part of these 
are carried by the above described gas stream. 

e. During that trip to the surface, some of the liquid components are 
cracked to gases (which escape) and others suffer coking and stay 
within the solid structure. In addition, reactions occur between the 
escaping gases and solids, as well as between liquid components within 
the particle pores and surface leading to more gases. 

In addition to the above, it became established that: 

f. The release of many individual gas species does not occur in a single 
stage. Some of them present several peaks of escaping rates. 

g. Devolatilization releases a wide variety of components, and hydrogen 
is required for molecular links in several of them. Therefore, 
devolatilization is a process that depletes hydrogen from the original 
carbonaceous matrix, and the remaining char is closer to graphite 
(almost pure carbon) than the original fuel. This is called graphitization. 
That is why some industrial processes try to enhance the volatiles 
yielding by promoting pyrolysis under hydrogen atmosphere, or 
hydropyrolysis. One application is the retorting of shale with hydrogen 
or hydroretorting. Actually, the devolatilization process can be seen as 
an artificial method to accelerate the slow natural decomposition of 
organic matter, which increases the C/H ratio in the fuel. 

3. The 1990s were marked by the development of sophisticated versions of 
former models. Some investigation was also devoted to determine 
compositions of tars. For instance, detailed work [100] describes the 
composition of tar from coals.* Such information was used by several 
researchers, such as Mahjoub [118]. It was verified [123] that tar from 
vitrinites is composed mainly of mono- and di-aromatic systems with a 
preponderance of phenolic compounds. In the case of biomass, 
compositions of tar revealed [37,106,107] the presence of a long list of 


* EPRI [100] reports the following main components: naphthalene, acenaphtylene, acenaphtene, 
fluorene, phenanthrene, anthracene, fluoranthrene, pyrene, benzo(a)anthracene, chrysene, benzene, 
toluene, ethyl-benzene, xylene, phenol, cresols, 2-4-dimethylphenol. 
f According to Yu et al. [37], the main components of tar at 1073 K are phenol, o-cresol, m- cresol, 
p-cresol, xylenol, benzene, toluene, p-xylene, o-xylene, indene, naphtalene, 2-methylnaphthalene, 

1 - methylnaphthalene, biphenyl, acenaphthylene, fluorene, phenanthrene, anthracene, fluoranthene, 
pyrene. Brage et al. [106] lists also the following: o-ethylphenol, pyridine, 2-picoline, 3-picoline, 

2 - vinylpyridine, quinoline, isoquinoline, 2-methylquinoline. 
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components,* from which the most important are benzene, toluene, phenol, 
and naphthalene. Other works on this area are discussed in Chapter 10. 

4. A last trend has been on the widening of the range of those models and 
applications to solid fuels other than coals, especially biomasses. A 
significant portion of the research has concentrated on emissions of 
pollutant gases from pyrolysis, mainly NO,. Finally, workers [124] have 
explored relatively new techniques, such as neural network, to verify and 
relate information from several sources. 

The characteristics, composition, and quantities of chemical species released 
from devolatilization depend on a large amount of factors. The more important 
are. 


• Composition and structure of the original carbonaceous 

• Temperature, pressure, and composition of the atmosphere involving the 
particles 

• Heating rate imposed upon the carbonaceous particles 

Some important aspects of these influences are discussed below. 

2.4.2.1 Composition and Structure of Original Carbonaceous 

As discussed, the composition and structure of a solid fuel are very important 
in the distribution of components from coal and other solid fuels. 

Several works [57,60-62,67,69,70,73,74,78,80-86] show that the amounts 
of gases released can be correlated with original fuel compositions. However, 
based on previous studies, Solomon and Hamblen [67] confirmed that kinetics 
of pyrolysis is relatively insensitive regarding coal rank. 

2.4.2.2 Temperature and Heating Rates 

Usually, the devolatilization starts when the carbonaceous solid reaches 
temperatures just above the drying or as low as 390 K [129]. The temperatures 
employed for coal or biomass may reach 1300 K. 

Early researchers verified that increases in the temperature and/or heating rate 
led to increases in the yield of volatile products [27,28,34,44,46,47, 49,53,130- 
132]. For instance, Gregory and Littlejohn [47] studied the influence of conditions 
on the total amount of volatile that could be extracted from the coal. They 
established a simple correlation for the mass flow of volatile released given by 

Fy=F pJ UWv^L’-L") (2.3) 

where W V}&r , f is the mass fraction of volatiles (dry, ash-free basis) on the original 
coal. This value can be determined by standard proximate analysis. The index T 
indicates the entering conditions of the particle into the equipment and 
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I,’=0.01 exp[26.41-3.961 ln(7’ s -273.15)+1.15w Waf ] 
L ”=20(w Kdaf -0.109) 


(2.4) 

(2.5) 


Of course, these correlations do not take into account various factors, among them 
particle heating rate. In addition, they were limited to a narrow range of coals. 

Another example of research on the influence of temperature in composition 
of released products from pyrolysis is described by Yu and collaborators [37]. 
They verified that, in the range of usual industrial equipment operation, i.e., 
above 1000 K, the mass fraction of gas from wood devolatilization is greater 
than the amount from tar and this proportion tends to increase with the 
temperature. This is due to secondary reactions, which are mainly represented 
by the cracking of tar molecules. In addition, the proportion of components in 
the tar varies considerably with the temperature. An example of compositions 
found by them for tar from woods presented concentrations of benzene from 
29.2% (mole basis), for pyrolysis at 973 K, to 62.5% at 1173 K, while phenol 
drops from 9.3 to 2.0%. It has been shown [37,106] that higher temperatures 
favor the production of aromatics against phenols. 

The rates at which the volatiles are released from the solid carbonaceous 
fuel are not uniform. For instance, for several biomasses the temperature of 
maximum release occurs between 600 and 700 K [107]. However, some typical 
components of biomass may present peaks of release 100 K below that range 
[112]. In the case of bituminous coals, the peak temperatures are slightly above, 
or between, 700 and 800 K, while lignite is around 700 K [91]. These aspects 
are illustrated by Fig. 2.3, which presents the typical shape of DTG or derivative 
against time for volatile release obtained through TGA (see Appendix G) under 
linear and slow increase of sample temperature. 

To understand the processes involved during volatile release, several 
mechanisms have been proposed. For the case of coals, Jiintgen [129] presents 
the following correspondence between temperature and products from pyrolysis: 

1. Below approximately 390 K, desorption occurs, releasing H 2 0, CH 4 , 
and N 2 . 

2. Above approximately 520 K, destriation occurs, releasing of aromatics 
and aliphatic as part of tar. 

3. Above approximately 670 K, degradation of macromolecules occurs, 
releasing of aromatics (tar) and gases such as CH 4 , H 2 0, C 3 H S . 

4. Above 870 K, condensation of aromatic structures and decomposition of 
heterocyclic compounds occur, and more gases such as H 2 , CO, and N 2 
are released. 

In the cases of biomass, Raveendran and collaborators [107] propose the 
following temperature ranges regarding devolatilization: 
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FIG. 2.3 Typical DTG or derivative of volatiles release against time obtained from TG 
analysis. 


1. Zone I: <373 K, mainly moisture evolution 

2. Zone II: 373-523 K, extractives start decomposing 

3. Zone III: 523-623 K, predominantly hemicellulose decomposition 

4. Zone IV: >773 K, mainly lignin decomposition 

During any thermal analysis, a heating rate is imposed. Therefore, it is almost 
impossible to avoid the influence of heating rate on pyrolysis. Indeed, it is 
common to classify the pyrolysis as slow, moderate, and fast. The first assumes 
a heating rate of the sample below 10 K/s, while fast pyrolysis refers to rates 
above 10 3 K/s. This main reason for this classification is related to the process 
of carbonaceous solid utilization. Fast pyrolysis occurs in almost all combustions 
of pulverized solid (or suspension combustion), where values reaching 10 5 or 
even 10 6 K/s can be found. Fluidized bed (bubbling and circulating) imposes 
lower values, or around 10 1 2 -10 4 K/s. Moderate to slow may happen in sections 
of moving or fixed bed combustion or gasifications. 

Solomon and Hamblen [67] presented comparisons of peak evolution for 
several gases from coal pyrolysis conducted at heating rates varying from 2.5x 
10' 3 to 30 K/s. However, in average it is possible to verify that: 

1. The first peak for FFO release occurs around 730 K, and the second peak 
around 800 K. 

2. The first peak for C0 2 occurs at temperatures from 660 to 800 K, while 
the second peak takes place in the range from 890 to 1030 K. 

3. Tar production peaks from 690 to 790 K. 
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4. First peak for CFI 4 takes place from 770 to 880 K, while the second peak 
occurs from around 880 to 980 K. 

5. CO first peak occurs from 750 to 850 K, while the second peak occurs 
from 930 to 1110 K and a third peak is verified to occur around 1180 K. 

6 . Hydrogen production occurs at higher temperatures than most components, 
with a single peak occurring in the range from 970 to 1040 K. 

7. Nitrogen also shows a single peak, which occurs around 1180 K. 

Then, a model for species releases that considers kinetics for each individual 
component at various linking strengths with the main coal structure was introduced 
[67]. With contribution of several researchers, this model evolved during the years 
leading to the Functional-group/depolymerization-vaporization cross-linking, or 
FG-DVC, model [85,86]. Some details are discussed at Chapter 10. 

Afterward, it was verified that positions of release peaks also vary with the 
coal origin [95]. For instance, the temperatures of maximum release of various 
species during heating of various coals at a rate of 30 K/s are summarized below: 

SO 2 :636±20 K 
C0 2 :712±19 K 
CO:743±30 K 
Tar/aliphatic:758±22 K 
H 2 0:798±32 K 
CH 4 :833±7 K 

S0 2 (second peak):873±16 K 
C0 2 (second peak):973±45 K 
CO (second peak):1046±30 K 
H 2 0 (second peak):1080±28 K 

Obviously, the above descriptions are approximations of devolatilization 
processes because the compositions and amounts of products, as well their 
releasing temperatures, are dictated by interlaced and complex factors. In 
addition to intrinsic kinetics, heat and mass transfers take place during pyrolysis. 
The time for the completion of devolatilization depends on all these combined 
processes. However, for very fast heating and maintaining the temperature of 
the sample constant and higher than 900 K, pyrolysis is completed before 7 
min [58]. The behavior of biomass is not too different. 

2.4.2.3 Pressure 

It has been verified that increases in pressure lead to decreases in volatile yield 
[17]. Apart from influences in secondary reactions, it seems that increases in 
pressure enhance the residence time of volatile matter in the char structure. This 
allows further polymerization, which increases the portion of blocked pores, 


Copyright © 2004 by Marcel Dekker, Inc. 


Solid Fuels 


35 


therefore explaining the decrease in volatile yield. In case of high-volatile coals, 
this process enhances particle swelling [5]. In addition, Gadiou et al. [5] verified 
that higher pressures lead to increases in the atomic H/C ratio of the released 
volatile, leading to further graphitization of the remaining char. Although the 
decrease in volatile yield, their work confirmed earlier verification that the 
remaining char porosity increases with the pressure used during devolatilization. 
They also showed that despite that, the reactivity of the char regarding combustion 
and gasification processes decreases with increasing pyrolysis pressure. 

2.4.2.4 Composition of Surrounding Atmosphere 

Usually, determinations regarding pyrolysis are conducted at inert atmosphere. 
However, the volatile yield can be considerably affected when reacting 
atmosphere is present. For instance, devolatilization conducted in hydrogen 
atmosphere (or hydropyrolysis) leads to increases in the volatile yield. As seen 
above, the H/C ratio of pyrolysis products is higher than the ratio found in the 
original fuel. Therefore, pyrolysis is a hydrogen-starving process. The lack of 
hydrogen leads to pyrolysis products with longer chains with lower mobility 
toward the particle surface. In addition, these longer polymers tend to block the 
fuel particle pores, preventing further escape of lighter molecules. 

Of course, all combustion or gasification processes involve several reacting 
gases, even during the pyrolysis. Therefore, one should be careful during the 
application of pyrolysis models for real industrial process. Most of the models 
neglect the cross influence and assume that pyrolysis kinetics are not affected 
by the surrounding atmosphere. In some cases, this approximation seems 
acceptable. However, it is important to be aware that this may be a source for 
deviations between simulations and real operations. 

2.5 GASIFICATION AND COMBUSTION 

The modeling of processes and phenomena related to gasification and combustion 
of solids are the main preoccupation of the present book. For now, the objective is 
just to present a few fundamental definitions to allow better understanding of 
basic characteristics of equipment operations to be described in the next chapter. 

It is important to clearly understand what is known by the gasification 
process and gasification reactions. In general terms, the gasification process is 
the total or partial transformation of solid fuel components into gases. This is 
usually accomplished by thermal treatments or chemical reactions, or a 
combination of both. Therefore, devolatilization is part of the gasification 
process, as well as combustion or the reaction of carbonaceous fuel and oxygen. 
However, in the usual context of thermal sciences, gasification reactions are the 
ones taking place between the char—or devolatilized solid fuel—and gases 
excluding oxygen. In addition, one should be aware that in a real process, 
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devolatilization, gasification, and combustion reactions might occur 
simultaneously, at least during part of the time taken by these processes. Actually, 
is almost impossible to have combustion without other reactions typical of 
gasification. This is because almost all fuels have, for instance, hydrogen as a 
component, forming water during combustion, which in turn reacts with carbon. 

There are an immense number of gasification reactions. Nonetheless, the 
most important are: 

• Carbonaceous solid and water. In a simplified notation, C+H 2 0=C0+H 2 . 
Therefore, if the aim is the production of fuel gases, this is one of the 
most important reactions. 

• Carbonaceous solid and carbon dioxide, or simply C+C0 2 =2 CO. 

• Carbonaceous solid and hydrogen, or simply C+2 H 2 =CH 4 

Of course, these are simplifications; other components would be involved as 
reactants and products because any usual carbonaceous fuel contains H, N, O, 
S, etc. A more detailed representation of these reactions is presented at Table 
8.4. As seen, most of the species from gasification reactions are at their reduced 
or less-oxidized forms, such as CO instead of C0 2 , H 2 instead of H 2 0, H 2 S 
instead of S0 2 , and NFL, (or even HCN) instead of NO or other oxides. 

As a rough rule, gasification reactions are endothermic. That is why the 
great majority of gasification processes use partial combustion of the solid fuel 
to provide the energy necessary. 

The contact between the solid fuel particles and gases can be obtained through 
several means, the most important being: moving beds, fluidized beds, and 
suspension. The various aspects, mathematical modeling, and simulation of 
these processes are the main scope of the present book. 

Combustion is a gasification process where oxygen is present among the 
gases in contact with the fuel. The main combustion reaction is between carbon 
and oxygen, leading to carbon monoxide and dioxide. Actually, as it will be 
shown in Chapter 8, for temperatures typically found in combustion processes, 
practically only carbon monoxide is produced from that reaction. Carbon dioxide 
would be the typical product just at relatively low temperatures. Carbon 
monoxide oxidizes to dioxide if oxygen is present. 

Several other gases are produced due to reaction of oxygen with the 
components of solid fuel. Usually, the gases from combustion are at their most 
stable form among the possible oxides For instance, the oxidation of nitrogen 
in the fuel usually leads to NO, instead N 2 0 and N0 2 . 

Finally, a general note on usual notations for nitrogen oxides could be useful at 
this point. It is much easier to oxidize the nitrogen within a solid fuel than the one 
found as a stable molecule in air. The literature distinguishes the NO from these two 
sources by calling “thermal-NO” the NO produced from fuel-nitrogen oxidation 
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and “air-NO” the NO from air-nitrogen oxidation. As mentioned before, formation 
of NO, is a complex subject, and possible reactions to predict their formation are 
shown in Chapters 8 and 9. This topic is very important because nitrogen oxides are 
strong air pollutants, which play a role in the process called acid rain. This is caused 
mainly by sulfuric and nitric acids formed in the atmosphere from sulfur and nitrogen 
oxides (SO., and NO,). These acids fall back in the Earth’s surface and are important 
agents in health and environmental damages. 

EXERCISES 

2.1* Demonstrate Eq. 2.2. 
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3.1 INTRODUCTION 

This chapter presents the basic characteristics of equipment usually applied for 
solid fuel combustion and gasification. Although no equations or models are 
shown at this point, the text below should facilitate discussions related to 
modeling and simulation of some of those equipments. 

The following fuel combustion and gasification techniques will be described: 

• Moving bed 

• Fluidized bed 

• Pneumatic transport 

Other types of equipment, such as cyclonic and rotary reactors (or rotary 
furnaces), are also industrially employed [133-134]. However, these might be 
classified and studied under pneumatic transport with swirl, or moving bed 
with side movement. 

3.2 ELEMENTS OF GAS-SOLID SYSTEMS 

The subject of gas-solid systems is very broad and includes a large variety of 
processes where gas and solid particles are in contact and reacting. Examples 

38 
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of such processes are combustion of carbonaceous solids such as coal or biomass; 
gasification of these solids; drying, carbonization, sulfur dioxide absorption 
using limestone or dolomite" in stack gas cleaning, oil shale retorting, and 
catalytic cracking. 

The equipment in which gas-solid contact takes place needs to be specified. 
For instance, the solid pulverized particles can be injected into a chamber filled 
with reacting gases. If the feeding solid particles have relatively small density 
or small particle sizes, they may be kept in suspension while reacting with the 
ascending gas flow. Therefore, the more appropriate name for the suspension 
process is pneumatic transport process. Nonetheless, pulverized combustion 
and gasification are other commonly employed terms for that class of processes 
[135-137]. Most of the traditional combustion chambers or furnaces of boilers 
found in industry operate under this principle. 

Another method to provide gas-solid reactions is to pass a gas stream through 
a bed of particles. If the particles remain fixed in their positions, the equipment 
is called a fixed-bed reactor. If the particles are allowed to move without 
detaching from each other, the process is classified as moving bed. Another 
alternative is the fluidized-bed equipment, which can be divided into bubbling 
fluidized beds and circulating fluidized-bed reactors. In fluidized processes, 
the particles are detached from each other. 

In fact, there is a simple and precise way to classify the various fluid- 
particle beds, as shown in Figs. 3.1 and 3.2. The basic parameters are the 
fluid superficial velocity and the fluid pressure drop in the bed. The superficial 
velocity U is defined as the average velocity of the fluid (gas or liquid) in the 
axial or vertical direction, measured as if no particle or packing is present in 
the equipment. Of course, for the same conditions of temperature and pressure 
of the gas injected into the equipment, the superficial velocity is proportional 
to the injected mass flow. 

Let be a low superficial velocity (Fig. 3. la). In this case, the gas just percolates 
through the bed of particles and the intensity of momentum exchange between 
gases and solid is not enough to provoke movement of the particles. This situation 
corresponds to the region from U =0 to U=U mf (Fig. 3.2), where the pressure 
drop in the gas increases almost linearly with the increase in the gas superficial 
velocity [138-143]. The units operating under this condition are called fixed- 
bed or moving-bed equipment. This last one is the typical case of, for instance, 
steady-state-operating fixed-bed gasifiers and combustors. 

If the superficial velocity of the gas is gradually increased, a situation will 
be reached where the bed experiences an expansion. Neighboring particles 
detach from each other, and a seemly random movement starts. Actually, the 


* From now on, sulfur solid absorbent, such as limestone or dolomite, will be just termed absorbent. 
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FIG. 3.2 Superficial velocity against pressure drop for various situations. 


Copyright © 2004 by Marcel Dekker, Inc. 


Gases & 
particles 



Gases in 


Pneumatic 

Transport 

(f) 













































Equipment and Processes 


41 


movement is a combination of circular paths (see Figs. 13.2 and 14.1). The 
superficial velocity at this point is called minimum fluidization velocity, or U mf 
(Fig. 3.1b). For some situations, the minimum fluidization condition is achieved 
when the superficial velocity is slightly higher than the minimum fluidization 
velocity. The resistance is mainly offered by an accommodation of the particles 
or to electrostatic charges. Of course, the same resistance does not occur when 
the process is reversed, i.e., departing from velocities higher than U mf to achieve 
the minimum fluidization condition. Therefore, a sort of hysteretic effect is 
observed in the described process. 

Any additional increase in the mass flow of injected fluid through the bottom 
will provoke the appearance of bubbles (Fig. 3.1c) that will rise through the bed. 
Actually, for several cases, there is a difference between the minimum fluidization 
velocity and the velocity where the bubbling starts. This usually small difference 
occurs only for cases of fine powders and the velocity at which the bubbling 
process starts is called minimum bubbling velocity [138,139,142,143]. 

Within the fluidization region, the pressure loss per unit of bed length remains 
almost constant. This situation covers a relatively wide range of superficial 
velocity. The equipment operating at these conditions is called bubbling fluidized 
bed. Additional increases in the superficial velocity lead to further expansion of 
the bed and increases in the bubble sizes until a situation occurs where the 
bubbles occupy most of the bed’s cross section. This is called slugging-flow 
regime, and the bed operates in a very unstable manner because as the bubbles 
move, great lumps of solids are pushed upward and when a bubble breaks, the 
respective lump drops back in the bed. Therefore, large masses of solid are 
thrown up and down causing undesirable and dangerous vibrations to the 
equipment. In the slugging-flow regime (not represented in Fig. 3.2) the pressure 
loss in the bed usually increases [139]. 

Above the bubbling bed there is a region known as freeboard. The main 
function of the freeboard is to serve as a space for disengaging of particles 
carried by the gas flow. Therefore, the bed is much denser then the freeboard 
regarding mass of solids per volume of equipment. 

Within the bubbling regime, the bubbles are almost free of particles. However, 
some particles pass through the bubbles. The rate of particles that short-circuit 
the bubbles increases with the increase of superficial velocity (Fig. 3.Id). The 
process eventually leads to the disappearance of the bubble as a clear visible 
entity. This regime is called turbulent fluidization. In such a regime it is difficult 
to recognize the bed surface and clusters of particles dart to and from the free¬ 
board. Due to that, it makes little sense to refer to pressure loss in the bed. 

Further augments in the superficial velocity lead to the entrainment of most 
of particles (Fig. 3.1e). The pressure losses in such multiphase flow situations 
involve a large variety of possibilities with no standard behavior. Therefore, 
calculations should be developed on a case-by-case basis. This regime is used 
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by equipment operating as circulating fluidized beds. More precise definitions 
and methodology to verify the actual regime at which a bed is operating will be 
described in Chapter 4. 

When computing values for velocities, one should remember that the gas 
composition, temperature, and pressure vary significantly throughout the bed. 
Therefore, terminal velocity (of free-fall terminal velocity) should change from 
point to point in the bed. 

In a circulating fluidized-bed operation, most of the particles are blown 
upward and the bigger ones remain fluidized near the bottom. Bigger particles 
might also be carried away after size reduction caused by chemical consumption, 
thermal shocks, and grinding. This last process occurs mainly due to attrition 
between the particles. In fact, circulating beds are often used for grinding of 
solids. The term circulating is due to the fact that most of the entrained particles 
are recycled to the bed after their capture by a cyclone system (see Fig. 3.3). 

Beyond the circulating fluidized-bed process, there is the pneumatic-transport 
region (Fig. 3. If). It is achieved when the superficial velocity surpasses the 
terminal velocities of all particles present in the bed. Therefore, the particles 
are completely carried by the gas stream. From the point of view of basic 
phenomena, this situation characterizes particle suspensions in gas. 
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Moving bed combustors and gasifiers have been employed for several centuries, 
and therefore descriptions are found in a large number of references. An excellent 
review is presented by Hobbs and coworkers [144]. 

Figure 3.4 shows a schematic view of a possible gasifier configuration using 
this technique. The particles of carbonaceous particles, for instance, coal, 
biomass, and various residuals, are fed at the top of the reactor and slowly flow 
to the bottom where the solid residual is withdrawn. The combustion and 
gasification agents—normally air and steam—are injected through the distributor 
at the bottom. 

In their downward movement, the carbonaceous particles undergo the 
following main processes: drying, devolatilization, gasification, and combustion. 

During the processing in a gasifier, there is no sharp delimitation between 
drying, devolatilization, gasification, and combustion regions. For instance, a 
descending particle may be going through devolatilization in its outer layers 
while drying at inner layers. In addition, a particle may be under devolatilization 
and simultaneous gasification and combustion processes. 

The percolating stream provides the reactant gases, and therefore, as the 
stream moves upward, substantial variation on its composition and temperature 


carbonaceous particles 



FIG. 3.4 Schematic view of updraft moving-bed gasifiers. 
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occurs. For instance, its oxygen content is spent in the lower layers of the bed 
(combustion zone). As a result, its carbon dioxide concentration increases. Just 
after the oxygen-rich zone, C0 2 and H 2 0 react with carbon in the solid phase to 
produce CO and H 2 , as shown by the following main reactions: ' 


2C + 0 2 <=> 2CO 

(3.1) 

2CO + 0 2 «2C0 2 

(3.2) 

C + C0 2 <=>2CO 

(3.3) 

c+h 2 o«h 2 +co 

(3.4) 


At the same time, the produced gases react among themselves, leading to further 
changes in the gas phase composition. One of the most important of these is 
known as the shift reaction: 

CO + H 2 0«H 2 +C0 2 (3.5) 

Of course, the system above is a simplification that does not show several other 
reactions. A set of reactions that serves as a representation of the whole process 
is presented in Chapter 8 and elsewhere [145-147]. 

Following its upward movement, the gas stream also receives products from 
the devolatilization of the solid phase. This process is a very important 
combination of reactions and phenomena occurring within the particles, and a 
reasonable representation for it is shown below: 


Volatiles—>tar 

(3.6) 

Volatiles^gases 

(3.7) 

Tar+0 2 —^combustion gases 

(3.8) 

Tar—»gases 

(3.9) 

Tar-*coke 

(3.10) 


It is important to stress that the above scheme is just a simplification used here 
to illustrate basic aspects of the process. Detailed discussion on devolatilization 
stoichiometry and kinetics are presented in Chapter 10. 


* As noted in Chapter 2, at high temperatures the reaction between carbon and oxygen produces 
mainly carbon monoxide. Then CO is oxidized to produce carbon dioxide. However, if oxygen is 
present in excess of that necessary for complete combustion of fuel, very small concentrations of 
CO will remain. 
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Finally, the gas stream receives the water vapor from the drying of the solid 
phase. The produced gas is withdrawn at the top. 

From the point of view of energy generation and consumption, if taken as 
irreversible, the composition of exothermic reactions 3.1 and 3.2 involves an 
energy input of 394 MJ/kmol of carbon (computed at 298 K) and is mainly 
responsible for the energy requirements of the process. This energy is used to 
promote and sustain the gasification reactions, which are mostly endothermic. 
To give some basic numbers, their reaction enthalpies, at 298 K basis are—174 
MJ/kmol for reaction 3.3 and—131 MJ/kmol for reaction 3.4. Even better 
illustration of this point can be provided by a typical temperature profile found 
in moving-bed gasification processes, as shown in Fig. 3.5. 

It is possible to verify that the continuous heat and mass transfers between 
the phases force their temperatures to approach. As the gas is injected through 
the grid at bed bottom, it exchanges heat and mass with the descending solid. 
That solid if hot because it just passed through the combustion region. Therefore, 
the gas temperature increases sharply. This increase is even more accelerated 
due to combustion of the descending solid. The derivative of the gas-phase 
temperature remains positive until the oxygen is exhausted. The gas, now rich 
in CO, and FFO and at high temperature, continues to react with the descending 
solid. These basic reactions are endothermic, thus forcing the decrease of 
temperature. These reactions continue to occur until the gas exits the bed at its 
top. Before leaving, the gas stream receives the components from solid 
devolatilization and the steam from drying. Thus, the exiting gas usually contains 
a significant amount of tar. 

There are several versions and different concepts of moving-bed gasifiers 
and the one just described is known as an updraft or countercurrent one. An 


Temperature 



FIG. 3.5 Typical temperature profiles in an updraft or countercurrent moving-bed gasifier. 
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important variation is the downdraft or concurrent gasifier, in which the gas 
and solid flow in the same downward direction. A schematic view of this version 
is shown in Fig. 3.6. 

As seen, in the concurrent model, the gas leaving the devolatilization region, 
and therefore rich in tar, is forced to cross the combustion region. In the process, 
most of that tar is cracked and burnt. Therefore, the produced gas is cleaner 
than the equivalent provided by the countercurrent model. On the other hand, 
when compared with the countercurrent model, the concurrent version presents 
some limitations on controllability for large diameters or power output [148]. 
This is mostly due to the formation of preferential channels that prevent the tar- 
rich flowing stream from meeting the hot core of the combustion region. 
Nevertheless, that problem is mitigated through the application of slow-rotating 
paddles to provide uniform distribution of particles in the bed. 

A typical composition of gas from the atmospheric moving-bed gasifier 
using air and steam as gasification agents is (mol%, d.b.): CO=20%, CO 2 =10%, 
H 2 =15%, CH 4 =2%. As seen, it is a low heat value gas with typical heat value 
around 5 MJ/kg. Its use is limited to processes where high-flame temperatures 
are not needed. However, much higher gas combustion enthalpies can be obtained 
if correct mixtures of pure oxygen and stream are used as gasification agents. 

Methane is an important and desired component, mainly if synthesis gas for 
petrochemical processing is sought. Most of it comes from the devolatilization 
process. The other fraction is provided by the following reaction: 

C+2H 2 oCH 4 (3.11) 


carbonaceous particles 



FIG. 3.6 Schematic view of downdraft moving-bed gasifiers. 
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Since a volume contraction is involved, methane production is favored by 
increasing the operational pressure of the gasifier. 

Moving-bed gasifiers and combustors have been largely used due to their 
simplicity and degree of controllability. Despite some disadvantages after 
comparisons with more modern processes, there are several commercial units 
of moving-bed gasifiers still in use throughout the world. Some of them have 
been used for coal gasification in order to generate synthesis gas. 

3.3.1 Applications of Moving Beds 

Besides the examples given above for gasifiers, moving-bed or fixed-bed 
techniques are widely used for several other purposes. Some of them are drying, 
extraction, retorting, absorption, calcination. 

In the specific field of combustion, the process occurring on the grates of 
boilers can be understood as a fixed-bed one (see Fig. 3.7). The gas stream with 
oxidant (air) is blown through the bottom of the grate and pereolates the bed of 
burning carbonaceous particles. The grate moves or pushes the solid material 
in such a rate that the leaving particles at the end are almost completely converted 
into ash. In other words, enough residence time is usually provided to the particles 
to ensure high conversions of carbon from the solid to the gas phase. 

There are several varieties of moving-bed combustors and gasifiers 
[133,134,144]. Most of them operate with air and mixtures or air and steam in 

coal 

4 


air 

(a) (b) (c) 

FIG. 3.7 Schematic view of common fixed-bed combustor and grates, (a) Grate with 
bars (oscillating); (b) grate with mobile bars in steps; (c) rolling (chain) grate. 
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cases of gasifiers. Also, the ash or residual is withdrawn from the bottom as solid 
particles. One variety applies oxygen or preheated air in order to achieve 
temperatures above the ash-fusion one. In this case, the residual leaves the reactor 
as fluid or slag. Details on ash-softening and fusion temperatures can be found 
in Ref. 8 and in comments in Chapter 16. 

3.4 FLUIDIZED BED 

To illustrate the operation of a fluidized bed, or more specifically bubbling 
fluidized-bed equipment, let us refer to Fig. 3.8. At the lower part of the 
equipment there is a gas distributor, which promotes a uniform flux of gas 
needed to ensure homogeneous fluidization conditions throughout the cross 
section of the equipment. The design of the distributor varies from simple porous 
and perforated plate to sophisticated system stems with special features that 
provide automatic removal of lumps. These lumps of solid particles may form 
due to eventual agglomerations which usually start due to localized surpass of 
ash-softening temperature. Depending on the intensity of the process, the 
agglomeration might lead to bed collapse. 

Simple distributor designs (porous or perforated plates) are used in bench 
and pilot scale units, and the more elaborate ones are employed in large-scale 
industrial units. 



FIG. 3.8 A basic scheme of fluidized-bed equipment. 
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Above the distributor, there is the bed, which is composed by two main 
phases: emulsion and bubbles. The emulsion is a combination of solids and 
gases. It retains almost all particles in the bed, which are percolated by the gas. 
Therefore, most of the gas-solid reactions occur within the emulsion. The 
circulation rate of particles in the emulsion is very high and provides a certain 
degree of homogeneity of temperature and composition among all particles 
throughout most of the bed. The circulation phenomena is described in detail- 
at-in Chapter 14. In addition, due to the intimate contact between gases and 
particles in the emulsion, their temperatures tend to be very close throughout 
most of the bed. The high rates of heat and mass transfer between phases, as 
well other characteristics, lead to lower average temperature in a fluidized bed 
than values found at specific regions of moving-bed or suspension combustion 
equipment. Therefore, when compared with these more traditional combustion 
processes, the homogeneous and relatively low temperatures in fluidized-bed 
combustors provide several advantages, to be discussed in Section 3.4.1. 

The bubbles grow in the bed from the bottom or distributor to the top of the 
bed. This growth is due to the decrease in the static pressure with the bed height 
and to the coalescence of bubbles. During the trip toward the top of the bed, the 
bubbles acquire velocity. This process creates a pressure difference between 
the top and the lower part of each bubble. Small particles in the emulsion are 
drawn into the zone of relatively small pressures in the rear of the bubble, creating 
what is known as the “bubble wake.” Therefore, these small particles share the 
momentum of the bubble. Once the bubble reaches the top of the bed, it bursts 
and the particles are thrown into the freeboard. 

Although the bubbles are almost free of particles, there are situations in 
which some particles could short-circuit them. However, these particles do not 
represent a significant fraction of the particles in the system. 

Above the bed, there is a space called freeboard. This space allows time for 
inertial separation between heavier particles and the carrying gas. Therefore, 
relatively bigger particles return to the bed. Of course, most of the particles that 
return to the bed have terminal velocities above the average superficial velocity 
of the upward flowing gas. On the other hand, almost all particles in the freeboard, 
whose terminal velocities are below the gas superficial velocity, are carried 
away and usually reach the top of the freeboard, therefore leaving the equipment 
with the exiting gas stream. This process is called entrainment and its rate 
depends on a series of factors, such as: 

1. The particles escape from the bed with a certain value of upward 
momentum. This upward momentum is mainly provided by the bubble 
burst. These particles are therefore carried or entrained by the upward 
flow of gases and particles. 

2. The gas moving upward helps to maintain that momentum. 
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height 



3. However, collisions with descending particles and gravity tend to decrease 
that momentum. 

4. A particle may reach the top of the freeboard and leave the system if its 
upward momentum is enough to overcome those countereffects. In 
addition, depending on the difference between the terminal velocity and 
the superficial velocity, the gas drag could favor or not the upward 
movement of particles. 

5. The combination of all these factors leads to the separation or 
disengagement of particles from gas in the freeboard. The mass flow of 
particles traveling in the upward direction decreases for higher positions 
in the freeboard. That upward flow (kg/s) at each position is called the 
entrainment rate or just entrainment' Actually, for typical situations, the 
entrainment decreases according to an exponential function in the vertical 
direction [138,139,149], as illustrated by Fig. 3.9. 


* Some authors prefer to use flux or mass flow per unit of freeboard cross-sectional area (kg 
s 1 nr 2 ) to designate entrainment of particles. 
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6. The mass flow particles that reaches the top of freeboard and are removed 
from the equipment is called rate of elutriation, or just elutriation. 

7. After reaching a certain height in the freeboard, the upward flow of 
particles or entrainment no longer decreases (or decreases very slowly). 
Therefore, no matter how heigh the freeboard, the entrainment remains 
practically constant. This is called transport disengaging height (TDH) 
and is defined as the height at which the derivative of entrainment flow 
against height is just 1% of its value at the top of the bed [149]. TDH is a 
fundamental parameter during the design of fluidized beds. 

It is also interesting to note that during the entrainment process, the flow of 
particles is not uniform throughout the horizontal cross section of the freeboard. 
Particles tend to flow upwardly at the central part of the freeboard and 
downwardly at regions near the reactor walls. This effect is mainly due to smaller 
gas velocities near the walls. Therefore, relatively large particles that have been 
carried upward by the fast gas in central regions eventually reach positions near 
the wall where the gas velocity is smaller than the particle terminal velocity. In 
other words, central regions act as lifting part, while lateral regions act as down¬ 
comers. Since the area of the freeboard cross section affected by the presence 
of the wall is relatively narrow, most of the cross section remains with uniform 
velocity. This is why the center is leaner in concentration of particles than regions 
near the vertical walls. This behavior is observed in turbulent and fast fluidization 
regimes as well. Therefore, circulating fluidized beds operate with strong 
differences in volumetric concentration of solids between central and peripheral 
regions of the reactor horizontal cross section. This justifies the need for the 
two-dimensional approach for modeling of such equipment. 

The process of separation or removal of fines from the mixture of particles 
and gases involves several aspects, and quantitative treatment of these variables 
is shown in the Chapter 14. 

Different from the combustion or gasification in moving beds, the 
carbonaceous particles injected into a bubbling or circulating fluidized bed 
furnace go through very fast drying and devolatilization. Thus, in most cases, 
these processes are almost completed near their feeding point. In the cases of 
bubbling fluidized beds, the extension of the region, near the feeding point, 
affected by the devolatilization is a strong function of the devolatilization reaction 
rates and the carbonaceous particle circulation rates in the bed. 

Figure 3.10 illustrates typical temperature profiles found in bubbling fluidized 
bed (bed section). It should be noticed that the carbonaceous solid temperature 
reaches its maximum value near the distributor (height zero). This fact could sound 
as a paradox because the particles are in contact with the cold gas injected through 
the distributor. However, at the same time a much more intense process takes place. 
To understand, let us remember that fuel particles circulate throughout the bed. 
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FIG. 3.10 Typical temperature (K) profiles of various phases as a function of the height 
in a bubbling bed. 


This movement is very fast and in a brief space of time, a particle could be taken 
from the middle of the bed to regions near the distributor. This last region is rich 
in oxygen due the fresh blowing air coming from below. The main combustion 
process (represented by reactions 3.1 and 3.2) experiences a rapid increase on its 
rate. As the rate of energy release due to the combustion process is much higher 
than the rate consumed by gasification endothermic reactions and transferred to 
the incoming gas, the temperature of fuel particles nearing the distributor increase. 
The intense mass and heat transfers between the particles and gas also lead to a 
sharp increase in the temperature of the gas flowing through the emulsion. On the 
other hand, the fraction of the gas that goes to the bubble phase experiences much 
lower rates of heat and mass transfer with the bed. Therefore, the space gradient 
of bubble temperature is much lower than that observed for the gas in the emulsion. 
However, in some situations, the temperature of the bubbles may even surpass 
the average temperature of the bed. This can be understood by the following 
sequence of events [145-146,150-154]: 

1. As the concentration of oxygen in the emulsion drops to almost zero at 
regions not very far from the distributor, fuel gases (H 2 , CO, etc.), produced 
by gasification reactions, may concentrate in that phase. 
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2. These gases diffuse to the relatively cold bubbles. 

3. Despite being initially low, the temperatures of the bubbles keep increasing 
and eventually reach the point of ignition of the gas mixture inside the bubbles. 

4. The fast combustion might lead local bubble temperature to surpass the 
average in the bed. 

Once the fuel gases are consumed, the bubble temperature tends to approach the 
average in the bed. For short or shallow combustor beds, stored fuel gases in the 
bubble may not have the opportunity to burn inside the bed. They do so at the top 
of the bed when the bursting bubbles expose fuel gases to oxidant atmosphere of 
the freeboard. This phenomenon can lead to flames that might be spotted at the 
bed surface. This is not the case of gasifiers, first because oxygen is injected in 
rates below the one for stoichiometric combustion. The ratio between the actually 
injected over to the one necessary for complete combustion is called oxygen ratio. 
Usual values for oxygen ratio are around 0.2 or 0.3 (20 to 30%) [149-153]. Second, 
gasifiers usually employ deeper beds than combustors. The reasons for this are to 
allow enough residence time for relatively slow gasification reactions as well as 
mass transfer of oxygen in the bubbles to emulsion and therefore its complete 
consumption. In view of that, properly designed and operated gasifiers should 
not show flames at the bed surface. 

The temperatures of any inert or sulfur absorbent particles tend to follow the 
bed average. This is because no highly exothermic or endothermic reactions 
take place in those phases. 

3.4.1 Applications of Fluidized Beds 

The fluidized-bed technique can be applied to a wide range of industrial 
equipment. Among these, there are boilers, gasifiers, oil shale retorting, reactors 
using solid catalyst, etc. Since the 1960s, great interest emerged for the 
application of the fluidized bed technique for boilers. When compared with 
conventional systems, such as suspensions or grate burning, the fluidized-bed 
technique shows the following advantages: 

1. High degree of controllability 

2. Low SO, and NO* emissions 

3. Homogeneity and relatively low temperature throughout the equipment 

4. High turn-down ratios 

5. High heat transfer coefficients to tubes immersed in the bed 

6. More compact equipment for the same power output 

7. In the case of gasification, very low concentration of tar or oil in the 
produced gas 

8. Allows the consumption of a wide range of feedstock with low heat value 
that could hardly be used in more conventional processes 
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Most of the above advantages are easily understood. For instance, the low 
emissions of sulfur dioxides are possible by adding, for instance, limestone to 
the bed. Calcination of its particles takes place as soon as the limestone enters 
the bed, or 

CaC0 3 -»Ca0+C0 2 

Then, the sulfur oxide might react with the calcium oxide through the following 
reaction: 

CaO + S0 2 + ^ 0 2 -> CaS0 4 

As seen, the product is a stable solid, which can be discharged from the bed 
without environmental problems. 

Similar reactions can be written by using Mg instead Ca. Therefore, the 
same effects can be obtained by adding dolomite (that contains MgC0 3 ) to the 
bed. In general, limestone and dolomite are called sulfur absorbents. 

When compared with the conditions in conventional combustion chambers, 
the temperature in fluidized beds is much lower and uniform, therefore leading 
to lower NO* emissions. 

In moving or pneumatic transport combustors, the average overall heat 
transfer coefficients between immersed tubes and the surrounding gas-particle 
mixture are usually bellow 100 W m 2 K 1 [135,136]. On the other hand, values 
around 3 times that can be found in bubbling fluidized beds [138,155]. This is 
basically due to the high circulation rates of particles in the bed. On the other 
hand, the high rate of impact of particles on the tube surfaces provokes high 
erosion rates in particular points of that surfaces. That problem has been solved 
by special design of the tube banks [156]. 

When compared with moving bed, the fluidized-bed gasifiers provide much 
lower tar concentrations in the exiting gas stream. Usually the generated gas is 
employed in furnaces or injected in turbines for power generation. Most of the 
time, the feasibility of such applications is very sensitive to the gas cleaning 
system. This is why fluidized-bed gasifiers have found increasing applications 
in advanced turbine power generation units. These processes are called CIG/ 
GT (coal integrated gasification/gas turbine) and BIG/GT (biomass integrated 
gasification/gas turbine) and some basic characteristics of these are described 
in Section 3.6. 

Several fluidized-bed combustors or gasifiers operate with inert solid particles 
mixed with the fuel because they this usually provide: 

• Easier temperature control. Inert particles are not involved in exothermic 
or endothermic reactions. Therefore, they work as an “energy inertial 
mass,” which prevents eventual sudden variations in operational 
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conditions, which may lead to too steep changes in the average 
temperature of the bed. This might avoid surpassing the ash-softening 
temperature and collapse of the bed after agglomeration of particles. 

• Fluidization stability. During the transition from fixed to fluidized bed, 
small particles slip into the gaps between large ones and fluidize before 
them. Therefore, smooth fluidization can be achieved when the gas velocity 
is increased and hysteresis (Fig. 3.2) might be avoided [138]. Thus, it is 
easy to conclude that a wide range of particle sizes helps to absorb sudden 
variations of gas velocity during industrial operations. Similarly, to the 
previous item, this allows easier control of the equipment operation. An 
analogous process occurs when a bed contains particles with different 
density. For instance, sand particles usually present densities 2 to 3 times of 
char or charcoal. Even within similar sizes, the lighter ones fluidize before 
the heavier. On the other hand, care should be taken because extreme 
situations might lead to too high entrainment of particles to the freeboard 
and segregation in the bed. Segregation might occur mainly if solids with 
very different average particle diameter and density are present in the same 
bed. In a strong approximation, one can imagine that lighter particles tend 
to float in the fluidlike bed of heavier particles. Actually, the process is a bit 
more complex, involving differences in fluidization velocity. A method to 
predict this sort of occurrence is provided in Chapter 14. 

As seen, the fact that the incoming fuel is low quality, i.e., contains high 
concentrations of ash, does not bring major difficulties to consumption in 
fluidized beds. Actually, small ash particles detached from the original fuel 
play a part on stabilizing fluidization and controlling the reactor temperature. 
The same cannot be said for other processes, especially for combustion or 
gasification using suspensions of pulverized fuel. In addition, bubbling fluidized 
beds can operate with a relatively wide range of particle sizes. This is mainly 
because fluidization provides a good exchange of momentum transfers between 
particles. This allows larger particles to stay fluidized in the midst of the bubbling 
bed. It is no coincidence that bubbling fluidized beds have been used as 
combustor chambers of large boilers where relatively rough coal is fed mixed 
with other fuels or residues. The same is not true for circulating fluidized beds, 
which require a narrower range of particle size distribution. Conversely, at other 
aspects, circulating fluidized beds present some advantages over bubbling beds. 
For instance, the resistance imposed to mass transfer between bubbles and 
emulsion is not present in circulating fluidized beds. As it is described in Sec. 
3.4.3 ahead, that resistance brings some complications and limitations for 
applications of bubbling beds in gasification processes. The complexity of all 
these and other factors does not allow simple conclusions and decisions on 
which technique to adopt in a given situation. Such decisions can be reached 
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only thorough mathematical simulations combined with experimental 
verifications. 

In addition to the applications shown here, fluidized beds can be used in 
combination to achieve several objectives. Those interested in more details will 
find very good descriptions, for instance, in Ref. 138. 


3.4.2 Comparisons between Fluidized-Bed and Moving-Bed Processes 

It is interesting to show the basic points for comparison between moving-and 


fluidized-bed gasifiers, given in Tables 3.1 to 3.3. The reasons for these and 

TABLE 3.1 Comparison between moving-bed and fluidized-bed gasifiers (Part 1) 

Characteristic or feature 

Moving bed gasifier 

Fluidized-bed gasifier 

Usual number of phases 

1 gas plus 1 for each 

2 gas (emulsion gas and 

involved 

solid involved. For 
instance, combustors 
and gasifiers for coal 
involve just one 
solid, therefore 2 
phases. 

bubble) plus 1 for each solid 
involved. For instance, a 
coal combustor, where 
limestone is added and ash 
segregates from the burned 
layers of coal particles, 
involves 5 phases. Some 
authors include an additional 
phase—the cloud—that 
surrounds the bubbles. 

Superficial gas velocity 

Relatively low or below 
the minimum 

fluidization. 

Above the minimum 
fluidization and all the way 
to the limit with penumatic 
transport. 

Pressure loss in the bed 

Increase with the 

increase of the 
superficial velocity. 

Remains constant within the 
fluidization range. 

Average temperature in 

Varies significantly and 

Almost constant and the 

equipment involving 

passes through 

average is much lower than 

exothermic or 
endothermic reactions 

extreme peaks. 

the peaks observed in 
moving beds where 
equivalent process is taking 
place. 

Difference of temperature 

Relatively small 

Could be large between 

between phases 

between gas and 
solid phases. 

bubbles and emulsion. 
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TABLE 3.2 Comparison between moving-bed and fluidized-bed gasifiers (Part 2) 


Characteristic 
or feature 

Concentration of 
tar in the gas 
exit stream 


Flexibility 
concerning the 
quality of feed 
stock which can 
be consumed 


Controllability 


Operational risks 


Moving-bed gasifier 

High for countercurrent 
equipment because 
devolatilization occurs near 
the gas exit point. The 
concentration of tar in the gas 
exit stream is lower for 
downstream because the 
devolatilization occurs before 
the gas stream passes through 
the combusion region. On the 
other hand, this last class of 
equipment presents limitations 
on the size due to 
controllability problems. 

Moderate to low. Limitations are 
found due to the minimum 
carbon concentrations 
necessary in the combustion 
region. High temperatures 
should be provided to the 
gasification region by the 
gases leaving the combustion 
zone. This is more critical for 
atmospheric equipment 
operating with air. 

Moderate to low. Counter 
current provides good level of 
controllability but high 
response time (around 1 hour 
to achieve a new steady-state 
regime in pilot units to 8 
hours in industrial size units). 
Downstream ones are limited 
to the range of 1 MW power 
output due to great difficulties 
to maintain uniform 
temperature profile around the 
combustion region in large 
equipment. 

Moderate, mainly because of the 
possibility of interruptions 


Fluidized-bed gasifier 

Very low because 
devolatilization occur inside 
the bed. This ensures 
almost total destruction of 
the tar by cracking and 
coking. 


High. The bed operates at 
relatively low temperatures 
which can be achieved 
using low carbon 
concentration feed stocks. 
In fact, the average carbon 
concentration, in the bed 
are around 5 to 2%. 


High. Beds operate at low 1 and 
uniform temperatures. Also, 
the response time is around 
few minutes within a wide 
range of equipment size. 
The basic reason for this is 
the high mixing ratio of 
gases and solids in the bed. 


Moderate to low. Problems of 
bed collapsing may occur 

( Continued) 
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TABLE 3.2 Continued 


Characteristic 
or feature 

Moving-bed gasifier 

Fluidized-bed gasifier 


caused by blockages due to 
Excessively high temperatures 
in the combustion region that 
may surpass the ash-softening 
level, and Tar acting as 
bonding between particles in 
the devolatilization region, 
mainly for low particle size or 
fibrous feeding. 

due to localized high 
temperatures that surpass 
the ash-softening 
temperature. 

Level of pollutant 
emissions 

High and difficult to avoid. 

Low and easy to control. The 
basic reason is the 
possibility of adding 
pollutant-absorbing solids 
to the bed. These mix very 
well with other solids and 
maintain a good contact 
with the gas phases. 
Relatively low temperatures 
minimize the “thermal- 
NO x ” production. 


several other characteristics will be better understood during the presentations 
of models (Chapters 7 and 13), as well as discussions of computations (Chapters 
12 and 16). 


3.4.3 Atmospheric and Pressurized Fluidized-Bed Gasifiers 

A powerful instrument to evaluate a given process or equipment is its efficiency. 
Of course, it is possible to set several definitions for efficiencies, which will be 
precisely defined in Chapter 5. For now it is enough to define it as 


T| = 


Fghc 

F$h s 


(3.12) 


Here, F G is the mass flow (kg/s) of exiting product gas, F s is the mass flow (kg/ 
s) of feeding solid fuel, h G its combustion enthalpy (J/kg), and h s the combustion 
enthalpy of the feeding solid fuel (J/kg). 
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TABLE 3.3 Comparison between moving-bed and fluidized-bed gasifiers (Part 3) 


Characteristic 
or feature 

Carbon conversion 


Moving-bed gasifier Fluidized-bed gasifier 

High carbon conversions can Moderate to low. Carbon 
be achieved with relatively conversions above 0.95 are 
small efforts. difficult of being achieved 

due to compromises between 
gas quality and fluidization 
regime. This is more critical 
for gasifiers using air instead 
oxygen. The increase in the 
air flow to reach high carbon 
conversions lead to large 
bubbles that require deep 
beds to complete the oxygen 
transfer to the emulsion. The 
other alternative is to 
employ superficial gas 
velocities near the minimum 
fluidization value, but this 
will require beds with larger 
diameters. This last 
possibility can be combined 
with the preheating of the 
gas stream, which is to be 
injected into the bed. 
Therefore, the expansion of 
the gas will be smaller than 
the cold injection, which 
leads to smaller distances 
from the minimum 
fluidization condition for 
points far from the 
distributor. In both cases 
(gasification using air or 
oxygen), the residence time 
of particle in the system 
needs to be relatively high, 
when compared to moving 
bed gasifiers or to the 
burning in a fluidized bed 
combustor. Pressurization 
decreases the problem. 

( Continued) 
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TABLE 3.3 Continued 


Characteristic 
or feature 

Moving-bed gasifier 

Fluidized-bed gasifier 

Cold efficiency 

Relatively high. If tar is not 
included as an useful fuel, 
the efficiency drops. Values 
around 70% are common 
for atmospheric gasifiers 
using air. 

Moderate for atmospheric 
equipment using air as 
oxidant agent. Values 
around 60% for atmospheric 
using air are common, 70% 
for pressurized using oxygen 
can be obtained with 
relatively small efforts. 

Hot efficiency 

High (around 80%) 

Moderate (60%) to high (85%). 
This last range is achievable 
for pressurized gasifiers. 

Turn-down ratio 
(ratio between the 
maximum and the 
minimum power 
output for the 
same equipment 
maintaining in a 
single operation 
and maintaining 
the same level of 
efficiency) 

Moderate, or around 2/1. 

High, or around 4/1. Even 
higher can be achieved for 
large equipment where the 
bed can be divided into 
sections. 

Capital cost 

Moderate. Some care should 
be taken with the ash 
removal device and material 
near the combustion region. 

Low due to the relatively low 
and uniform temperature in 
the bed. 


The main factor that might, in some situations, prevent a bubbling fluidized- 
bed gasifier to operate under relatively high efficiency rests on the role played 
by the mass transfer between the bubbles and the emulsion. This can be 
understood by considering the following points: 

1. The gasification process requires a good region of the bed to be kept 
under reducing conditions, i.e., without oxygen. 

2. The oxygen, mixed or not with other gases, is injected into the bed through 
the distributor. Part of this stream flows through the emulsion. The 
remaining flows through the bed in the form of bubbles. 

3. The oxygen flowing through the emulsion is consumed in the first layers 
of the bed near the distributor. 
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4. However, as the bubbles remain relatively cool during a large portion of 
the bed, the oxygen consumption in that phase is slow and its concentration 
stays relatively high. 

5. When compared with the rate of oxygen chemical consumption due to 
combustion in the emulsion, the transfer of oxygen from the bubble to 
the emulsion is a very slow process. 

6. Therefore, for a good portion of the bed, bubbles work as a source of 
oxygen that slowly diffuses to the emulsion. 

7. Consequently, the oxidant condition might remain for a large portion or 
height in the bed, and all produced fuel gases are consumed in emulsion 
phase by that oxygen diffusing from bubbles. 

There are several possible solutions to increase the gasification efficiency. 
Usually, these solutions also improve the carbon conversion and therefore the 
gasification efficiency. The most-used alternatives are: 

1. Increase the bed height. This would provide extra residence time for gas- 
solid contact at reducing conditions. 

2. Increase the size of particles in the bed. This would approximate the 
flowing regime to the minimum fluidization regime, therefore reducing 
the size of bubbles. The effect is oxygen-complete exhaustion occurring 
in shorter distances from the bed base. 

3. Increase the pressure in the bed. Apart from the beneficial effect of pressure 
regarding increases in the methane production (as already explained), 
pressurized systems lead to relatively smaller bubbles and therefore higher 
performance of pressurized against atmospheric fluidized gasification 
processes. This increase of efficiency has been shown in several works 
[14,150,151,154,157-164], 

4. Use oxygen instead of air as a gasifying agent. Without nitrogen, the size 
of the bubbles decreases and the effect has already been explained in 
option 2 above. Without the barrier of additional diluting gas, the rate of 
oxygen diffusion from bubbles to emulsion increases. In addition, the 
final concentration of fuel components in the produced gas will increase 
considerably, therefore leading to higher combustion enthalpy when 
compared to processes employing air as a gasifying agent. 

5. Recycle particles collected in the cyclone (or filters) to the bed. Recycling 
of particles increases the residence time of particles in the bed and the 
effect is the same as explained before. However, recycling brings a side 
effect because the average particle size in the bed decreases, leading to 
flow regime farther from minimum fluidization. This increases the average 
size of bubbles in the bed. Therefore, this solution should be carefully 
administered, for it might worsen the situation. Some compromise should 
be sought by applying partial recycling. 
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3.4.4 Gas Cleaning 

As mentioned before, fluidized-bed gasifiers have been successfully applied to 
power generation systems such as CIG and BIG/GT. However, despite the relative 
tar-free conditions, the gas from fluidized bed contains alkaline and particles. In 
systems for which that gas is to be injected into turbines, some care should be taken 
because very stringent conditions at the turbine entrance must be met in order to 
minimize erosion, corrosion, and deposition. Erosion is mainly caused by particles 
and the reported [165] tolerances prescribe maximum concentrations from 2 to 200 
mg/(standard m 3 ). In fact, there is a compromise between the maximum particle size 
and the concentration of particles in the turbine-entering stream [166]. 

Meadoweroft and Stringer [167] explain that the damage by erosion on the 
turbine blades is caused only by particles above 3 /mi. At the usual velocities 
between 200 and 300 m/s, found at the gas between the turbine blades, only 
smaller particles than the above can follow the streamlines, therefore avoiding 
collision with the blades. 

Corrosion of the blades is caused mainly by the presence of alkaline. Some 
report [168,169] tolerances around 200 ppb while others [170] indicate that 
maximum values as low as 20 ppb should be met. In addition, corrosion and 
erosion may combine synergistically. Compared to separated erosion and 
corrosion effects, their combination could lead to a threefold increase on the 
rate of material loss from the turbine blades [167]. Moreover, it has been shown 
[167] that deposition of particles on the blades might contribute for their 
destruction because a favorable ambience could be created for the acceleration 
of corrosion process. The main cause for these depositions is the presence of 
ash particles, which stick to the blade surface. This process occurs when the 
temperature of the traveling particles surpasses the ash-softening limit. However, 
even if softening is not reached, deposits can be formed due to the condensation 
of alkaline combined with the eventual arrival of very small (< 1 /mi ) ash particles 
at the blade surface. This deposition may be caused by diffusion enhanced by 
thermal effects. 

The removal of alkaline is carried by condensation, which requires lowering 
the gas stream to temperatures between 920 and 770 K. This is a source of 
efficiency loss of the generation system. 

Added to the difficulties at the gas cleaning, the feeding system of sugar 
cane bagasse usually brings serious technical problems. Their fibrous nature 
leads to entanglements even if no pressure changes are involved. If pressure 
differences are present, the fibers tend to compact, forming a very dense material 
which does not easily flow into the reactor. Elaborate systems of hoppers and 
lock chambers should be employed. As spontaneous combustion might occur 
in the hoppers, they also should be kept under inert atmosphere, such as nitrogen 
or carbon dioxide. 
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The particle removal from a hot stream of gas can be accomplished by 
systems such as ceramic microcyclones or ceramic filters [171,172]. These 
cleaning systems could guarantee the low concentrations required at the gas 
turbine entrance without significant drops in the stream temperature. 

3.5 SUSPENSION OR PNEUMATIC TRANSPORT 

From the viewpoint of physical behavior, the pneumatic transport occurs when 
the terminal velocities of all particles are smaller than the local gas superficial 
velocity. Thus, for most of the systems using suspension conversion, the particles 
are smaller than those found in processes such as moving and fluidized bed. 

A classical example of equipment employing pneumatic transport of particles 
is the conventional boiler. There, a gas stream blows the particles into the 
chamber, as illustrated in Fig. 3.11. 

It is useful to introduce some of the basic concepts usually found in the area 
of suspension burning: 

• Primary air is the air stream used to carry the fuel particles into the chamber. 
This air (or any other gas with oxidant) is usually preheated and therefore 



FIG. 3.11 Modes of injecting solid fuel power in combustion furnaces, (a) Down-shot- 
fired furnace; (b) wall-fired furnace; (c) comer-fired furnace. 
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contributes to the gasification of the particles. Primary air represents 20 
to 25% of the total mass of injected air. 

• Secondary air is the complementary stream containing the oxidant needed 
for the conversion of the fuel. Usually, it is preheated from 50 to 500°C 
and represents from 70 to 80% of the total air. Normally, the secondary 
air is blasted into the furnace through the annular orifices surrounding 
the nozzle of the fuel injector. Additionally, suitably orifices located in 
the furnace wall near the burner, or at a certain distance from it, may be 
also used for secondary air injection. Blast velocities for the secondary 
air are in the range from 5-40 m/s. 

• Pulverized solid fuel jet is the stream of air with fine fuel particles in 
suspension. It can be divided into two classes: the free jet and the confined 
jet. Free jet is obtained when the jet is freely discharged into the 
environmental atmosphere (Fig. 3.12a,b, Fig. 3.13a). 

Confined jet (Fig. 3.13b) is obtained when the pulverized fuel jet is injected 
into a chamber. In a free jet, the average velocity decreases as the jet spreads 
out while the pressure stays constant along its length. In the case of confined 
jets, the pressure increases with the distance from the injection nozzle, therefore 
provoking eddies which circulate the air backward. That circulatory movement 
carries part of the downstream gas and particles to regions near the injector and 
back again. Such eddies might also be observed inside some free jets. 



free-jet circular 
cross-section 


(a) 



Copyright © 2004 by Marcel Dekker, Inc. 












Equipment and Processes 


65 



(b) 

FIG. 3.13 Typical free and confined jets: (a) Free jet with coaxial cross section; (b) 
confined jet. 


As mentioned before, carbonaceous particles injected into a combustion 
chamber go through fast drying and devolatilization. The energy from the 
combustion of the gases released during the devolatilization provides the 
conditions for the ignition of carbonaceous particles. This process shows the 
importance of volatile content of the fuel. Ignition condition for these gases is 
provided by radiant heat transfer from the burning particles ahead in the flame. 
In confined flames, heat transfer to the incoming particles is also accomplished 
by convection of the circulating stream (Fig. 3.13b.). 

3.5.1 Applications of Suspensions 

Most of the existing boilers in thermal-electric power generation units work 
with suspension combustion of pulverized coal. 

The main features of commercial designs for pulverized fuel burners (p-f) are 
shown in Fig. 3.14. The secondary tube is concentric to the primary air pipe. The 
amount of secondary air is controlled through a cylinder that can slide and therefore 
vary the entrance area or the flow rate of air into the chamber. At the end of the 
smaller tube, which carries the primary air and the pulverized fuel, there is an 
impeller. This last device promotes a swirl in the injected stream and diverts the 
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FIG. 3.14 Schematic view of a typical pulverized fuel burner. 


coal into the secondary air stream. In this way, the impeller also provokes a 
partial backward circulation of the suspended burning particles, which is essential 
for the flame stability. 

Through the center of the small tube, an oil burner is installed and is used for 
the ignition of the pulverized fuel. Moreover, a gas torch is employed to ignite 
the oil. The impeller may be advanced or retracted from the firing position by 
pneumatic control of the position of the tube that carries the fuel. 

The following values illustrate typical operational conditions for burner type 
as shown above: 

• Air excess around 15% 

• Fraction of the total air injected as primary air around 18% 

The above conditions have been employed for coal with the following proximate 
analysis: 

• Moisture: 5% 

• Volatile: 28% 

• Fixed carbon: 43% 

• Ash: 24% of ash 
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In such a condition, the carbon losses were 0.6%. These losses may reach 2% at 
5% excess air. 

As indicated in the Preface, the field of suspended combustion and gasification 
of pulverized solid fuels is not the aim of the present book. Further details on 
this important type of equipment and process can be found, for instance, in 
Refs. 135-137. 

3.6 SOME ASPECTS RELATED TO FUELS 

Coal and oil have constituted the main fuel for the steam and electric power 
generation. However, the importance of utilization of nonpolluting power sources 
cannot be overemphasized, and the advantages of biomass have been mentioned 
before. 

Of course, the high moisture of biomass is a problem in combustion. For 
instance, sugar-cane bagasse is released at 50% moisture content from the mill. 
Despite that, good solutions have been achieved to circumvent that, such as the 
utilization of hot streams from the units to dry the biomass before using in 
boilers and gasifiers. 

Biomass is employed in a variety of industrial processes and the residues, 
added or not to leftovers from crops, constitute excellent fuel source. Sugar¬ 
cane bagasse and plantation residues are examples. Despite its current use for 
steam and power generation in the mills, improvements in the plants may increase 
the fraction that is diverted to power generation. For instance, some studies 
have confirmed the huge potential of sugar-cane bagasse and other biomass 
[14,150-151,153-154,160-164] as sources of power generation. 

Additionally, biomass can be added to coal in traditional power plants, leading 
to the following main benefits: 

• It decreases the overall CO, emission to atmosphere. 

• It decreases the S0 2 emission, not just due to the proportional decrease in 
coal feeding, but also due to the synergetic effect. In most of the cases, sulfur 
concentrations in coal vary from 1 to 5%. On the other hand, calcium and 
potassium oxides are excellent sulfur absorbers through the main reaction 
Ca0+S0 2 + 1 /20 2 =CaS0 4 (and an equivalent one for potassium). Therefore, if 
biomass is present during the burning of coal, the generated ash absorbs S0 2 , 
leading to stable and environmentally harmless solid residue. 

The same conclusions can be drawn from comparisons between biomass and 
fuel oil utilizations and the eventual combined oil-biomass feeding to biolers 
and combustors. 

Traditional steam-based systems for power generation based on biomass 
have improved to the point that relatively high overall efficiencies are possible. 
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However, advanced gas-turbine systems using wood crops and/or biomass 
residues are easily surpassing that mark [157-159,162,163,173]. The process 
is called BIG/GT, or biomass integrated/gas turbine systems. A basic scheme of 
such a process is shown in Fig. 3.15 

Some of the expected performances of biomass gasification can be found 
elsewhere [150-152,154]. These systems are already achieving higher overall 
efficiencies than the traditional ones based on steam turbines. However, with the 
introduction of the next generation turbines, they will achieve even higher values. 



FIG. 3.15 Typical combined cycle using CIG or BIG/GT technique. 
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Basic Calculations 


4.1 INTRODUCTION 

This chapter introduces a few basic calculations. These are intended to provide 
better understanding of operations of combustion and gasification equipment 
introduced in last-Chapter 3. In addition, they allow preliminary decisions 
regarding industrial processes related to those operations. 

The strategy used here to introduce the equations and calculation methods is 
to imagine the situation where a given particulate solid is to be used as fuel in 
either a gasifier or combustor. Thus, it is very likely that the following questions 
need to be answered: 

1. Given the particle size distribution, how is it possible to calculate the 

average diameter and what average definition should be used? 

2. Given the following information: 

a. The basic characteristics of the carbonaceous fuel, such as particle 
size distribution, chemical composition, particle density, etc. 

b. The rate at which the solid fuel should be consumed 

c. The type of process to consume or employ it (combustion or 
gasification) 

d. The kind of equipment to be employed for that processing (fixed or 
moving bed, bubbling fluidized bed, circulating fluidized bed, or 
pneumatic-transport) 

3. What would be the basic dimensions of the equipment? 
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Additional questions may also be asked, among them: What steps should be 
followed to predict other important process characteristics, such as temperature, 
composition, and pressure profiles, heat transfers to internals (tubes) and walls, 
carbon conversion, efficiencies, characteristics of the solid residual, and 
properties of the exit gas stream? 

The present chapter provides some information in order to start answering a 
few of the above questions. 


4.2 COMPUTATION OF SOME BASIC PARAMETERS 
4.2.1 Average Particle Diameter 

The average particle diameter is one of the most important variables in any gas- 
solid processes. Any sample of particles, generated by a grinding process, 
presents a statistical distribution of diameters. The determination of an average 
particle size is not a trivial matter because a proper choice should consider the 
intended utilization of that value. There are several possible definitions for the 
average particle diameter. One may consider, for instance, defining an average 
based on the following principles. 

• Simple average of particles and given by 

n 

dp.dy = ^dpi w i ( 4 . 1 ) 

i=l 


where w t is the mass fraction of particle with diameter d pi and n is the 
number of size levels used in the particle distribution analysis. This average 
is not very useful because it does not consider properties related to the 
solid phase, e.g., volume and area. 

• Average based on the area of the particles and given by 


dp, a 


\l/2 


~ P> 

i =1 


(4.2) 


Combustion or gasification processes involve gas-solid (or heterogeneous) 
reactions. These reactions occur at the surface or at layer near the surface 
of a particle. Therefore, the area of a particle should be very important for 
the above processes. 

• Average based on the volume of the particles and given by 


dp, a 


2> 3 

p 

(=i 


\l/3 


(4.3) 
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As the density is assumed approximately the same for all particles of a 
given species, the average based on volume would be equivalent to that 
based on mass. This sort of average may be interesting for the 
determination of the superficial velocity of air or gas capability to fluidize 
or pneumatic-transport the particles because the mass of the particle, and 
consequently its weight, should play an important role. 


The task ahead is to decide which one among these averages should be adopted 
in cases of combustion and gasification of particles. The solution to this dilemma 
is provided by a compromise between the two last averages, which is called 
area-volume average or surface-volume average and is given by 


dp, av — 


1 


y ML 

1=1 dpi 


(4.4) 


This average is widely [138] employed in the area of combustion and gasification. 
It is the most used average for packed and fluidized beds. However, in pulverized 
fuel combustion the volume-surface average (also known as Sauter mean) is 
usually the more appropriate; it is given by 


n 



(4.5) 


This last is also the standard average for spray combustion. The choice depends 
on the relative importance between drag forces and reaction rates (or between 
momentum and mass transfers) in the studied process. For those where mass 
transfer between the particle and the surrounding fluid plays a more significant 
part than momentum between the same phases, the area-volume average is more 
appropriate. For the reverse, the volume-area average is the best choice. 
Therefore, it is understandable why for pneumatic transport or suspended 
combustion or gasification—where the mass (or volume times density) of the 
carried particle is very important—the last mean is normally employed. Usually, 
for packed beds and bubbling fluidized bed, the trajectory of a particle is not as 
important as the reaction rates or mass transfers. The matter is debatable in 
cases of circulating fluidized beds where the option of applying Eq. 4.4 for the 
denser lower section and Eq. 4.5 for the leaner upper section would be reasonable. 
Nonetheless, the average given by Eq. 4.4 would be the choice and, unless 
otherwise specified, the one employed throughout this book. Further details on 
this particular subject can be found in available literature [174-176]. 
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Normally, the particle size distribution is obtained by a standard laboratory 
screening method. The raw material goes through a series of sieves with 
decreasing openings. Typically, the laboratories inform the distribution according 
to a classification based on standard U.S. sieve series. The equivalence between 
the mesh number and the opening can be found in the ASTM-E-11-61 Norm, 
and is reproduced in several engineering manuals [ 134] and shown in the two 
first columns of Table 4.1 . The table also exemplifies a laboratory determination. 

The above classification indicates that, for each level (mesh), the respective 
sieve retained a certain mass fraction of the sample. Some sieves may not be 
present in the analysis provided by a test. In this particular example, there are 
just eight levels of sieves. This is so because the laboratory decided, or was 
instructed, to select certain key or important levels for particle retention. 

On the other hand, Eq. 4.4 requires the mass fraction w, of the sample 
which was retained in a sieve i, where the average particle diameter is found. 
To obtain that sort of information, let us start from the bottom of Table 4.1. As 
seen, 5% of the particles from the initial sample passed through the screen 
with openings of 0.149 mm. It is assumed that those particles have an average 
diameter given by half of the respective opening, or 0.075 mm. Therefore, the 
first point of the new matrix will indicate diameter "d p \ equal to 0.075E-03 m 
and corresponding mass fraction wq equal to 0.05. The next above level (# 
100) means that 10% of the sample has passed through openings of 0.177 
mm and retained in the sieve with openings of 0.149. In other words, 10% of 
the sample has diameters between 0.149 and 0.177 mm. Therefore, the second 
line of the matrix will be formed by diameter d P2 equal to 0.163E-03 m with 
the correspondent mass fraction w 2 equal to 0.10. The procedure continues to 
the top. The last level will be formed by particles whose diameters are larger 
than 1.680 mm. An approximation is adopted by taking d pg equal to 1.680E- 
03 m, and vv g equal to 0.01. The particle diameters and respective mass fractions 
are described in Table 4.2. 

Of course, this procedure is an approximation for the computation of real 
average diameter. Obviously, the average for the range between the material left 
in the pan (smaller diameters) and the collected by the lower screen might be 
wide. This would lead to downplay the importance of very small particles, which 
might be important for the process. Similarly, the assumption that highest diameter 
is the one collected at the top screen might downplay the importance of large-size 
particles or lead to an average below the real value. However, it is the hope that 
the deviations made for the average above the top and below the bottom screens 
could compensate each other. Obviously, the problem diminishes if more size 
levels are employed by the laboratory analysis, or other approximations might 


* In this book, the notation “E+xx” or “E-xx” indicates 10 + * x or lO'**, respectively. 
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TABLE 4.1 An example of typical particle size distribution 


Tyler number 
(mesh) 

Sieve opening 
(mm) 

Level included in the 
laboratory analysis 

Mass percentage 
retained 

#2V 2 

8.00 


n.p. 

#3 

6.73 


n.p. 

#3V 2 

5.66 


n.p. 

#4 

4.76 


n.p. 

#5 

4.00 


n.p. 

#6 

3.36 


n.p. 

#7 

2.83 


n.p. 

#8 

2.38 


n.p. 

#9 

2.00 


n.p. 

#10 

1.68 

8 

1.0 

#12 

1.41 

7 

4.0 

#14 

1.19 


n.p. 

#16 

1.00 


n.p. 

#20 

0.841 


n.p. 

#24 

0.707 


n.p. 

#28 

0.595 

6 

10.0 

#32 

0.500 


n.p. 

#35 

0.420 


n.p. 

#42 

0.354 

5 

20.0 

#48 

0.297 


n.p. 

#60 

0.250 

4 

30.0 

#65 

0.210 


n.p. 

#80 

0.177 

3 

20.0 

#100 

0.149 

2 

10.0 

#115 

0.125 


n.p. 

#150 

0.105 


n.p. 

#170 

0.088 


n.p. 

#200 

0.074 


n.p. 

#250 

0.063 


n.p. 

#270 

0.053 


n.p. 

#325 

0.044 


n.p. 

#400 

0.037 


n.p. 

Pan or smaller 

<0.149 

1 

5.0 

than #100 





n.p.=sieve not present in the used series for this particular analysis. 
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TABLE 4.2 Particle size distribution as used for calculations of 
average diameter 


Size level i 

dpi (mm) 

Wi (mass fraction) 

1 

0.075 

0.05 

2 

0.163 

0.10 

3 

0.214 

0.20 

4 

0.302 

0.30 

5 

0.475 

0.20 

6 

1.003 

0.10 

7 

1.545 

0.04 

8 

1.680 

0.01 


also be applied. Deeper discussions on this subject are beyond the scope of this 
book. 

Now the Eq. 4.4 can be applied to obtain the average diameter d Pw equal to 
0.266 mm. 


4.2.2 Minimum Fluidization Velocity 

The minimum fluidization velocity U mf is an important variable that allows 
verifying that fluidization conditions have been achieved. Of course, if the 
superficial velocity U is smaller than U mf , the particles will rest on each other, 
as if in a fixed bed. 

From the literature [138,177-178] it is given by 


U m f = 


7 v V<c,mf PG.av 
dp ,av pG.av 


(4.6) 


where 

/ 2 \ 1/2 
Mte.mf - [Ol +fl2^Ar j ~®\ 

w _g4 ,avPG.av (pP.av PG,av ) 

’ \r 1 

PG.av 


(4.7) 

(4.8) 


Actually, the above equations can be derived from the work of Ergun [140]*, 
who developed the following equation to provide the pressure loss in packed 
beds: 


* Ergun [140] developed an excellent example of serious scientific investigation. It contains careful 
experimentation followed by brilliant reasoning to arrive at an equation used until today by almost 
all investigators in the areas of fluid-solid flows. 
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Afp _ 150(1 -£z?)~ |i c , av ^ , l,75(l-£j>) p c-av lj2 
Z D £d (qyav^av) 2 ei) (pP.avdp.av 


Here Z D indicates the bed height. The particle sphericity is defined by Eq. 2.1. 

For the condition when the bed of particles starts fluidization, or when the 
gas suspends the particles in the bed, the pressure loss is given by 


„ I — (,Pp,av pG,av)(l ^-mf)S 

Z £> Imf 


(4.10) 


Combining the two above equations, at minimum fluidization condition it is 
possible to write 


£(tyP,avdp,av) PG,av (pp,av-pG’ av ) 


M-G,av 


150(l Emf ) PG,av typ,avdp a 


mf 


PG,i 




1.75 PG.av ((Pp.av^P ,av ) 


“mf 


PC,a 


u: 


mf (4.11) 


It is easy to notice that the left-hand side is similar to the Archimedes number 
(Eq. 4.8). However, to obtain the minimum velocity from Eq. 4.11 would require 
the determination, or prior knowledge, of void fraction at minimum fluidization 
conditions. To avoid that difficulty, Wen and Yu [179] collected data from systems 
operating within a wide range of void fractions measured at minimum 
fluidization using several solids with various particle sphericities. From these, 
they found optimum values for parameters a l and a 2 as 34.7 and 0.0408, 
respectively, which could be applied to predict the minimum fluidization velocity 
by Eqs. 4.6-4.8. For the specific case of coal, Babu et al. [178] suggest that 
25.25 and 0.0651 should replace these values, respectively. Grace [177] indicates 
that the values 27.2 and 0.0408 are applicable for a wide range of situations. In 
the lack of specific information, the values given this last (and more recent) 
reference [177] should be used. 

Especially in the cases of gases, it is important to remember that physical 
properties vary drastically with the temperature and the pressure. Therefore, 
depending on the adopted condition, the above calculations may lead to different 
conclusions. For instance, if air at ambient temperature is blown through the 
bottom of a bed of particles, the calculation might indicate that the entering 
superficial velocity is below the minimum fluidization value. In this situation, 
fluidization condition could not be achieved. On the other hand, if combustion is 
taking place somewhere in the bed, the temperature will be much higher than at 
the entering stream. The superficial velocity computed at that average bed 
temperature might surpass the local minimum fluidization. In this case, the bed 
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would behave as a fixed bed at regions near the distributor and as fluidized for 
regions above. Although this may sound acceptable for an operation, the situation 
might lead to sintering of materials at regions near the distributor. A layer of 
sinter usually blocks the gas flow, leading to complete collapse of the fluidized 
bed. In addition, that sintered material usually adheres to the internal refractory 
lining of the reactor. Any attempt to remove such deposits might result in damages 
and even complete fall of that lining. The refractory internal protection is among 
the most expensive items of furnaces. The problem of sintering might even worsen 
because no circulation of particles exists in a fixed or slow-moving bed. Circulation 
promotes intense heat transfer between the particles and gases. As seen before, 
the carbonaceous particles approaching the distributor experiences increases in 
their temperatures. However, due to poor or no circulation of particles, the heat 
transfer between them and the cooler gas stream is very low. In this situation, the 
temperature of carbonaceous particles might surpass their ash-softening point 
and sinter layer will grow. As a good and safe practice, it be should guaranteed 
that at least minimum fluidization condition prevail at regions near the distributor 
even at room temperature. Actually, minimum fluidization conditions should be 
surpassed for the average particle size at average temperature of the bed. 
Computations considering that average temperature are reasonable because the 
average particle size distribution as well average temperature between the various 
phases are almost uniform throughout a fluidized bed. 

Despite the uniformity of average particle size distribution in the bed, that 
value is usually very different from the feeding average. Chemical reactions and 
attrition between particles push the average to smaller values. In contrast, as smaller 
particles are blown from the bed, an even larger average than the feeding one 
might remain. In fact, without a more comprehensive approach, it is difficult to 
predict the steady-state average particle diameter. Nonetheless, it is possible to 
determine the regime with a good degree of certainty in several situations. For 
instance, in the case of fixed or moving beds, the particles near the bottom tend to 
be smaller than the feeding at the top. This is mainly due to breaking by thermal 
shock around the combustion region. Although possible surpassing of the minimum 
fluidization velocity for those particles at the bottom, they do not fluidize. This is 
because in a fixed bed the large particles above the bottom are not fluidized. 
Therefore, larger ones above trap smaller particles that tend to be carried upward. 
In other words, the superficial velocity is not enough to surpass the value required 
to achieve minimum fluidization conditions if the average size of particles in the 
bed is considered. Some of these small particles may find their way through the 
bed and leave with the exiting gas, but entrainment from fixed or moving beds is 
much smaller than from equivalent fluidized beds. 

In the case of fluidized-bed combustor and gasifiers it is advisable to calculate 
the minimum fluidization for the average of all particles in the bed (carbonaceous, 
inert, and possible limestone). For a first approximation, if inert is em-ployed, 
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its feeding average diameter can be used as representative value. The same 
approach can be applied if limestone or dolomite is used as absorbent. This is 
because at a steady-state regime these solids usually represent more than 90% 
of the mass in the bed. 

In the case of suspensions, once the pneumatic transport condition is ensured 
for the feeding particles, it will be certainly maintained throughout the equipment. 


4.2.3 Particle Terminal Velocity 


If the superficial velocity is larger than the minimum fluidization velocity, it is 
necessary to verify if the superficial velocity U is above or below the terminal 
velocities of the average particle diameter U r> av . The terminal velocity for a near 
spherical particle of diameter d p is given by 


U T 


%dp (pp pc ) 

18 pc 


for N R e < 2 


§dp (p p Pg) 

13.9 P £Vg 6 


for 2<V Re <500 


(4.12a) 

(4.12b) 


U T 


3.03 gd p (p p -p G ) 

Pg 


for iVr c > 500 


(4.12c) 


where the Reynolds number is defined by 

« Re= 4£2tiL (4.13) 

Pc 

Therefore, a simple reiterative procedure can be established to compute the 
terminal velocity (see Prob. 4.1). 

Calculation for particle shapes far from the spherical—for instance, plates, 
disks, cylinders, and fibers—can be found in the literature [134,138]. 

It is important to stress that Eqs. 4.12 are usable only for isolated particles. 
As an approximation, they may be applied to lean systems or systems with high 
void fractions (above 0.8, at least). Otherwise, the interference of momentum 
transfers among neighboring particles could jeopardize the calculation. 

Values or methods to compute properties, such as viscosity and density of 
gases at various temperatures, can be found in manuals [134], textbooks [42], 
or specialized works [180,181]*. In addition, for atmospheric to moderate 


* The 4th and 3rd editions of Ref. 180 contain convenient tables in the appendix; they facilitate input 
values to a data bank. 
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pressures, ideal behavior can be assumed for most gases involved in combustion 
and gasification because the temperatures found in such processes are much 
higher than the critical values for these gaseous components. Therefore, in the 
case of gas densities, the calculation is straightforward. The properties for mixture 
of gases can be approximated by applying averages based on mass or molar 
fractions, depending of course on which basis the composition is given [180,181], 


4.2.4 Air Ratio and Air Excess 


Air ratio and air excess are among the most basic parameters that almost 
every technical decision on combustors and gasifiers refers to. The air ratio is 
defined as 


00 = ■ 


^actual-a 


^stoichiometric-air 


(4.14) 


where F actual _ air is the mass flow of air actually injected into the combustion 
chamber and E sloichi „ melric _ air is the theoretical minimum mass flow that would be 
necessary for the complete (or stoichimetric) combustion of the fuel. The air 
excess, usually expressed as percentage, is defined as 

f _ ioq ^actual-air- ^stoichiometric-air _ jqq/ —_ 

Jm v 1 ” 

•‘stoichiometric-air 


1 ) 


(4.15) 


In simplified calculations, nitrogen is usually assumed as an inert or nonreacting 
component. In these cases, the air ratio is equal to the oxygen ratio. Of course, 
the molar or mass ratio would give the same value for “air ratio.” 

As an example, consider the case of methane combustion. The basic overall 
combustion reaction would be 


CH 4 +20 2 —>C0 2 +2H 2 0 (4.16) 

In case of combustion in air, some authors like to include the nitrogen in the 
reaction, and write 

CH 4 +2(0 2 +3.76N 2 )—»C0 2 +2H 2 0+7.52N 2 (4.17) 

Of course, the factor 3.76 is the molar ratio between nitrogen and oxygen in 
common air. However, this approach may lead to confusion because if nitrogen 
is not taken as a reactant, Eq. 4.17 causes errors when equilibrium conditions 
should be included. On the other hand, nitrogen does take part as reactant in 
combustion and gasification processes. Therefore, Eq. 4.17 should be used just 
as an approximation. 
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Average 

temperature 



o.o 


1.0 


-► 

Air ratio 


FIG. 4.1 Typical temperature behavior for combustors and gasifiers in relation to air 
ratio. 


Following the example, if 1 mol methane were injected into a combustor 
with 3 mol oxygen (diluted in air), the air or oxygen ratio would be 



(4.18) 


or 1.5. Therefore, the air or oxygen excess would be 50%. 

As seen, the value of air ratio in the combustor is equal to or greater than 1 
and for gasifiers it is below 1. Actually, most combustors work with air ratio in 
the range between 1.2 and 1.5, or air excess from 20 to 50%. For gasifiers, the 
air ratios between 0.2 and 0.4 are within the usual range. 

All combustors and gasifiers tend to operate at higher temperatures if the air 
ratio approaches unit or stoichiometric conditions. In combustors, if the air 
excess increases, the extra-injected mass of air would consume part of the energy 
provided by the fuel in order to reach the temperature of the exiting stream. 
Therefore, the average and also peak temperatures tend to decrease in relation 
to operations with lower air excesses. For gasifiers, lower air ratios provide less 
oxygen, and therefore less fuel can be burned or oxidized. This leads to lower 
average and peak temperatures. Figure 4.1 illustrates by a simple graph the 
possible situations for combustors and gasifiers. 

4.2.5 Densities for Solid Particles 

Due to their nature and the way they should be used in calculations, several 
definitions for density can be found. The most common definitions are: 
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• Apparent density of a particle, given by 



(4.19) 


where “m p ” is the mass of the particle and “V” is the total volume (or 
volume delimited by an envelop surface). 

• Real or skeletal density of a particle, given by 


Pp.real 


mp 

■ ■} ~~ ''pores 


(4.20) 


where Vp 0res is the volume taken by the pores inside the particle. 

• Global or bulk density of a particle bed, defined as 

m 

Pp,bulk = ~ (4.21) 


where m is the total mass of the bed and V is its volume. Therefore, this 
volume is the sum of the volume of individual particles and the void 
space between them. This leads to another very important definition. It is 
the void fraction of a bed, given by 


£ = 


Vg 

y 



(4.22) 


where V G is the volume occupied by the gas phase in the interstices of 
particles. It does not include the volume of pores inside the particles itself. 
V, is the volume occupied by the solid particles in the bed. This volume is 
the total volume occupied by the particles in the bed. 


4.3 TIPS ON CALCULATIONS 

In this section, some very basic guidelines are suggested for first steps on 
estimations of main dimensions of combustors or gasifiers. The application of 
those rules is better illustrated through an example. 

Consider a case where it is desired to compute few basic equipment 
operational parameters and geometry. The particle size distribution, apparent 
density, composition, and mass flow of the solid fuel to be used are known. In 
addition, the type of combustor is already chosen. The procedure follows. 

1. Set a desirable air ratio or excess. For most combustors, values around 
1.2 or 20% are common. Fluidized-bed combustors can operate with air 
excess as low as 10%. In these calculations use the ultimate analysis of 
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the carbonaceous solid that provides the mass fractions of carbon, 
hydrogen, oxygen, nitrogen, sulfur, and ash. Use the form for its total 
oxidation reaction.* 


CH aH O fl0 N flN S flS + 


m 


+ k_» 

4 2 2 


C0 2 +-y-H 2 0 + a N NO + a s S0 2 


(4.23) 


In cases of gasification, it is common to employ 25% of the mass of 
oxygen determined by stoichiometry. In reaction 4.23, the coefficients aj 
should be computed based on the dry solid. Therefore, the proximate and 
ultimate analysis of the feeding carbonaceous solid must be known. It 
should also be remembered that those coefficients are molar ratios, or 


w j Me 
wcMj 


(4.24) 


where Wj is the mass fraction (dry basis) of component j in the feeding 
solid, as given by the ultimate analysis. 1 
2. Compute the value for the minimum fluidization velocity assuming the 
gas at the entering conditions U mfi0 . For updraft moving beds, it may be 
interesting to avoid excessive entrainment of small and lighter particles, 
which will be trapped between larger particles. In this case, use the apparent 
particle density of the ash for calculations. This is because the particles 
near the bottom of the equipment are almost devoid of all fuel and moisture. 
An approximated value for that density is given by 

Pa = Ps-,/Wash,/ (4-25) 


Table 4.3 lists the apparent densities of most common particles. It is 
safe to assume the average size of particles equals to the feeding ones. 
If fluidized bed (bubbling or circulating) is intended to be used, the 


* Despite the low importance of nitrogen oxidation in the calculations ahead, the form chosen is just 
to maintain coherence in relation to typical carbonaceous fuel composition, which includes nitrogen, 
t Equation 4.24 allows obtaining a representative formula of carbonaceous solid that includes the 
volatile, fixed-carbon, and ash fractions. Therefore, it is useful only for overall mass balances of 
processes where carbonaceous solid being fed. As the released volatile usually has a different 
composition from the char (Chapter 10), that equation may not be useful when one is interested in 
a composition of the solid at particular point of the equipment interior. Among those processes 
there are the updraft moving-bed and fluidized-bed combustion or gasification, where the feeding 
solid is devolatilized just after feeding. 
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TABLE 4.3 Usual values for apparent densities of particles 


Solid species 


Apparent particle density (kg m * * 3 4 5 ) 


Coal 

Wood 


700-2000 

200-1000 

100-800 

2000-3200 

2500-3500 


Charcoal 

Limestone 

Sand 


data concerning particles (density, average diameter) should be the ones 
for the inert or absorbent (limestone or dolomite) to be employed as 
temperature moderators. This is because inert or absorbent commonly 

represents 80-90% of the mass of solids in the bed. This observation is 
valid for all following steps. 

3. Compute the minimum fluidization velocity assuming the gas at its 
expected maximum temperature ;l . The temperature may be assumed 
around 1500 K for moving beds and suspensions, and 1200 K for fluidized 
beds. To be on the safe side in cases of pneumatic transport, use the particle 
apparent density and the size of the feeding particles. 

4. Compute the value for the terminal velocity of the average particle 
diameter assuming the gas at the entering conditions U Ti q and at 
maximum gas temperature U TA . Also compute the terminal velocity for 
the biggest particle level at the two temperatures t/ T ,aii.o and f/ T , a ii,i, 
respectively. Apply the size distribution and average density of the 
feeding particles. 

5. Set a superficial velocity U 0 for the entering gas in order to fall into the 
range of the desired kind of equipment. The following ranges, which 
include requirement for the maximum superficial velocity U h may be 
employed: 

a. Moving bed: f/ 0 <t/ mf>0 and C,<f/ mf j 

b. Bubbling fluidized bed (see Sec. 4.4): U mS fi<U 0 <U z0 and f/ mr ,i 
<Ui<U Ttl . In particular: 

5 £/ m i.o ss U 0 < U Tfi for combustors 
3U mf ,o = U 0 < U T0 for gasifiers 

c. Circulating fluidized beds (see See. 4.4): U [St <U t] <U- r . iUf) 

d. Pneumatic transport or suspension: U 0 > f/ T ,aii,o 

The above rules allow setting a possible range of superficial velocity for the 
injected gas stream. Take, for instance, a simple average of maximum and 
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minimum values of that range. With the computed mass flow of gas (step 1), it 
is possible to estimate the cross-sectional diameter of the equipment. 

In addition to the above procedure, almost all bubbling fluidized bed gasifiers 
(atmospheric or pressurized) follow the approximate relationship 

F C ar,i=6.0xlO- 7 5P (4.26) 

Here F carI is the mass flow of feeding carbonaceous solid in kg/s, S is the 
crosssectional area of the gasifier in m 2 , and P is the operational absolute pressure 
in Pa. Therefore, that correlation can be applied to check the conditions found 
after following the routine detailed before. 

4.4 OBSERVATIONS 

For fluidization of very fine particles, difference between the minimum 
fluidization and the bubbling velocity can be observed. That last value can be 
computed by [139] 


I/mb = 2-07^^-exp(0.716w 4 5) (4.27) 

Pg 

Here, w 45 is the mass fraction of the sample of the powder with diameters below 
45 pm. In this case, to avoid segregation or agglomeration problems, it is 
advisable to always operate combustors as well as gasifiers at conditions that 
surpass the minimum bubbling velocities. 

Up to the present [182], there is no precise definition that ensures where 
circulation regime starts. One graph that indicates approximate region can be 
found in the literature [139, p. 4], However, that also presents a considerable 
level of uncertainty. This is mainly because the decision to operate on circulation 
regime is somewhat subjective and bubbling fluidization can work with complete 
or partial circulation of particles from cyclone to the bed. The criteria introduced 
here at least ensures that fluidization regime is achieved with high rate of 
entrainment, which requires operating under the circulating fluidization concept. 
As a suggestion, the above criteria might be applied by checking the results 
using the chart presented by Geldart [139]. 

EXERCISES 

4.1* Devise a reiterative procedure and write a simple computer program (with 
any language) to compute the terminal velocity of particles. Use Eqs. 4.12 and 
4.13. Assume particle density, particle diameter, and gas properties as input data. 
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4.2* Given the following conditions for a bed of inert particles, determine if the 
operational regime regarding the fluid dynamics, i.e., if it will be a moving bed, 
a fluidized bed, a circulating bed, or a pneumatic transport. Adopt acceleration 
of gravity equal to 9.81 m/s 2 . 


Bed internal diameter: 1.118 m 
Particle apparent density: 3000 kg/m 3 

Temperature of the air injected through the distributor: 370 K 
Pressure of the air injected through the distributor: 100 kPa 
Mass flow of injected air: 0.7 kg/s 
Particle size distribution according to the table below: 


Tyler number (mesh) 

Mass percentage retained 

#04 

10.20 

#10 

9.85 

#16 

36.55 

#20 

20.40 

#48 

8.80 

#80 

4.95 

#100 

2.85 

Pan or smaller than # 100 

6.40 


4.3* A solid residue is produced at the rate of 1 kg/s and a process should be 
chosen for its incineration. The proximate and ultimate analysis of the residue 

are given below: 

Percentage 


Percentage 

Fraction 

(wet basis) 

Component 

(dry basis) 

Moisture 

5.0 

C 

73.2 

Volatile 

38.0 

H 

5.1 

Fixed carbon 

47.6 

N 

0.9 

Ash 

9.4 

O 

7.9 



s 

3.0 



Ash 

9.9 


The table in Prob. 4.2 gives the particle size distribution of feeding coal. Its 
apparent particle density at feeding is 1400 kg/m 3 . If updraft moving-bed 
technique is intended, estimate: 

a. The mass flow of air necessary to operate the equipment with 20% 
oxygen excess. Assume injected air at 298 K and maximum temperature 
of 1500 K, as suggested in Sec. 4.3. 
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b. The minimum diameter of the equipment to avoid fluidization at any 
point. 

4.4** Using the data given for Prob. 4.3, compute the equipment diameter if 
incineration in a circulating fluidized bed is intended. 

4.5** Repeat Prob. 4.3 if gasification in bubbling fluidized bed in intended to 
be used. Sand with the same particle size distribution as the feeding coal; apparent 
density of 3000 kg/m 3 is to be used. 
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Zero-Dimensional Models 


5.1 INTRODUCTION 

As already introduced, the simpler level of modeling and simulation for an 
equipment or set of equipments is the zero-dimensional model. No matter the 
situation, it is strongly advisable to apply this approach, at least for a first 
verification of the basic characteristics of the equipment or system operation. 

From now on, equipment or any part of it will be called control volume 
(CV). To each CV it is possible to associate a control surface (CS) that 
envelops it. 

Zero-dimensional models are based on the fundamental equations of mass 
and energy conservations, which can be applied to the whole CV or identifiable 
parts of that volume. These computations should be as rigorous as possible, 
because any conclusion on the operation of an equipment or set of equipments 
should be “air-tight” concerning mass and energy conservation. 

All professionals with a degree in an exact science are familiar to those 
conservation equations. However, they are presented here to: 

• Introduce the notation that is employed at several other points of the 
book. 

• Refresh concepts and generalizations useful to build zero-dimensional 
models, as well to evaluate their results. 

• Illustrate some calculations for cases of combustors and gasifiers. 
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The treatment below has in mind application to combustors and gasifiers in 
general. A generalization of the OD model that may be used for any equipment 
and industrial process is shown in Appendix B. That method would allow 
simulation of systems at which combustors and gasifiers are one of the involved 
equipment, such as in power generation units. 

5.2 BASIC EQUATIONS 

A CV is an open system because mass can be transferred through the CS. Energy 
can be transferred from and to a CV just as heat or work. These transferences 
can only be observed at the CS that surrounds the CV. 

The basic two equations are derived from the conservation of mass and 
energy. 

5.2.1 Mass Balance 

The general mass balance for each CV of a system composed by n cv equipment 
or parts 

® ,, , dM,cv 1 „. . 

2 _, CsR'/SR.i'CV = ——— i S tcv ^ «c:v (5 1) 

'SR 

where M lCV is the mass found in the control volume ; cv at a given time t. The 
associated parameter I informs the direction (in or out) of flow F for each stream 
i S R crossing the control surface of the control volume ; cv . That parameter takes 
the value +1 if the stream i SR is entering the CV and—1 if leaving the CV. The 
value zero is left for streams that neither enter nor leave that CV. Fig. 5.1 
illustrates the notation and a simple case where streams 1 and 4 enter and streams 
6 and 8 leave the CV, to which has been assigned the number 1. If the total 
number n SR of streams is 9,/ 21 , / 3-I , I 51 , / 7J , and I 91 are zero. This notation is 
convenient because it simplifies the application to computations where any 
number n cv of linked CVs is involved. Of course, the parameters I will be 
represented by an n SR xn cv matrix. 



FIG. 5.1 Example to illustrate the notation. 
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Of course, for a steady-state regime or OD-S models, the mass balances become 


"SR 

X ^sr4sr.iCV =0 1 < /'cv ^ «cv (5.2) 

<SR=1 


5.2.2 Energy Balance 

The energy balance—also known as first law of thermodynamics—can be 
written as 


"SR 


X ^' SR 


! SR 


f 

4s r + 

v 


2 

»/SR 

2 


+ g£/SR 


\ 

f/SR.iCV + Q/CV - W/CV 

/ 


dt 


1 < tcv < «c:v 


(5.3) 


and for a steady-state operation: 

( i \ 


"SR 

X 4sr 

! SR=I 


2 

, , «i'SR , 

«/SR + “— + gZ-iSR 


I /SR.iCV + ficv - ^:cv = 0 


1 < i'cv ^ /tcv 
(5.4) 


Unless otherwise indicated, the steady-state operation will be assumed from 
this point on. This is because most of the industrial units operate at or near 
steady-state regime, or might in some degree be approximated by that class of 
regime. The deduction of similar forms for the above equations can be found at 
any classical text on thermodynamics [40-42]. 

Equation 5.4 also employs index z' SR to indicate conditions of parameters or 
properties related to a stream, such as: 

• Enthalpies h. These should include the formation and sensible, as defined 
later in Sec. 5.4. 

• Velocities u. 

• Vertical positions z. 

Each of these values is an average computed over the cross section of the stream 
z'sr at the point it crosses the CS of a CV z cv . 

If a more relaxed language* could be employed, the notation for signals can 
be summarized as: 


* For more rigorous approach, consult Appendix B. 
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* Qicv ' s positive if it is transferred from the environment to the CV i cv , 
and negative if it is transferred from the CV to the environment. In the 
absence of adiabatic walls between the CV and the environment, heat 
is transferred from the body of higher temperature to the lower 
temperature. 

• Wj cv is positive if it is transferred from the CV i cv to the environment 
and negative if it is transferred from the environment to the CV. It also 
possible to say that work or power is positive if performed or delivered 
by the CV into the environment and negative if consumed by the CV. 
Work or power is performed by the CV in the environment if the 
interaction can be translated by the lifting of a weight in the 
environment. The CV consumes work or power if the interaction can 
be translated by the resisted descent of a weight in the environment 
(see Appendix B). 

An example is a steam turbine. It performs work (or delivers power) into the 
ambiance and usually losses heat to the ambiance or environment. Therefore, 
Wj v would be positive and Q t would be negative. 

5.2.2.1 Isenthalpic 

Modeling is the art of finding ideal representations for an equipment or process. 
These representations are very useful and allow verifying the limiting operational 
conditions or maximum possible performance of such equipment. After that, 
the application of efficiency coefficients permits determining the performance 
of real operations. 

Limiting or ideal conditions require few assumptions. For the above classes 
of equipment, the usual are: 

1. Adiabatic operation. Therefore, heat transfer through the CS is zero, 
or 

Q = 0 (5.5) 


2. No work is involved or consumed, or 
W = 0 


(5.6) 


3. Kinetic and potential energy are negligible when compared with the 
variations of enthalpy among inputs and outputs, and 


"SR 


X F ‘ sr 


< 2 
WiSR 


*SR=1 


+ gZiSR 


\ 

I f'SR.iCV = 0 


(5.7) 


In the present text a model is called isenthalpic when it operates at steady-state 
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conditions and follows requirements given by Eqs. 5.5-5.7. Therefore, Eq. 5.4 
becomes 


«SR 

X ^SR h,SR 1 (SR.iCV =0 (5 8) 

*SR=1 


It is important to stress that isenthalpic here means no overall variation of 
enthalpy. This differs from the usual concept that classifies an isenthalpic 
process just for those involving one input and one output stream with same 
enthalpy as, for instance, during throttling of a fluid through a valve, which 
also follows Eq. 5.8. 

Of course, for most of the equipment, just approximations of the adiabatic 
limit are possible. Even those with good insulations, adiabatic conditions are 
not met and only the following can, sometimes, be assumed 


«SR 

X ^VsrAsrAsr./cv » 

<SR=1 


»SR 


X ^'SR 


f 2 
M/SR 


( SR=l 


+ £mSR 


\ 

Asr./cv 


(.5.9) 


Equipment that approachs the isenthalpic model is called near-isenthalpic. 
Nearisenthalpic equipment includes combustors, gasifiers*, heat exchangers, 
mixers, valves, and distillation columns. How well they approach the limit is 
provided by the application of efficiencies, as discussed below. 


5.2.3 Efficiencies 

The literature presents various concepts of efficiency and the most important 
among those are discussed ahead. 

5.2.3.1 Efficiencies Based on Enthalpy 

The efficiency for near-isenthalpic equipment can be given by 

«SR 

X ^Sk %r/iSRX’V - ( 1 - hentaL/CV ) H ref = 0 (5.10) 

'SR=1 


which can alternatively be written in molar basis. 

The efficiency 77 ental is related to the particular definition of reference enthalpy 
// ref . For instance, in a heat exchanger that reference is defined as the enthalpy 
variation in the hot or in the cold stream. In other cases, the definition should be 


* Some gasifiers do include mixing devices, and therefore involve work rate (or power) transfer 
through its CS. However, even with these the rate is often negligible if compared with the variations 
of enthalpy among input to output streams. 
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precise because, depending on the adopted standard or reference, the basis 
could vary. However, it should be stressed that according to Eq. 5.10, decreases 
in efficiency for near-isenthalpic CVs are mainly due to heat loss to environment. 
Therefore, since no work is involved and variations in kinetic and potential 
energy are considered negligible, adiabatic process would present 100% 
efficiency. Following are some examples of commonly assumed efficiencies: 

• Combustor or furnaces, around 0.97. Here /7 r(jf is understood as the low 
heat value (wet basis), or LHV,” of the fuel times its mass flow. Note that 
efficiency here would decrease only if heat is exchanged with the 
environment. Therefore, an adiabatic combustor would present 100% 
efficiency. Standard recommendations [183] set that efficiency at 97%. 
This is completely different from the efficiency on the combustion process 
itself or combustion efficiency, which is defined as the fraction of fuel 
converted to gas-oxidized products. The combustion efficiency varies too 
much among processes; however, values around 99% are easily found. 
Notice that losses by unconverted fuel would be accounted for by the 
enthalpies in the exit stream, or by terms inside the sum of Eq. 5.10. It is 
important, once again, to stress that the term 

(1 h.'ntal,,' c , 

represents just the loss of energy through heat transfer from the control 
volume to ambiance, and not other losses, such as unconverted fuel. 

• Gasifiers around 0.97. The same observations as for combustor are 
valid. 

• Heat exchangers, between 0.96 and 0.98 for // ref as the enthalpy variation 
in one fluid passing through the exchanger times its mass flow. 

• Mixers and splitters, around 0.99 for H rd as the mass flow of the entering 
streams multiplied by their respective mass flows. 

• Boilers, between 0.95 and 0.97 for H lci , similar to that the defined in the 
case of combustor. 

5.2.3.2 Special Efficiencies 

Of course, the above equations, especially those related to isenthalpic and 
nearisenthalpic equipment, are useful for a zero-dimensional model of combustor 
or gasifier. However, it is important to stress again that the usual definitions for 
combustion and gasification efficiencies are completely different from the above. 
They cannot be related to the definition used at Eq. 5.10, just because those 
include losses due to, for instance, unconverted fuel. The main preoccupations 


* See Appendix B. 
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of such usual definitions are relative comparisons of efficiencies of processes 
and relate to how well the fuel is consumed to provide a exiting stream either 
with high temperature or high heat value as fuel. 

In the case of combustors, it is common to refer to the fraction of fuel that 
has been converted into flue gases. Typical values are: 

• For combustors consuming solid fuels, such as coal and biomass: 

98-99% in pulverized suspension, moving beds, or circulating fluidized 
beds 

95-99% in bubbling fluidized beds 

• 99% or more in combustors consuming gas or liquid fuels 

In the case of gasifiers, the efficiency based on fraction of fuel consumption is 
normally 5-10% below that found in the combustor. However, for gasifiers the 
efficiency is usually defined by the combustion enthalpy of the existing gases 
related to the energy input by the fuel, or 

Gasifier efficiency = ^° ut ^°ut (5.11) 

-ffud%uel 

where the index “out” refers to the existing gas product. Low heat value (LHV) 
is normally used for the enthalpy of solid fuel*. Some authors use the sum of 
the values of mass flow multiplied by the enthalpy of all entering streams in the 
denominator of Eq. 5.11. Actually, this is a more realistic and representative 
approach. 

Gasifier producers also provide the efficiency in two basis: 

• Hot basis. For that, the combustion enthalpy of exiting gas at 298 K should 
be added to the sensible value calculated at the temperature of the exiting 
stream. The composition should consider all components, including water 
and tar. Typical values in moving and fluidized-bed gasifiers are around 
70 to 90%. 

• Cold basis. Just the combustion enthalpy at 298 K of exiting gas should 
be used and its composition should be taken at dry and tar-free (or dry 
and clean) basis. Typical values in moving and fluidized-bed gasifiers 
vary from 50 to 70%. 

Of course, such calculations would require a much more detailed approach in 
order to estimate the composition of leaving stream from a combustor or gasifier. 


* Other authors use the HHV of the fuel. Therefore, case should be taken when comparing different 
processes. 
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That requires mass and energy balances to CVs where chemical reactions are 
involved. 

In addition to those definitions, a useful one based on exergy is presented in 
Appendix B. It may provide a very useful method for analysis of combustor 
and gasifier performance. 

5.3 SPECIES BALANCE AND EXITING COMPOSITION 

Of course, if no chemical reaction is involved in the CV, the chemical species 
do not suffer modification. The composition obtained by mixing all exiting 
streams is the same as that obtained by mixing all entering streams. However, if 
chemical reactions occur inside the CV, the composition of leaving streams 
should be known or a method should be set to determine them. 

5.3.1 Balances Involving Chemical Species 

The total flow of a stream ; SR in or out of the CV is given by 
«ep 

PiSR = X ^'CP, (SR (5.12) 

«CP=1 

where the index i (v refers to the chemical component in the stream i SR . A chemical 
component or chemical species is a represented by a single and stable molecule 
or by an atom or element. 

Combining Eqs. 5.2 and 5.12 provides 

«SR Hep 

X X ^CP-*SR ^SR.i'CV = 0 1 < i'ev £ «cv (5.13) 

<SR=1 ! ’cp=l 

In Eq. 5.3, the total enthalpy h SR in the stream i SR is the sum of the contributions 
from each chemical species present in the stream. These enthalpies include the 
formation enthalpy of each component plus the sensible enthalpy. Therefore, 
the internal energy increase or decrease due to chemical reactions is automatically 
accounted for. 

Obviously, combustors and gasifiers involve a great deal of reactions and a 
method to calculate the chemical composition of exit streams of a CV should 
be established. 

5.3.2 Chemical Reaction 

A general form of chemical reaction i can be given as 

«CP 

X v /-' E I = 0 (5.14) 

M 
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where the chemical species j are represented by chemical formula S -. In the 
present book, the stoichiometric coefficients v are positive for the products and 
negative for the reactants. In a general representation, if a chemical species j 
does not participate in the reaction i, its stoichiometric coefficient is equal to 
zero. 

As will be described in Chapter 8, the reactions between two stable chemical 
species are in fact a complex combination of several elementary reactions. The 
sequence of these reactions is called a chain mechanism of reactions. These 
elementary reactions involve stable and unstable (ions) chemical species. Most 
of the works in the area of combustion and gasification just show the global 
reaction, which is the final result of the combination of elementary reactions. 

In general terms, the rate of a reaction i can be written as 


n 


1 d 9j 
v jj dt 


= ki H p In 


m =1 


-k ["[ p;,' 


n =1 


(5.15) 


where the superior index indicates the direct reaction, and <= the inverse 
reaction. Equation 5.15 can be presented under other forms. As an example, 
when partial pressures replace the molar concentrations p. 

All reactions are the product of several elementary reactions, which compose 
chain mechanisms that lead to the global representation of a reaction. Therefore, 
most of those global representations do not follow Eq. 5.15 and the concentration 
exponents are not equal to the respective stoichiometric coefficients v. In addition, 
some forms include concentrations of other chemical species that do not take 
part in the reaction given by Eq. 5.14, such as catalyst or poisoning species. 
One example is the carbon monoxide combustion where water act as a catalyst 
and its concentration should be involved in the calculations of the reaction rate. 
These are detailed in Chapter 8. 

Usually, the reaction rate coefficients can be given as a function of temperature 
in the form 

k, =T a ‘hie~ E ' IRT (5-16) 


The parameter a, is zero in the classical Arrhenius form for such coefficients. 

Although for some situations, the activation energy can be deduced using 
the classical thermodynamics, its value and the other involved in the above 
relationship are determined through experimentation. This is also due to possible 
effects of catalysts or poisons. In the cases of combustion or gasification, an 
interfering factor in the intrinsic kinetics is the reactivity of the solid fuel. This 
point and the values of the various parameters in several reactions are discussed 
with some detail in Chapter 11 . 
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5.3.3 Chemical Equilibrium 

If the residence time within the reactor is long enough, the chemical reactions 
will approach equilibrium. At that condition, the direct and inverse rates are 
equal and the equilibrium coefficient can be written as 


*<4=Up = 

K i j=l 


«CP 


(nc r ^ 

( p\ 

n*r 

U =1 J 



"CP 

s % 

1 =1 


(5.17) 


As seen before, the coefficients k, and therefore the equilibrium coefficients K, 
depend on the temperature of the reacting environment. 

Despite the observation made before concerning possible exceptions to the 
form of Eq. 5.15, the equilibrium relationship 5.17 does not present any. The 
reason for this resides in the fact that chain reactions—composing the global 
reaction—involve unstable ions. However, at the equilibrium the concentration 
of such unstable species are negligible and only stable molecules remain. 
Therefore, at equilibrium, the global form does show the truly relationship 
between chemical species. 

Near equilibrium conditions and once the direct reaction rate is known, Eq. 
5.17 can be used to determine the rate of inverse reaction. 

It is also important to say that chemical equilibrium is possible only if physical 
equilibrium has been achieved as well. In other words, if the system has achieved 
chemical equilibrium and contains various phases, the equilibrium concerning 
the heat, mass, and momentum transfers between the phases is also established. 
Therefore, at that state no net mass or energy exchanges among the phases 
occurs. 

5.3.3.1 Computation of Equilibrium Coefficients 

As shown in Appendix B, equilibrium condition for a reaction leads to the 
following equation: 


K t = exp 


{ AG 0 




RT 

V 


7 


(5.18) 


The above equation provides a method to compute the relationship between the 
chemical species when a reaction reaches equilibrium. It is valid for conditions 
where the gaseous components might be assumed as ideal gases. For conditions 
that depart from the ideal, the pressures should be replaced by fugacities or 
activity coefficients to give [40] 
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(5.19) 


In the cases of solid-gas reactions, a reasonable approximation is to assume the 
activities of solids equal to unit [134]. Accordingly, Eq. 5.18 should include 
just the partial pressure of gaseous components. For instance, the reaction 


c+h 2 o»co+h 2 

would lead to the following relation between partial pressures at equilibrium: 




Chapter 8 (in particular. Table 8.6) presents parameters to facilitate the 
computation of equilibrium constants for several reactions. 

5.3.4 Composition of Exiting Streams 

As discussed before, a zero-dimensional model cannot determine the point-by- 
point conditions inside simulated equipment. In order to compute the conditions 
of exiting streams, most of such models are forced to assume chemical 
equilibrium at those streams, which is often a crude approximation. However, 
if the equilibrium is assumed, the final or exit composition, respectively, at or 
from a CV can be calculated. Despite the approximation, such calculations can 
be seen as a first approach that provides the basis for further improvements. In 
addition, these results might allow interesting conclusions regarding limits of 
efficiency and performance of a given process. 

Two basic approaches can be used for chemical equilibrium calculations: 
algebraic and differential. 

5.3.4.1 Algebraic Approach 

Consider the combustion of methane: 


(5.20) 


CH 4 +20 2 <=> C0 2 +2H 2 0 


Imagine that a mixture of methane and oxygen is injected into a combustion 
chamber (with or without some carbon dioxide and water). Despite the variations 
of temperature and pressure throughout the chamber, let us assume that the 
exiting conditions are known. If the initial concentrations (kmol/m 3 ) of methane 
(pCH4,o)> oxygen (p Q2 , 0 ), carbon dioxide (p c0 2 ,oX and water (p H2 o,o) are known, 
and the concentration of methane decreases of a (kmol/m 3 ), the equilibrium 
condition at the end of the process leads to 
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(pco 2 ,o +a ) 

2 

Ph 2 o,o 

( p ) 

2+1—1—2 

(pCH 4 ,o -a 

(po 2 ,o +2a 

2 

UJ 


(pco 2 ,o + a )(pH 2 o,o +2a) 

2 

(pCH 4j o ~ a )(po 2 ,o +2a) (5.21) 

The final concentrations would be 

P ; = Pj.o + v j a (5.22) 

where v, is the stoichiometric coefficient of component j in the reaction. 
Therefore, once the temperature of the exit stream is known, Eq. 5.18 allows 
the equilibrium constant to be determined concentrations in that exit steam 
computed by Eqs. 5.21 and 5.22. 

Now let us assume a process involving several reactions i (\<i<n Kl ). It is possible 
to show that for a system where several reactions simultaneously occur, the 
equilibrium will require that all of them achieve the equilibrium as if isolated 
[40]. In addition, if ideal gases are involved, the equilibrium parameters K t are 
functions of the temperature. If not ideal gases, those parameters are functions of 
temperature and pressure, In any case, if the thermodynamic state is established, 
Ki can be determined and the above equations may be solved to provide the 
concentrations of all n CP components at the equilibrium concerning reactions i. 

This method allows determining the equilibrium compositions in closed or 
open systems. In all cases, the zero-dimensional model can be applied if the 
various chemical species are in contact. 

For a CV operating in steady-state mode, the application of a zero¬ 
dimensional model would require the following conditions before chemical 
equilibrium of exiting stream could be assumed: 

• Perfect plug-flow or perfect mixing of all components 

• Large residence time in the CV 

The perfect mixing condition means that no or negligible difference in 
composition can be detected among all points inside the CV. 

The perfect plug-flow regime means that no diffusion among the various 
species is allowed. This ensures that only chemical reactions can modify the 
composition of reacting front and other effects such as diffusion among the 
present species do not disturb it. 

Presence of Other Nonparticipating Components. Very often, a chemical 
reaction occurs in the presence of other nonparticipating components such as 
inert. An example is nitrogen, for simplified models of fuel combustion in air. 
Even if nitrogen is assumed as inert, the equilibrium calculation should include 
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the inert concentration. As an example, imagine the combustion of propane in 
air and we may write 

C 3 H 8 +50 2 ->3C0 2 +4H 2 0 (5.23) 

If the concentration propane decrease by a, the final total concentration (moles 
per volume unit) at equilibrium would be 

P = fpc 3 Hg,o -a ) + (Po 2 ,o _ 5a) + (p C o 2i o +3a) + (pH 2 o,o + 4a) + (pN 2 ,o) 

(5.24) 

= Pc 3 h 8 ,o +Po 2 ,o + Pco 2 .o +3.762po 2 ,o +« 


Note that here the total number of moles in the CV does not remain constant as 
in the case of methane combustion, and the initial number of moles of nitrogen 
is just 3.762—usually molar N 2 /0 2 proportion in air, the number of moles of 
oxygen. The molar fraction can now be written and the method of solution 
would follow as explained before. 

One should notice that this form is general. For instance, it is not required 
that the initial number of moles of oxygen be stoichiometric, i.e., 5 times that of 
propane. This leaves the method useful for cases where excess oxygen or air is 
used in the combustion process. 

5.3.4.2 Differential Approach 

Observing Eq. 5.24, it is easy to imagine that the solutions should present some 
restrictions. These are related to the possible range of initial concentrations so 
the final or exit concentrations are not negative or zero. During the solution of 
a complex system, several of such restrictions may lead to cumbersome 
computations. Besides, the previous approach is limited only to zero-dimensional 
models. An alternative to that approach is to use differential equations. 

Consider a system or equipment where n m , reactions are occurring. In this 
case, the system of differential equations can be written 


dt 


i=" RE „ 

X kiVjj 


1=1 


m=«cp 

n k” 


m-l 


i n=ncp 

k 7 n 

1 n =1 


(5.25) 


This provides an excellent method to determine the chemical equilibrium for a 
system because the derivatives of concentration of chemical species j approach 
zero when the equilibrium is approached as well. Thus, if the system formed by 
the above differential equations is solved and the solution is taken for large 
residence time, the compositions would be very near those that could be observed 
at the equilibrium. The value of residence time that provides the near-equilibrium 
condition can be obtained by comparing concentrations at increasing values of 
residence time. If no meaningful variations in composition are noticed, the 


Copyright © 2004 by Marcel Dekker, Inc. 




Zero-Dimensional Models 


99 


respec-tive residence time could be used for other integrations involving the 
same system at similar temperature, pressure, and initial concentration 
conditions. In addition, the independent variable time t can be substituted by 
space, for instance, z- This may be useful for future higher dimensional models 
where one or more spatial coordinates would be considered. As an example, for 
a first-dimensional model, it is possible to write 


dpj _ 1 dpj 
dz u dt 


(5.26) 


Here u is, for instance, the average velocity in the direction of the main stream 
inside a plug-flow combustor. 

The boundary condition for each differential equation 5.25 is the average 
concentration of component j after mixing all CV entering streams. This is 
called “mixing-cup” or “bulk” entering composition. 

Various methods can be applied to solve the nonlinear differential system 
5.25. Among them there are the variable-space methods, such as Adams and 
GEAR. These methods are commonly available in commercial mathematical 
libraries. The details of numerical solutions are not in the scope of the present 
course, but an extensive literature on the subject is available [184-187]. 


5.4 USEFUL RELATIONS 

The following relations might help during calculations, as well as express the 
results in more convenient forms. 

• The mass fraction of component ‘i C p’ in the exit stream i SR ’ may be 
computed by 

Tjcp.iSR = E,SrW,cp,,SR (5.27) 


• The relation between mass and molar fractions is given by 


w '/CP.iSR 


XiCPjSvMiCP 

M iSR 


(5.28) 


or 


VCP, (SR 


W|CP,/SR / MjC p 
"CP 

X ( VV /.'SR ! M jJ SR ) 
M 


(5.28a) 
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The average molecular mass of the stream is given by 

«CP 

MiSR = ^ x j,iSR Mj.iSR 
j =1 

The molar fractions of components in the stream are 
PiCP.iSR 


x iCP,(SR 


PiSR 


(5.29) 


(5.30) 


The molar density of a stream is related to the average density of the 
stream by the simple relationship 


PiSR 


PiSR 

< v 4sr 


(5.31) 


For an initial approach, the computations for average enthalpy and entropy of 
each stream can be approximated by 

"CP 

hiSR = X lV 'CP,!SR^iCP,iSR (5.32) 

<CP=1 

«CP 

■ V ;SR = X W iCP,;SR-9CP,;SR (5.33) 

'CP=1 


More elaborate studies on these averages can be found in Refs. 180 and 181. 
The enthalpies and entropies of an ideal gas can be computed by 


h = hf + f c dT 
J J T 0 


(5.34) 


or in mass basis, 

h =hf + \ c dT 
1 Jr 0 


(5.34a) 


and 


h = hr + f c dT 
1 JPn 


(5.35) 




C dT - — In — 
To T M P 0 


(5.35a) 
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In the case of ideal (incompressible) liquid, the above equations become 



(5.36) 



(5.37) 


s = 


Convenient tables for properties, including formation enthalpies and entropies 
at the reference temperature T 0 (normally taken as 298 K), as well as the 
approximations of specific heat as a function of the temperature, are available 
in the literature [40-42,134,181]. One table for selected substances is presented 
at the end of Appendix B (Table B. 1). 

The corrections for departure from the ideal behavior can be computed using 
the Redlich-Kwong equations or even more elaborate relations. This subject 
can be found in Refs. 180 and 181 and are beyond the scope of the present text. 

Finally, for fuels the definition of representative formation enthalpy (see 
Appendix B, Sec. B.7) based on the LHV, can be used to facilitate calculations. 
In cases of combustors and gasifiers, the energy carried by exiting flow of 
unconverted solid fuel should also be accounted for. The composition of that 
residue can be calculated by the reasoning shown in Sec. B.7 as well. The above 
procedure allows treating solid fuels and residues as any other chemical species 
and to apply the energy balance equations (Sec. 5.2) without any special 
modifications. 

An example for computation of equilibrium conditions follows. 

Example 5.1 The steam reform of natural gas is a well-known process and 
described basically by 


CH 4 +H 2 0<->C0+3H 2 


(5.38) 


This reaction is usually promoted in tubular pressurized reactors at 20 bar and 
the products leave at 900°C, as illustrated by Fig. 5.2. If methane and water 
enter the reactor at the stoichiometric proportion, compute the composition of 
exit stream assuming that equilibrium was reached. Ideal gas behavior is assumed 
as an approximation. 



methane 


FIG. 5.2 Scheme of tubular reformer of natural gas. 
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Solution: Equation 5.18 should be employed. Taking the basis of 1 kmol/ 
m 3 of methane (actually, one may depart from any basis because just the relative 
concentrations are required), we have 

Pch 4 .o = 1 kmol/m 3 
Ph 2 o,o= 1 kmol/m 3 
Pco.o = 0 kmol/m 3 
Ph 2 ,o = 0 kmol/m 3 

The final concentration of methane 'Pch 4 is unknown. 

Let us now assume that methane concentration decreases by a. Therefore, the 
final concentrations would be 

Pch 4 = Pch 4 ,o ~ a = l — a 
Ph 2 o = Ph 2 o,o - a = l — a 
Pco = a. 

Ph 2 = 3 a 

Next let us compute the equilibrium coefficient by Eq. 5.17, where 



(5.39) 


where 

»CP 


p = =2(l-a) + 4a = 2(l + a) 


(5.40) 


j 


Therefore, 


1 -a 



(5.41) 


1 -a 


Xh 2° = 7,, , T 
2(1 + ci j 


(5.42) 


a 


XC ° 2(1 + a) 


(5.43) 


3 a 


XH2 2(1 +a) 


(5.44) 


4(l -a) 2 (l + a) 2 [ p o / 


(5.45) 
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where P/P 0 = 20. 

The variation of Gibbs free energy is detailed in Appendix B and computed 
by Eq. B.ll, given here: 


SjP «co 

AG 0 = £ vjjgoj (T) = £ v h , 
j =1 J =1 


+ C:dT 
J298 J 


~ rV ti 

So i + I ~dT 
J298 T 


(B.ll) 


The values for formation enthalpy and absolute entropy can be found in Appendix 
B (Table B.l), leading to 


r T 

| cdT: 
J298 


a\ 


[T-29S) + a2 {t 2 -298 2 | a 3 (r 3 -298 3 ) 


<24 


( nr \ 


f -dT = a ] In - +a 2 (T- 298) + 

J2987 [^298 J ' ' 


3 T-298 

a 3 (r 2 -298 2 ) 


(5.46) 


CI 4 


l{r 2 - 298 2 ) 


■(5.47) 


In the present case, T= 1173.15 K, and 


AG 0 — go.co + 3go,H 2 - So,CH4 " <? 0,H2O 

= [(-110600 + 26281)-1173.15x(l97.68+ 40.89)] 

+ 3x[(0 + 26885) -1173.15x (130.61+ 41.31)] 

-1 (-74860 + 50080) -1173.15x(l86.44 + 72.50)] 

- [(-241980 + 33160)-1173.15x (188.85+ 50.40)] 

= -364197-524409+328555 + 489496 = -70555 kJ/kmol (5.48) 


and 


/ 

Kj - exp 

V 


-70555 

8.3142x1173.15 


\ 


/ 


1385.2 


(5.49) 


This last result applied to Eq. 5.45 leads a single solution between zero and 1, 
or equal to 0.74411. Therefore, 


x ch 4 


1 -a 
2(1 + a) 


0.07336 


(5.50) 
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1 -a 


= 0.07336 


' H = O = 20^j 


(5.51) 


a 


= 0.21332 



(5.52) 


3 a 


= 0.63996 



(5.53) 


As seen, the natural gas reforming with steam might lead to a product with 
relatively high concentration in hydrogen. The heat value of the product is much 
higher than the reactant mixture. However, the process requires energy to happen, 
which can be computed by the energy balance, as illustrated in the following 
example. 

Example 5.2 Consider a reforming reactor into which 1 kmol/min of methane 
at 20 bar and 298 K and the same rate of steam at 400 K and 20 bar are injected. 
The products leave at 900°C or 1173.15 K. Compute the required rate of heat 
transfer to the reactor. 

As steady-state conditions prevail, no work is involved and neglecting the 
variations in kinetic and potential energy of the streams, from Eq. 5.4 it is possible 
to write 



(5.54) 


Using Fig. 5.2: 



(5.55) 


In this way, 



-(-241980 + 2393) 

18.015 v ’ 


= - 13299-3kJ/kg 


(5.56) 



-(-74850 + 6195) 

16.043 v ' 


= -4279,4kJ/kg 


(5.57) 
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hj = V Xt 3 - hr : + f 

** J " m ■ JJ J: 


j -1 M J 

0.07336 


r 1173.15 

; + Cj (IT 


J298 


(-74860 + 50080) + (-241980 + 33160) 

16.043 v ' 18.015 V ' 

+ 0,212J -(-110600 + 26281)+- 0,63996 (0 + 26885) 
28.010 v ! 2.018 v ' 

= -113.31- 850.35 - 642.16 + 8525.9 = 6920.1 kJ/ kg 


(5.58) 


Since 7q=18.015/60 kg/s, 7,=1, E 2 =16.043/60 kg/s, I 2 = 1, F 3 =7q+ /s=34.058/60 
kg/s, / 3 =-l, 

«SR 

QiCV = - X ^SR%r4sR,;CV 

'SR=1 

_ -18.015(-13299.3) +16.043 (-4279.4)-34.058(6920.1) 

60 

= 9065 kW = 9.07 MW (5.59) 

As seen, the process is highly endothermic and requires a considerable rate of 
energy input in the form of heat. 

Some processes take advantage of this by recovering energy from a turbine 
exit to reform the natural gas, which would be injected into the combustion 
chamber of the same turbine. These processes are called thermochemical cycles; 
more details can be found elsewhere [183]. 


5.5 SUMMARY FOR 0D-S MODEL 

Once the following is set: 

• The composition, mass flow and temperature of all streams entering the 
combustor or gasifier 

• The group of selected independent reactions representing the process 

• A chosen value for efficiency (77 ref ) (Sec. 5.2.3.1) 

• The pressure of existing stream (often isobaric conditions throughout 
combustor or gasifier are assumed) 

the mass flow, composition, and temperature of existing stream can be 
determined by solution of system formed by Eqs. 5.2, 5.10, 5.12, 5.17, and 
5.18. Excluding the inert ones, the number of reactions should be such to include 
all components of the existing stream. 

Therefore, the system would be formed by n CP (mass flows of all components) 
variables plus 1 (the temperature). It is a reiterative process, where the 
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equilibrium conditions should be computed after each guess of the temperature 
of exiting stream. This would provide a result for equilibrium OD-S model of a 
combustor or gasifier. 

As an example, consider carbon and air are injected into a combustor. Air is 
assumed to be composed only by oxygen and nitrogen and the last one to be 
inert. Reactions 3.1 and 3.2 can be used to form the independent system. If the 
pressure of exiting stream is known, the temperature could be guessed. Then, 
mass balance and equilibrium conditions would provide the concentrations of 
CO, C0 2 , 0 2 , C, and N 2 in the exiting stream. These can now be used in Eq. 
5.10 to provide the enthalpy of exiting stream. Since this is a function of 
temperature (Eq. 5.34 and Table B.l), the new temperature of exiting stream 
can be calculated. The process is repeated until acceptable deviation between 
temperatures calculated from two consecutive steps is reached. 

Of course, this is an approximation and should be considered with reservation 
because (1) gasifiers and combustors do not deliver streams at equilibrium 
condition; (2) the temperature computed by the 0D model is an average and not 
a real representative of exiting stream; (3) the fuel conversion is not complete 
and the correct values depend too much on the geometry, not to mention several 
other operational parameters of the process. It should be stressed that the 
equilibrium assumption usually leads to unrealistically high conversions of the 
fuel. Therefore, only the inclusions of dimensions in the model would allow 
better representation of the process. 

Despite that, the OD-S model might provide some initial information and is 
usually valuable for further development. Consider flame temperature , presented 
below. 

5.6 FLAME TEMPERATURE 

The concepts of flame temperature or adiabatic flame temperature are widely 
employed. However, these parameters have very restricted use and care should 
be exercised in their applications. This is because for every combustion process 
occurring in a chamber, the temperature varies from the entering fuel and 
oxidant average to the temperature of exiting products. On the other hand, the 
maximum adiabatic flame temperature indicates a theoretical limit that, 
although not obtainable, may be used as a reference. Its definition requires 
assuming that: 

1. Fuel (gas, liquid, or solid) and oxidant streams are injected into a chamber 
surrounded by adiabatic walls. 

2. Those streams are perfectly mixed. 

3. The reactants are at exactly stoichiometric proportion. 

4. The combustion is assumed to be an irreversible reaction. 
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In this way, the average temperature of the products would be the maximum 
adiabatic, flame temperature. 

From the above maximum value, others that might approach a more realistic 
average temperature of a post-flame mixture of gases can be obtained by 
dropping one or more of the above assumptions. In all these cases, the general 
name of flame temperature is used. However, the flame temperature would 
always be lower than the maximum, as above defined. A careful verification of 
the precise definition is always advisable. 

Computations of these temperatures are straightforward. 


Example 5.3 Consider the case of natural gas, assumed again as pure methane. 
The initial conditions for the stream (methane and air) should be set. Let us 
assume that the both are initially at 1 bar and 100°C and the air excess is 30% 
and the combustor is adiabatic. Fig. 5.3 illustrates the problem. 

The solution follows: 


• The air ratio would be 1.3. 

• Mass balance. According to our notation F! is the mass flow of stream 1, 
or air. As this is not set directly, we may work on the basis of the 
stoichiometry and compensate with the air ratio. Let us use the basis, for 
instance, of a molar flow unit of methane, i.e., 1 kmol/s. Therefore, if 
stoichiometric conditions prevail, the mass flow of air would be 2 kmol/ 
s. and molar flow of air equal to 2x1.3 or 2.6 kmol/s. The molar flow of 
stream 3 is shown below. 

• Composition of the products. Using Eq. 5.28 and air ratio 1.3, the mass 
fractions component j in stream 3 would be given by 



(5.60) 


and the molar fractions by 



methane 


combustor 


products 


FIG. 5.3 Scheme to illustrate example of energy balance for a combustor. 
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where n s is the number of moles of each component j in the formula of the 

stream 3. Looking at Eq. 5.20, «co 2 = 1 and «h?o = 2. As air is involved, 
iin 2 = 1-3 X 7.52 and the amount of oxygen left unreacted would be 
«o 2 ~ 0-3 X 2. Therefore, the total number of moles in the products 
would be 

« 3 =13.376 (5.62) 

and x C o 2 = 0.07476, x H2Q = 0,14952, x Nl = 0.73086, x„ ? = 0.04486. 

• Energy balance. Equation 5.10 or its molar basis equivalent may be 
applied. The solution would provide the enthalpies of the exiting mixture 
that can be used to find its temperature. As adiabatic conditions are set, 
one should assume efficiency equal to 100%. Of course, if losses can be 
estimated, more realist computations can be made. As said before, for 
most combustors, it is usual to assume losses on the range of 2% of the 
combustion enthalpy of the incoming fuel. In these cases H mi should be 
computed by combustion enthalpy of the entering fuel. One should 
remember to apply the concept of total enthalpy (formation plus sensible) 
when computing the enthalpies of each stream. 

• Enthalpy of methane at 373.15 K and 1 bar computed by Eq. 5.34 (see 
Table B.l). It should be remembered that in Eq. 5.34. T 0 is the temperature 
for the basis at which the formation enthalpy is given, or 298 K and in the 
present case 7’=373.15 K. Therefore, 

h 2 = -74.86 X 10 3 + 5812.7 = -69.05 X 10 3 kJ/kmol (5.63) 

• The same computation for air leads to 

F\ = 0.79 h„ 2 + 0.29 h 02 = 0.79(0 + 1656.3) 

+ 0.21(0 + 4520.7) = 2.620 X 10 3 kJ/kmol ( rv ° 4) 

• The enthalpy of exiting stream is approximately given by 

/(3 = ^xj [hfj + cj (I 3 - 298)J = xjhfj + (73 - 298 XjCj ^ ^5 ) 
j j j 

where specific heats of each component are assumed as constant, and the 
same value is the same as the guessed value for T 3 . A first guess for that 
temperature would allow us to compute the enthalpy. 

• From the energy balance, 
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ll \ = j F\ It] + ^2^2 ) 


T«( 


13.76 


2.6x 2.620xlO 3 -69.050 xlO 31 


■ 4.523 xKTkJ/kmol 


(5.66) 


As seen, a reiterative procedure would allow us to verify which temperature 
would provide the enthalpy value a given by Eq. 5.66. The achieved 
approximated value was 2200 K. 


5.6.2 A More Realistic Approach 

The flame temperature can be computed under a more realistic approach if the 
assumption of irreversible reaction could be abandoned. Such computation 
would be the same as illustrated before for a 0D-S combustor. 


EXERCISES 

5.1 Determine the adiabatic flame temperature for benzene at 298 K and 1 bar 
in air. Repeat for pure hydrogen at the same conditions. 

5.2* Consider coal with HHV rf (or at dry basis) of 30.84 MJ/kg, and proximate 
and ultimate analysis given by the tables that accompany Prob. 4.3. Assume the 
following approximations: 

Representative formation enthalpy as given by Sec. B.7. 

LHV rf can be estimated by Eq. B.41. 

Apply the reasoning at Sec. B.7 for a representative formula for the fuel 
and calculate: 

a. Composition of exiting stream from complete combustion 

b. Adiabatic flame temperature in pure oxygen injected at 298 K 

5.3** Pulverized graphite (almost pure carbon) is fed into a combustor operating 
at 1 MPa. Air is supplied at 10% excess. If the exiting stream is leaving the 
reactor at 1000 K, determine its equilibrium composition. 

5.4** Develop a block diagram to compute composition and temperature from 
a combustor or gasifier using a zero-dimensional model. All conditions of 
injected streams are known. Follow instructions given in Sec. 5.5. 

5.5** Develop a small computer program to calculate specific heat, enthalpy, 
entropy, and specific heats of real gases. Assume temperature and pressure as 
input. Compare the values obtained for hydrogen and steam at 800 K and 0.1 
MPa with those found in Table B.l. Repeat for pressure of 10 MPa. 
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5.6** Develop a routine to compute the Gibbs free energy specific value and 
the variation of Gibbs free energy (see Eqs. B.8a and B. 11) for a mixture where 
the composition (molar or mass basis), temperature, and pressure are given. 
Then, for the same inputs, write another to compute the equilibrium constant of 
a given reaction i (therefore, with values of Vy). 

5.7*** Improve the routines developed for Probs. 5.4 and 5.5 in order to provide 
corrections for nonideal behavior of gases. Apply, for instance, Redlich-Kwong- 
Soave corrections (Appendix B) and data from the literature [181]. 

5.8** Repeat Prob. 5.2 in which case the combustor efficiency could be assumed 
as 98% on the basis of the total combustion enthalpy of entering fuel. 

5.9** Two streams are continuously fed into a reactor, which operates at a 
steady-state regime. The first stream of pure hydrogen, at 1000 K and 2 MPa, is 
injected at 10 kg/s. The second one of a mixture with 40% oxygen and 60% 
carbon dioxide (molar percentages), at 500 K and 2 MPa, is injected at 20 kg/s. 
If the three global reactions 

2H 2 +0 2 <=> 2H 2 0 

co 2 + h 2 ^co+h 2 o 

2CO + 0 2 <=> 2C0 2 

take place and the exit stream is at equilibrium, determine its composition and 
temperature. Assume isobaric and adiabatic reactor, as well as ideal gas behavior. 
Note that any one of the above reactions can be written as a combination of the 
other two. Therefore, for the calculation of equilibrium composition, one of the 
above reactions should be eliminated. 

5.10** Using the conditions of the previous problem, compute the variation of 
entropy in the reactor and the total energy generated due to the reactions. 

5.11** Estimate the adiabatic flame temperature for natural gas in oxygen and 
air burning in a combustor at 3 MPa. Assume the following molar composition: 

Methane: 92.47 
Ethane: 3.57 
A'-Propane: 0.79 
A'-Butane: 0.35 
A'-Pentane: 0.07 
/V-Hexane: 0.07 
Nitrogen: 2.01 
Carbon dioxide: 0.67 
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5.12** A stream of 1 kmol/s of steam at 1000 K carries same amount of pulverized 
graphite (initially at 298 K) into a well-insulated reactor operating at constant 
pressure of 1 MPa. Determine the composition and temperature of exiting stream. 
Assume that the two following reactions are present in the process: 

c+h 2 o<=>co+h 2 
co 2 +h 2 <=>co+h 2 o 

5.13** Using the general procedure shown for zero-dimensional simulation of 
a power unit of various linked equipment, shown in Appendix B (Sec. B.5), try 
to set the system of equations to obtain temperatures, mass flows, and 
compositions of all streams of a simple process, shown Fig. 5.4. How many 
input conditions would be necessary to ensure that a square system of equations 
could be obtained? 

5.14*** Write a program to simulate the process described in Prob. 5.13. Use 
any computational language. 


compressor turbine 



combustor 


exhaust 

FIG. 5.4 Scheme of a simple power system. 
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Introduction to One-Dimensional, 
Steady-State Models 


Despite its simplicity, in special situations or geometries, the one-dimensional 
approach for combustion may lead to reasonable representation of a real situation, 
even for cases when pulverized carbonaceous solid is used as fuel [135,136]. 

This chapter introduces one-dimensional, steady-state models. To accomplish 
this, a simple model for plug-flow gas combustion is presented. As will be 
discussed below, even that process involves complex aspects. For now, the 
intention is just to illustrate a methodology for dealing with fundamental 
equations; therefore, there is no preoccupation in showing numerical solutions 
at this time. Considerations regarding the assumptions, as well as ways to 
improve that first treatment, are made. 

6.1 DEFINITIONS 

Let us assume the plug flow of a fuel gas in a cylindrical chamber, as shown in 
Fig. 6.1 . It is easy to imagine that, given the appropriate conditions, a combustion 
process will occur. However, there are marked differences among the possible 
characteristics of such a process. 

The region of space called flame zone or flame front concentrates almost all 
reactions of the combustion process, and there are two basic types of flames: 

• Premixed flame, in which the reactants (fuel and oxidant) are perfectly 
mixed before the reaction zone 
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combustion 

chamber insulation 



FIG. 6.1 One-dimensional flame. 


• Diffusion flame, in which the reactants diffuse into each other and react 
in the process 

The speed of the combustion front through a reacting mixture, with premixed 
flames, falls into the following possibilities: 

1. Deflagration is the process where the flame front travels through the 
combustion media at subsonic speed. In this process, there is a slightly 
decrease in the pressure, i.e., P 2 <P\. This, combined with the great increase 
of temperature, leads to a considerable increase in the velocity, i.e., u 2 >>u,. 
This is the main reason behind the efficiency of gas turbines employed in 
aviation, where high kinetic energy of exhausting gases leads to high 
gains of momentum by the aircraft. 

2. Detonation is the process where the flame front travels through the 
combustion media at supersonic speed. In this process, there is a 
considerable increase in the pressure, i.e., P 2 >>P i. Despite the great 
increase in the temperature, the increase in pressure leads to a decrease in 
the velocity, i.e., u 1 <u l . 

At this point, it is impossible to decide in which path or characteristics a given 
situation will fall. Experimental verification or coherent modeling and solution 
of the derived equations may show. However, most industrial combustors operate 
under deflagration. 

6.2 FUNDAMENTAL EQUATIONS 

Before setting a model to describe the system of equations that governs the 
process, let us make some considerations. 
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Considerable changes in temperature, velocity, pressure, and composition 
occur in the combustion chamber. Therefore, density, viscosity, thermal 
conductivity, diffusivities, or any other property cannot be assumed as constants 
throughout the chamber. However, the differential balances are usually used to 
set the system of differential equations for numerical solutions. During these 
solutions, the equations are solved for a very large series of small control 
volumes. The solutions for variables (such as temperature, pressure, velocity, 
and concentration) are used to set the boundary conditions for the next small 
volume. Thus, the assumption of constant values for the properties at each 
individual cell is usually a good approximation, as long as numerical methods 
are applied to small finite volumes. Notice that this does not hamper the 
possibility of large variations of properties throughout the combustion chamber. 

Any computer program used to solve the system stem of differential 
conservation equations needs assistance from a bank of physical-chemical 
properties. This bank would be assessed several times at each point in order to 
recalculate the various properties. The literature provides several correlations 
that allow building those banks [134,180,181,189]. 

Equations listed in Appendix A assume Newtonian fluid. This is usually the 
case for processes involving combustion of gases and most liquids. For solids, 
this is also not a problem because dissipations by shear stresses are negligible 
in almost all situations. 

The example shown below assumes laminar flow. This is a feeble hypothesis 
in most cases of combustion processes because drastic variations in velocity 
and thermal field are present. Localized increases on the temperature of the 
fluid greatly affect the velocity and pressure fields. Therefore, turbulent flow is 
almost inevitable. 

Of course, the conservation equations (mass, momentum, and energy, as 
appear in Appendix A) are also valid for turbulent flow. However, turbulent 
flow introduces fluctuations in the velocity field and the Newtonian treatment 
for the shear stresses are not enough to represent the reality of momentum 
transfers. Special formulations for the viscosity are a way to model such flow, 
and are called closure strategies. A brief introduction to these and a few other 
aspects related to turbulence are presented in Appendix E. 

At this point, the objective is just to introduce the method applied throughout 
the book for building up the model from fundamental transport equations and 
not to develop a general approach for combustion in chambers. The subject of 
flames, especially turbulent ones, is beyond the scope of the book. As stressed 
in the Preface, this text is mainly dedicated to introducing models for packed 
and bubbling fluidized beds. Therefore, it does not include general models for 
combustion of gases in chambers, nor for pneumatic transported pulverized 
solid fuels. The literature on models for such cases is vast (see Refs. 135-137, 
190-192, to mention few). 
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For the present, consider the following simplifying conditions and 
hypotheses: 

A. Steady-state regime. 

B. Plug flow is assumed for the gas throughout the chamber without rotational 
movements. Therefore, there are no other velocity components besides 
the one in the 2 or axial direction. As the velocity of flowing gases vanishes 
for positions at the reactor cylindrical wall, one may argue that this 
hypothesis of flat velocity profile is unreasonable. For instance, in 
nonreacting, isothermal laminar flows, the profile is parabolic. However, 
the present first approach assumes laminar flow in which the velocity at 
any radial position will be equal to the average value at a given axial 
position 2 . This is also called imiscid flow. 

C. Tubular reactor is perfectly insulated at the sidewalls. No heat transfer is 
verified in the radial direction. This leads to flat temperature profiles in 
the radial direction. 

D. Heat dissipations by viscous effects and by diffusion are negligible as 
well the influences of one basic transport phenomena into another (Dufour 
and Soret effects). The reader finds a description and discussion of Dufour 
and Soret effects in Ref. 1. 

E. Heat transfer by radiation is also neglected. This assumption deserves 
some discussion later in this chapter. 

F. In all cases, gravity effects are negligible. 

G. Slow reactions. The fuel gas and/or the oxygen are assumed very diluted 
at the injection point. Therefore, turbulence might be avoided due to slow 
oxidation rate. 


Adopting a cylindrical system of coordinates (Appendix A, Table A.2), the 
governing equations follow: 


1. Continuity for the mixture. From simplification A, the first term of Eq. 
A.7 is equal to zero. Assumption B forces all velocity components to 
vanish except the one in the flow or 2 direction, which will be just called 
u. Therefore, all derivatives in other directions are also equal to zero and 
it is possible to write 


d (pi/) 
dz 


= 0 


( 6 . 1 ) 


2. Continuity for each individual species j (among the n present chemical 
components). In Eq. A.8: 

a. According to simplification A, the derivative against time is zero. 

b. According to simplification B, there is no other velocity component 
but in the axial direction. Therefore, that equation becomes 
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do, dpj 

u~ l = Dj—^~ + Rmj 1 

dz dz 2 


( 6 . 2 ) 


Here the approximation of an average diffusivity D, of component) in 
the mixture of gases is assumed. As seen, the concentration profiles 
will be flat as well, and therefore not vary at radial positions. 

3. Momentum conservation or motion equations can be obtained from Eqs. 

A.10-A.12. However, notice that: 

a. Simplification A leads to no derivative in time. 

b. Simplification B eliminates all terms with velocity components other 
than in axial 2 direction. It also leads to pressure variations only in that 
direction. 

c. Simplification F eliminates all terms with gravity components. 

d. Simplification G might avoid creation of turbulent conditions at the 
vicinity of oxidation front and beyond. 

Therefore, Eqs. A. 10 and A. 11 render trivial and A. 12 can be rewritten as 


du 
p u — 
dz 


d 2 u dp 



(6.3) 


4. A simple differential equation for the energy balance can be obtained 
from Eq. A.9 by: 

a. Eliminating the time derivative due to condition A 

b. Eliminating all terms with velocity components in the radial and angular 
directions due to condition B 

c. Eliminating all terms multiplied by viscosity due to condition D 
Therefore, it is possible to write 


dT 

upc — =\ 
dz 


d 2 T 

dz 2 


+ Rr, 


(6.4) 


Special attention should be paid for the last term, which represents the rate of 
energy transformation of chemical potential into internal energy of the fluid. 
In other words, the exothermic chemical reactions would provoke increase in 
the temperature of the control volume or decrease in cases of endothermic 
reactions. It is also important to stress that in a combustion process both 
exothermic and endothermic reactions are usually present. The exothermic 
oxidation of fuel is much faster reaction than the others, such as the one 
between carbonaceous fuel and water. Therefore, the overall effect is an 
increase of temperature and volume. In addition, as the temperature varies in 
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the axial direction, heat transfer by radiation in that direction should be 
expected. However, the fundamental energy transfer equations presented in 
Appendix A do not explicitly show those terms. The inclusion of radiative 
transfers in such problems is not a trivial task. Emissions, absorption, and 
scattering by interfering media should be considered. The flux method allows 
such treatment [198-209], but it is beyond the scope of the present book. On 
the other hand, in some situations the effects of radiative heat transfer might 
be mimicked by an over estimation of thermal conduction. Even convection 
terms might be added to the fundamental equations either as isolated terms or 
as part of the energy source (or sink) term R a . 

Let us further illustrate how the system formed by Eqs. 6.1-6.4 can be 
solved to produce the profiles of velocity, temperature, and concentrations— 
called here primary variables. The system provides 3 +n equations, which is 
also the number of primary variables. The auxiliary parameters or secondary 
variables (global density, viscosity, specific heat, thermal conductivity, 
diffusivity, energy, and mass sources) can be calculated using the primary 
variables. 

Starting with Eq. 6.1, the global density p can be expressed in terms of the 
concentrations of all chemical species by 

n 

P = XP J (6.5) 

j =i 

The thermal conductivity, viscosity, and diffusivities can be computed as 
functions of temperature, pressure, and composition. For this, methods for 
evaluation of properties of pure components as well their mixtures should be 
applied [180-181]. As a first approximation, averages based on molar or mass 
fractions might be used. 

The sources of each chemical species j or R Mj appearing on last term on the 
right side of Eq. 6.2 can be evaluated using the information given by the kinetics 
and stoichiometry of the reactions involved in the process, or 


R M,j - Af jR-mj 


(6.6) 

60 

tc* 

Wf 

sT 

ii 

\<j<n 

(6.7) 


Here, the last term in the summation is the rate of reaction i and the term before 
it is the stoichiometric coefficient of component) in that reaction i. Numbers 41 
and 60 shown in the last summation follow the convention of numbering 
reactions, which is introduced in Chapter 8 (Table 8.5). For now, it is enough to 
know that any number of gas-gas reactions can be included. 
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The energy source term, or the last term of Eq. 6.4, can be computed by 

n 

R Q = ~2j h j R M,j ( 6 . 8 ) 

M 

where the total rate of production (if negative is consumption) of chemical 
component j is given by Eq. 6.7 and the total enthalpy of a component or chemical 
species by Eq. 5.34, or 



6.2.1 Boundary Conditions 

6.2.1.1 A Classification for Boundary Conditions 

The system stem of differential equations formed by Eqs. 6.1-6.4 can provide 
a general solution for the problem blit not one applicable to particular real 
situation. For this, a coherent set of boundary conditions is necessary. 

In order to allow discussions on the boundary conditions for that or any 
other model, it is useful to organize and set a classification for boundary 
conditions, as follows: 


1. First-kind boundary conditions are those that set values for the transport 
variable (velocity, temperature or concentration) at certain values of the 
independent variable or variables. This category is subdivided in two 
others: 

a. The initial condition sets the value at a position or time set as zero, and 
is represented by 

T(z=0)=T 0 (6.10) 

b. The intermediate or final condition sets the value at any other time or 
position different from the initial or origin marked as zero, or 

T(z=a)=T„aJ=0 (6.10a) 


2. Second kind boundary conditions are those that set values for the transport 
flux or flow (rate of momentum transfer, heat flux, or mass flux). In other 
words, a derivative of the transport property has its value set. An example 
is the condition 


dT 

dz z=o 


= a 


( 6 . 11 ) 
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where a is a constant. Again, this kind of boundary condition can be 
subdivided as before, i.e., initial or final/intermediate. 

3. Third-kind boundary conditions are those that set a relationship between 
values of flux and the transport variable at a given space position or time, 
for instance, when the heat fluxes by conduction and convection are the 
same at the interface between a solid and a fluid, or 



dz ~o 


= a[r( z = o)-r.] 


( 6 . 12 ) 


This kind of boundary condition (BC) can also be subdivided as before, 

i.e., initial or final/intermediate. 


A boundary value problem (BVP) is the combination of differential equations 
and the set of necessary and sufficient boundary conditions to solve that problem. 
In order to obtain a coherent single solution of a BVP, one boundary condition 
should be assigned to each derivative of the concerning variable. Needless to 
say, that the difficulty of solution of a BVP usually increases for higher classes 
of boundary condition. For instance, if the BVP were one dimensional with just 
one dependent variable, a single BC would be required. If, in addition, the BC 
is a first class and initial type, the numerical solution is generally easily achieved. 
This is because the numerical solution would start from a given initial value of 
the dependent variable and progress to obtaining values for that dependent 
variable at all values of the independent variable. To visualize this, let us take 
Eq. 6.4 and imagine the simplified problem where the density and velocity are 
constants and the conductivity term could be neglected. Therefore, Eq. 6.4 would 
become a one-dimensional ordinary differential equation. The temperature of 
the entering mixture in the combustion chamber can be easily measured. 
Therefore, the initial condition is known, or T=T 0 at z=0. If the reaction rate 
could be simplified as solely a function of the temperature, that differential 
equation could be easily solved. However, if one-dimensional boundary 
condition type lb is the only available, even this apparently simple problem 
could lead to complications. For instance, if only the temperature (T=Ti) at a 
given intermediate position (say, z=z,) of the reactor is known, the solution 
would require: 

1. A first guess in the value of the temperature at z=0 

2. The numerical solution until the position z=z, is reached 

3. Comparison between the computed value of temperature at that position 
and the actual one, 7j 

4. If the difference between the computed and actual temperature is above 
an expected or acceptable level, returning to step 1 for a new guess of T 
at z=0. 
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The above procedure should be repeated until the difference between computed 
and actual values of temperatures drop below the acceptable deviation or error. 
This is an example of a convergence problem. Commercially available 
computational libraries provide efficient numerical procedures that lead to fast 
convergence. 

Let us imagine now the same above one-dimensional problem if setting a 
second-kind final boundary condition or derivative at remote positions of the 
reactor is required. The iterative procedure would need to compare computed 
and actual values of derivatives of temperature. Usually, derivatives are more 
sensitive than main variable to changes in the independent variable. Therefore, 
the convergence would probably be much harder to achieve. 

The difficulty might rise to considerable levels if one has to solve more 
complex systems of differential equations, such as given by Eqs. 6.1-6.4. Useful 
advices on how to progress toward a solution in such situations are discussed 
ahead. 

6.2.1.2 The Present Case 

In order to set a complete BVP for the system formed by Eqs. 6.1-6.4, the 
following BC should be assigned: 

1. Two boundary conditions for the velocity (Eqs. 6.1 and 6.3) 

2. 2 n boundary conditions for the concentrations (Eq. 6.2) 

3. One boundary condition for the pressure (Eq. 6.3) 

4. Two boundary conditions for temperature (Eq. 6.4) 

Of course, depending on the actual conditions of the specific case, the modeler 
should: 

• Simplify the problem even further to establish a gradual approach to more 
complete and realistic models 

• Recognize the boundary conditions at each level of approach 

6.2.2 Some Comments on the Continuity Equations 

Before progressing to further simplifications of the above problem, it is important 
to recognize and understand the contributions of each term in differential 
equations, as follows: 

• Apart from the global mass (Eq. 6.1), all continuity equations (Eqs. 6.2- 
6.4) present similar form, i.e., the left side with the first derivative of the 
main variable and the right side with a second derivative of that variable 
added by the last term, representing a source (or sink) term. 


Copyright © 2004 by Marcel Dekker, Inc. 


Introduction to One-Dimensional, Steady-State Models 


121 


• Usually, the first derivative (on the left) and the second derivative (on 
the right) represent opposed influences. The former reflects increases 
or decreases in the main dependent variable due to the source or sinking 
term, while the latter moderates those increases or decreases. This 
last is called a dissipative term. As an example, in cases of progressing 
combustions, where commanding reactions are exothermic, the first 
term of Eq. 6.4 would be a positive derivative. It would be very high 
value unless a dissipative or smoothing factor is present. This 
smoothing effect is represented by the second derivative in the right 
side, which decreases the rate at which temperature increases. This 
happens because too high a temperature at a given position would 
lead to the increase of conduction process to the vicinity. Similarly 
for Eq. 6.2, high values of concentration would increase diffusion to 
vicinity. In Eq. 6.3, high value of velocity would increase viscous 
dissipation of the momentum. As seen in all cases, fast increases or 
decreases of main variable have their rates reduced by the influence 
of dissipative terms. In other words, the second derivatives represent 
the action of smoothing the profile of main variables throughout the 
reactor and decrease their localized peak values. 


6.2.3 Simpler Level of Attack 


The present treatment is too simple to describe a gas-gas combustor, and does 
not intend too. However, the author believes that this example is interesting to 
demonstate the typical procedure of modeling. 

As recommended before, one should start by the simplest model and evolve 
to ones that are more complex. Comments on the usual criteria to decide which 
is the acceptable level of deviations have already been made in Chapter 1. 
Nonetheless, it is important to stress that for most situations the very process of 
obtaining the numerical solution of the differential equations might provide a 
good indication of the model coherence. For instance, difficult convergences, 
impossible computed values, among others, might indicate unrealistic models. 
As expected, it is not common to achieve a good model in a first trial. Modeling 
is an iterative process and the following discussion might illustrate this 
characteristic. 

Several simplifications have already been made in order to write the equations 
above. 

However, let thus go even further by assuming: 

1. A fluid with no viscosity. In this case, Eq. 6.3 becomes 


du dp 

p u — =- 

dz dz 


(6.13) 
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As commented before, the second derivative in Eq. 6.3 provides a 
decrease on the value of the first derivative on the left side. Therefore, it 
represents a dissipative factor where viscosity is the physical parameter. 
The suppression of second derivative will lead to higher values of the 
first derivative and therefore shaper variations of the velocity. This may 
or may not be acceptable and only the experimental procedure can show 
the size of deviation caused here. As the viscosity of gases is much 
lower than for liquids, it is understandable why the assumption of inviscid 
flows in the cases of gases in less critical than the same for the cases of 
liquids. 

2. No thermal conductivity. In this case, Eq. 6.4 becomes 
dT 

pcu— = R Q (6.14) 

dz 


As above, the term of conductivity acts as a smoothening factor on the 
temperature variations due to possible sudden surges caused by exothermic 
(or endothermic) chemical reactions. Again, the second derivative provides 
a decrease in the value of the first order derivative. On the other hand, 
thermal conductivity of gases is much smaller than for liquids. That is 
why the simplification of not including such term is usually less critical 
for cases of gases than for liquids. Another aspect concerns heat exchange 
by radiation, which has been neglected here. This might be reasonable 
for cases of relatively low temperatures or when the involved gases are 
not good thermal radiation absorbers. At low temperatures—usually below 
500 K—the heat exchange by radiation is negligible if compared with the 
conductive and convective transfers. However, if the concentrations of 
gases such as carbon dioxide and water are high, the inclusion of radiative 
heat transfer might become mandatory. As an additional process of heat 
transfer, radiation would help to smooth even more the temperature 
profiles. 

3. Neglecting the diffusion effects allows writing Eq. 6.2 as 


dp j 

u - = Rj 1 < j < n 

dz 


(6.15) 


The same considerations as before can be made. Eventual surges on 
concentrations of products due to chemical reactions are decreased by 
diffusion or second derivative terms. In other words, when the reaction 
provokes a fast increase in the concentration of a product or chemical 
species, the higher localized concentration leads to increases on the 
diffusion transport of that component and therefore moderation on the 
effects of that surge. However, the diffusion provides a velocity field that 
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superimposes the velocity of the mass center. The higher the average 
velocity, the smaller will be the relative effect of diffusion in the 
concentration profiles. Therefore, the second derivative might be neglected 
in cases of relatively high global mass flow. 

If the simplifications above were implemented, the system to solve would be 
formed by Eqs. 6.1 and 6.13-6.15. Of course, the auxiliary equations 6.5-6.9 
continue to be necessary for the solutions. The number of variables ( T, P, u, p„ 
7=1,..., n) and equations continue to be the same, or 3 +n. However, the required 
number of boundary conditions drops to just 3 +n. These would be, for instance, 
the values of average velocity, temperature, and pressure, plus the concentrations 
at the reactor entrance. These are boundary conditions type lb and simpler to 
set because the conditions at the reactor entrance are usually known. This is the 
simplest B VP. Nonetheless, one should be aware that such simplicity might be 
misleading. For instance, if the temperature set at the reactor entrance is too 
low, very low temperature derivative would be computed at 2=0. Below a certain 
value ofpositive derivative, the temperature may stay the same or low throughout 
the reactor. In other words, it lacks a “spark” for the reactions to start. This 
might provide a trivial solution where all variables would remain unaltered 
throughout the reactor. Of course, this is not the expected behavior of a 
combustor. In a real steady-state operation of a combustor, heat is transferred in 
all directions, including the backward direction. Therefore, the hot regions ahead 
provide the necessary positive derivative of temperate at the reactor entrance. 
In order to escape from this situation, one might imagine changing that first 
type of boundary condition and applying a second type of boundary condition, 
similar to Eq. 6.11. The idea is to impose a large positive derivative for the 
temperature at the reactor entrance (z=0). However, without the complete solution 
of the model, the value of that derivative is not known and an arbitrary value 
should be guessed. That guess could be checked if another value of temperature 
is precisely known. Let us imagine, for instance, that the temperature at reactor 
or combustion chamber exit is known. Thus, a derivative at z=0 would be guessed, 
and after the solution the temperature at exiting condition would be compared 
with the previous guess. The procedure could even employ sophisticated methods 
to set new guesses at z=0 until the convergence is achieved. 

For most of combustion cases, this level of modeling leads to stiff differential 
systems of equations. This happens because as the combustion reactions progress 
the temperature becomes too high, leading to further increase in rates of 
exothermic combustion reactions. Consequently, the temperature increases even 
faster and a snowball process takes place. If derivatives become too high, the 
convergence of the numerical solution would demand decreasing increments 
of step sizes on the space variable z. Very often, commercial packages for 
numerical solutions of differential equations provide some warning or even 
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safety devices that stop the processing for too stiff differential equations. Only 
for very diluted fuel gases might the problem not happen. However, for 
combustions involving higher concentrations of fuel and oxidant, there might 
be no other alternative but to include the second derivatives, as shown in Eqs. 
6.2-6.4. This is not to mention the probable need to add a second dimension as 
well turbulence treatment (Appendix E). 


6.2.4 Solutions for Equations with Second Derivatives 

As seen, the inclusions of second derivatives provide more realistic modeling 
and predictions of velocity, temperature, and concentration profdes throughout 
the combustion chamber. This is also valid for any plug-flow chemical reactor. 
However, this might impose a price, which should be paid in terms of 
computational effort necessary to solve the system of differential equations. On 
the other hand, adding second derivatives could be beneficial. As seen, 
conductivity term on the energy balance tends to smooth the temperature profde. 
Consequently, its introduction may avoid stiffness during the solution of the 
differential system. 

The discussion below has the objective to present a possible route for the 
solution of systems involving second-order derivatives in the space 
coordinate z. That system can be transformed into another with just first- 
order differential equations through the application of auxiliary functions. 
For instance, if 

du „ 

— = ** (6.16) 
dz 


Eq. 6.3 would lead to 

d%u _ 1 dP | pu g 
dz ft dz |x u 


(6.17) 


The same can be applied to the temperature and Eq. 6.4 would be written by the 
combination of 



(6.18) 


d% t_ 
dz 


-A + ££ u5r 

X X w 


(6.19) 
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Similarly, for the cases of concentrations or Eq. 6.2 by 



( 6 . 20 ) 


and 



( 6 . 21 ) 


The system (6.1, 6.16-6.21, added by 6.5 and 6.9) would comprise 5+2 n first- 
order differential equations and the same number of unknowns, or T, P, u, q,„ q 7 , 
^My(/'=l,...,n), pj(j=l,...,n). 

The obstacle now is to obtain all the necessary boundary conditions. One 
should notice that initial (or z= 0) conditions for primary variables T, P, u, p, 
0=1,..., n) could be easily measured. However, their derivatives do not. Again, 
if one sets relatively cold initial temperature and derivatives as zero, the process 
may not “spark.” The consequences of that have already been explained. As 
before, the alternative is start from a relatively low positive value for the 
temperature derivative. After a first run of the program, the conditions could be 
compared with the real measures and a trial-and-error procedure might indicate 
the minimum derivative that allows reasonable representation of the combustion 
process. 

6.3 FINAL COMMENTS 

A relatively simple model for the combustion of gases in tubular plug-flow 
reactor has been introduced. Despite the apparent simplicity, the above 
differential system is highly coupled, i.e., the properties as well as reaction 
rates are strongly influenced by temperature and pressure. Solutions of such 
systems are possible through numerical procedures and methods easily found 
in the literature [184-187]. In addition, commercial packages of mathematical 
routines, such as IMSL and MATLAB, are very convenient. 

Of course, even considering the second derivatives or diffusion terms, the 
present model still represents a strong simplification of a real process. The flow 
of gases in an industrial combustor is far from laminar and plug flow. Turbulence, 
vortices, reverse velocities are the norm. Actually, the fact the returning of hot 
streams to positions near the fuel entrance or injection point ensures stability to 
the flame. The hot gases help to ignite the incoming mixture of fuel and oxygen. 
Therefore, the combustion takes place at points nearer the injection point (or 
burner) than it would be predicted by the models shown in this chapter. Of 
course, in a real situation the temperature, velocity, and concentration profiles 
would be quite different from those that would be predicted by the simple models 
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presented here. More realistic approaches would require considerable increase 
in the complexity of differential equations. This is beyond the scope of the 
present introductory text, and for such cases the application of commercially 
available packages on CFD, or computational fluid dynamics, is recommended. 
However, one should be aware that even for such applications, understanding 
regarding the involved phenomena and processes is always required. 


EXERCISES 

6.1* Show that for the case of ideal gases, Eq. 6.1 can be written as 


du 

dz 


J_ \_dP_ 
T dz P dz 


( 6 . 22 ) 


6.2** Equation 6.22 is not necessary to solve the system of Eqs. 6.1-6.4. 
However, in the cases where ideal behavior for the mixtures of gases flowing 
through the chamber is very near the reality, how would you conciliate that into 
that system of differential equations? 

6.3** From the simplest model, represented by Eqs. 6.1 and 6.13-6.15 and the 
more realistic one represented by 6.1-6.4, intermediate steps can be set. In this 
way, what would you consider the first simplifying assumptions to be dropped? 
Write the system of equations that represents this intermediate model. 

6.4** Imagine that a rotational motion is imposed to the gas stream injected 
into the tubular steady-state reactor. Therefore, simplification B (Section 6.3) 
should be modified and just radial velocity component could be assumed as 
zero. Maintaining all other simplifying hypotheses, write the system of equations 
to allow computations of velocities, temperature, pressure, and concentration 
profiles in the reactor. 

6.5*** If the steady-state condition for the operation of the reactor could no 
longer be applied, how would the system of equations as shown in Sec. 6.3 
become? Indicate the boundary conditions for such a system. 

Such processes are called dynamic and are very useful to study the behavior of 
a reactor or system under progressive or sudden changes in one or several 
variables. These studies are central to the development of controlling devices. 


Copyright © 2004 by Marcel Dekker, Inc. 




7 


Moving-Bed Combustion and 
Gasification Model 


7.1 INTRODUCTION 

As mentioned before, the basic philosophy for the present course is to teach 
through examples. Having this in mind, a one-dimensional model for moving- 
bed gasifiers or furnaces is shown. 

As also previously discussed, a combustion process is a particular case of 
gasification. The model presented here considers the important reactions that 
usually take place in gasification and combustion processes. Therefore, such a 
model can be used to build simulation programs for either combustors or 
gasifiers. The same approach has been used by several other workers [136,145, 
210-212,214,215], 

There is a long list of publications on modeling of fixed-or moving-bed 
combustors and gasifiers. Most of them employ a one-dimensional model. Good 
reviews and convenient tables showing the main aspects of each model can be 
found, for instance, in Refs. 136 and 144. However, differences among models 
could not be fully appreciated without a basic experience on the subject. The 
model presented here may serve as introduction to allow that. 

Figure 3.4 shows a schematic view of such equipment. As one may recall, in 
the countercurrent or updraft type the solid carbonaceous particles are fed at the 
top of the reactor and slowly flow to the base where the solid residual is withdrawn. 
The combustion and gasification agents—normally air and steam—are injected 
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through the distributor at the base. The produced gas—mainly composed of 
carbon monoxide (if operating as a gasifier), hydrogen, carbon dioxide, and 
nitrogen—is withdrawn at the top. Chapter 3 also describes the other types of 
gasifiers. Let us concentrate now on modeling the updraft type. 

In this equipment, the particles maintain the same contact as found in a fixed 
bed of solids, and due to this it is often called fixed-bed gasifier or combustor. 
Of course the name is improper for a continuous operation because the particles 
travel through the equipment. 

As commented before, moving-bed gasifiers and furnaces have been largely 
used due to their simplicity and degree of controllability. Several large as well 
as small units can be found throughout the globe. 

7.2 THE MODEL 

As seen, various phenomena are involved in the gasification process such as 
drying, devolatilization, gasification, and combustion. They include a great 
amount of combined phenomena such as homogeneous and heterogeneous 
chemical reactions, heat, mass, and momentum transfers, particle attrition, etc. 
Of course, if one starts locking the process from the side of all its possible 
complexity, the task of modeling would seem terrifying. Yet, several 
mathematical models for gasifiers and combustors have been built and continue 
to provide excellent reproductions and predictions of industrial-scale operational 
conditions. In this way, they have proved to be useful and important tools for 
equipment design and optimization. Therefore, it is important to assume the 
optimist approach and imagine the process in a simplified way. Of course, the 
degree of simplification or complexity is a relative concept, but this is exactly 
the point that makes modeling a creative task. 

The general discussion of the level of modeling (zero-, one-, or three- 
dimensional) to be chosen has been presented in Chapter 1 . In the case of moving- 
bed gasifiers or combustor, a one-dimensional model has been adopted. This 
level provides the highest benefit-cost ratio among all possible levels of 
modeling, at least for moving-bed reactors [144,210-212]. In addition, it 
provides almost all the necessary information needed for engineering design 
and process optimization. 

7.2.1 The Model Chart 

The first task is to develop a model chart, which is a scheme where the basic 
features of the model are shown. For that, let us imagine (Fig. 7.1) that the gasifier 
could be divided into two basic streams: gas and solid, which flow in a parallel 
vertical counter movement. These two streams would exchange heat and mass 
through their common interface. The interface could be imagined as a single 
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solid particles exiting gas 
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interface 
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gas and 

solid 
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FIG. 7.1 Scheme of an idealized moving-bed combustion or gasification process. 


continuous surface with area equivalent to the real area separating the two 
phases. That area would be given by sum of surface area of all solid particles in 
the bed. As the size of particles usually varies throughout the bed, the area per 
unit of bed height would also vary from point to point in the bed. 

Additionally, models for the hydrodynamics of each phase should be adopted. 
The simplest model is to imagine each phase (gas and solid) flowing through 
the reactor in plug-flow regimes. Some important discussion should be made 
about this simplification: 

1. From the strict point of view of flow, this is a reasonable assumption for 
any fluid that percolates a bed of particles in a main direction. This is 
illustrated by Fig. 7.2. As the gas percolates the bed, it is forced to pass 
through small corridors or channels formed by the particles. No matter 
the flow regime (laminar or turbulent), the overall combination of all 
these small streams mimic a plug flow for the gas phase. If the gas velocity 
could be assumed to evenly flow throughout the cross section of the bed, 
the temperature and concentration profiles could be modeled as flat profiles 
as well. Therefore, the rates of gas-solid reactions do not vary too much 
in the radial or horizontal direction. This last aspect would lead to an 
almost uniform consumption of the solid particles at a given cross section 
of the bed. In this way, it would be reasonable to assume the particulate 
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FIG. 7.2 Illustration to justify the adoption of plug-flow regime for the fluid phase. 


solid phase flowing in almost uniform downward movement. Thus, plug- 
flow regime could be also assumed as a valid approximation for the overall 
movement of solid phase. Another factor that should be ensured to allow 
acceptable one-dimensional treatment is the relative large differences 
between the reactor cross-sectional diameter and the particle diameter. 
Such a situation is found in almost all industrial or pilot units. Even in 
cases where relatively large particles are fed to the bed (in the order of 2 
cm), usual moving-beds diameter (or equivalent diameters) are in the 
order of 1 to several meters. As a rough rule, the one-dimensional approach 
would be reasonable for ratios above 30 between reactor and particle 
diameters. This provides a picture even closer to the macroscopic point 
of view behind the reasoning justifying the assumption of plug-flow regime 
for the solids and gases. Consequently, negligible wall effects on flows 
and temperature profiles are assured. 

2. From the point of view of mass exchange between phases, the 
simplification of plug-flow regime deserves some more elaborate 
discussion. As oxygen, water, and other chemical species from the gas 
phase react with the carbonaceous fuel, mass is necessarily transferred to 
the solid phase. At the same time, carbon dioxide, carbon monoxide, 
hydrogen, and several other gaseous components leave the solid phase 
and migrate to the gas phase. Of course, this establishes a cross or 
perpendicular flow to the vertical or main direction. In a cylindrical 
coordinate system, the main flow would occur in the z or axial direction 
(see Fig. 7.1) and mass would be transferred between phases in the r or 
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radial direction. If the process is uniform at each cross section of the bed 
and no swirling is forced upon the process, two velocity components 
should be considered: u z and u r . However, gases enter and leave the 
particles, which are, more or less, evenly distributed in the bed. Therefore, 
it is impossible to decide if the radial gas flow is in the positive or negative 
r direction. In other words, there is no clear overall velocity field in the 
radial direction. This would be possible only if a geometric model were 
proposed in which, for instance, the solid would be assumed to flow 
downward in a periphery annulus and the gas upward through the center. 
Then, the problem would include two coordinates, and all conservation 
equations would lead to a system of partial differential equations. It is 
necessary to stress that if allowable, this should be avoided. Luckily, it is 
possible to steer clear from such a complication by including radial 
components of variables into the source or sink terms. This technique 
would preserve the integrity of mass and energy balances, while keeping 
the problem at the ordinary differential level. The details are shown below. 

After those basic considerations, it is possible to draw Fig. 7.3, which illustrates 

the adopted model chart. 


carbonaceous exiting 

solid particles gas 



FIG. 7.3 Model chart adopted for the moving-bed combustor or gasifier. 
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7.2.2 Summary of Model Assumptions 

Before setting equations, it is advisable to develop a clear list of model 
assumptions. In the present case, they are: 

A. Steady-state operation. This can be assumed during operations of almost 
all industrial reactors. Of course, starting-up and shutting-down periods 
cannot be included in this category. However, moving-bed gasifiers and 
combustors operate during long periods with almost no major problem 
that might require interruptions for maintenance or repairs. The rates of 
solid and gas feedings and withdrawals are relatively constant or present 
relatively low fluctuations. In some pilots and small industrial units, 
feeding and withdrawals of solids are made at intervals. Of course, from 
a rigorous point of view, this woidd take them out of the present category. 
Nevertheless, if those intervals are close enough and the variations ofbed 
high are maintained within 10% of its total value, the operation may be 
approached as steady state. 

B. Gas flows upward in a plug-flow regime. This has been justified above. 
In addition, no rotational velocity is present and at a given cross section 
of the bed, all variables are uniformly distributed. Therefore, no angular 
components are considered. 

C. Solid particles flow downward in a plug-flow regime. Therefore, just the 
axial velocity component is present in the solid phase. This is much easier 
to justify than in the case of gases because radial flow of solid is zero or 
insignificant. 

D. Momentum transfers between the two phases are negligible. In other 
words, the velocity profile of one phase is not affected by the flow of the 
other phase. This assumption is very reasonable since the velocities found 
in moving gasifiers are relatively small, not only for the solid phase, but 
also for the gas. 

E. Inviscid flow for the two phases. The idea of inviscid flow has already 
been discussed in Chapter 6. This seems very reasonable, mainly due 
to the approximation of plugflow regimes. In such flows, there are no 
shear stresses between layers. This, combined with the fact that layers 
of gas between particles are thin (see Appendix E), allows assuming 
that no turbulent flow is present, even in cases of relatively high gas 
velocity. 

F. At each phase, temperature, and concentration profiles are flat. Of course, 
the values are different between the gas and the solid phase. Therefore, 
heat and mass transfers will be imposed between the two phases. It is 
obvious that, for instance, the difference of temperatures between the 
gas and solid phase at each height z of the bed would lead to a nonflat 
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temperature profile within each phase. Let us imagine, for instance, that 
the solid particles at a given axial position z in the bed are hotter than 
the gas at the same height. At points near the particle surfaces, the 
temperature in the solid should be smaller than the values for positions 
nearer the particle centers. At the same time, the temperature of the gas 
layers nearer the particle surfaces should be greater than the values found 
for layers farther from those surfaces. However, if those cooler layers 
within the solid particles were relatively thin when compared with the 
average particle diameter, the temperature profile would remain flat for 
most of the particle volume, in other words, it is assumed that the heat 
transfer within each particle is fast enough to equalize the temperature 
throughout its volume. The Biot number is the quantitative method to 
verify how good this approximation is. That number is given by the 
ratio between the internal and boundary resistances to heat transfer in 
the particle, or 


N n = 


a.G, P Vp 

l p A p 


(7.1) 


Usually, if Biot number is below 0.1, near flat temperature profile can be 
assumed (195). This is the case for most of the operations of gas-solid 
combustion and gasification processes.* For the gas phase, flat temperature 
profiles can also be assumed due to thin layers between particles. The 
assumption of flat concentration profiles within each phase follows similar 
considerations. For that, mass transfer coefficient between solid and gas 
would replace the convective heat transfer coefficient and diffusivity would 
replace the thermal conductivity. For the gas phase, the flat temperature 
and concentration profiles can be assumed when the total mass flow the 
main direction z is much higher than the flow exchanged between phases. 
This is also the case in most of gas-solid combustion and gasification 
equipment operations. Exceptions can be found and careful examination 
of each case should be made. 

G. Heat transfer by radiation inside each phase and between phases will also 
be neglected at this first approach. This seems acceptable because the gas 
layers between particles are small. Actually, assumption F forces to neglect 
the radiative transfers between particles in the radial direction. The same 
for position within the gas phase or between gas portions. On the other 
hand, since temperature varies in the axial directions, radiative transfers 
between particles or gases at different layers exist. Nevertheless, due to 


* A further discussion on this aspect is presented at Appendix C. 
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the relatively large flows of gases and solids, transfers by radiation and 
even conduction would be masked by the overall conventions in the same 
direction. Those points would become clearer during the descriptions of 
fundamental equations. 

H. Secondary influences, such as dissipations of energy due to viscous effects, 
and influences of one basic transport phenomena into another (Dufour 
and Soret effects) are neglected. Further discussion of those effects can 
be found in the literature [1]. 

Of course, any model should be tested and the assumptions verified after running 
the simulations for specific cases. For now the basic equations of a model based 
on those assumptions are presented. These are complemented by auxiliary ones 
shown in Chapters 8-11. Comparisons between simulation and real operation 
parameters are shown in Chapter 12. 


7.2.3 Basic Equations 

The coordinate system is very simple because only the axial direction z is 
considered here (see Fig. 7.3). Again, let us follow the procedure used in Chapter 
6 and apply the various conservation equations. 

7.2.3.1 Global Continuity 

Global mass conservation or continuity is given by Eq. A. 7 (Table A. 2), or 
dp , 1 d(p ru r ) , 1 d(p« 9 ) , d(pM z ) 

dt r dr r 50 dz (A ' ?) 


which can be applied separately for the gas and solid phases. 

Due to condition A, the first term does not exist. According to discussion at 
item B, the term involving angular velocity component vanishes as well. In 
addition, the radial term (second on the left) of Eq. A.7 will be written as a 
source one and for the gas phase the equation becomes 


d{pGU G ) 

dz 


~ Rm.G 


(7.2) 


while for the solid it will be written as 


d(p s u s ) 

dz 


- ~Rm,g 


- r m,s 


(7.3) 


The value of total mass source or rate of appearance (disappearance from the 
phase if negative) from the gas phase R MiG needs to be equal (but with contrary 
sign) to the appearance in the solid phase R M ,s- Therefore, the integrity of the 
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mass conservation is preserved. If these two equations are added, the source 
terms cancel each other, restoring the classical form of the overall continuity 
equation for a steady-state, plug-flow regime, or 


d(pu) _ Q 

dz 


(7.4) 


Consequently, the product between total density and velocity is now defined as 


P U p(;U( : ^Ps lt S 


(7.5) 


7.2.3.2 Species Mass Continuity 

It is also called mass balance for each chemical species j and is described by 
Eq. A. 8 (Table A.2), or 




m dp; 

r 30 


+ u. 


3pj 

3 z 


■- D, 


1 3 


t 1 d % , d2 Pj 

rdr 


r 2 30 2 dz 2 


+ R M,j 


(A.8) 


Condition A eliminates the first term in the left. Simplification B for the case of 
the gas phase and C for the solid phase eliminate the radial and rotational velocity 
components. However, the radial transfers do exist and are given by the second 
term in the left and the first inside the bracket. It is interesting to notice that 
these terms represent the contribution by convective and diffusive mass transfers 
between the phases, respectively. In this case, since the one-dimensional 
approach was chosen, the radial transfers should be seen as source or sink of 
chemical species j and therefore similar to the last term R Mj . For now, let us 
understand them as source and sink terms that are simply added to R MJ . After 
these considerations, Eq. A. 8 is written as 
2 

dpc j dp G . 

ug —j 2 - = D g j -— + Rm.gj 1 ^ j ^ n G (7.6) 

dz ’ dz 

for the gas phase, and for the solid Phase,* 

2 

dps i d p„ 

u s ' = D s ,j - y~ + RM,s,j l + nc^J^n (7.7) 

dz dz 2 


* Although the diffusivity coefficient of solid components in the solid phase is negligible, it was 
included in Eq. 7.7 for the sake of completeness and to show the similarity with Eq. 7.6. That 
dissipating term will be discharged ahead. 
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The notation adopted here assumes that there are a total of n chemical 
components, from which the first n G are gaseous ones and the rest (n-n G ) belong 
to the solid phase. Therefore, n=n G +n s . 

Another aspect of the simplification regarding the radial transfers between 
phases (or simplification B) is that the migration, for instance, of oxygen 
from the gas to the solid phase, does not require radial velocity component 
neither diffusion process. For instance, the rate in which oxygen disappears 
from the gas phase is given by the rate at which it reacts with fuel gases in the 
gas phase plus the rate it reacts with the solid fuel. The same is valid for gases 
produced in the solid phase and transferred to the gas phase. For instance, the 
rate at which C0 2 is created in the gas phase is given by the rate of production 
by gas-gas and by gas-solid reactions. In other words, the rates of combustion 
and gasification reactions govern the transfer rates of chemical species between 
phases. Therefore, R m ,gj represents the total rate of production (consumption 
if negative) of gas component j either by gas-gas or gas-solid reactions. 
Moreover, the units for R m ,gj remains based on kilograme (of gas component 
j) per unit of time per unit of gas phase volume (kg s' 1 m' 3 ). In the same way, 
Rm.sj represents the total rate of production (consumption if negative) of solid 
component j but this time only by gas-solid reactions. The units for R m .sj 
remains based on kg (of solid component j) per unit of time per unit of solid 
phase volume (kg s' 1 nr 3 ). 

As in Chapter 6, the diffusivity coefficient of a component) is represented 
by its value in relation to the mixture of components of the phase (G or S) 
where that component is present. As the composition, temperature and pressure 
of each phase varies with the axial position, those diffusivities—as well all 
other physical and chemical properties—would be recalculated point by point 
during the computation or program running. 

Another important aspect of the diffusion terms is that their summation for 
all chemical species is equal to zero, or 



(7.8) 


and 



(7.9) 


; =1 +"g 


Of course, components with greater diffusivity in relation to the average of the 
mixture tend to flow ahead the average front, while the ones with lower diffusivity 
lack behind that front. Nonetheless, the result of total influence of diffusion 
process on the global flow is zero. 
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The total mass produced (or disappeared) due to chemical reactions in each 
phase is given by the addition of rates of production (or consumption) of all 
components in the respective phase, or 

”G 

Rm,g = X r m,gj (7 10 ) 

j =i 

and 

n 

r m,s = X ( 7 - 11 ) 

j=\+UG 


One should also remember that 

«G 

PG = X 

M 


and 

n 

Pi = X P S.j 

;'=>+«c 


(7.12) 


(7.13) 


7.2.3.3 Continuity of Energy 

It is also called energy balance and given by Eq. A.9 (Table A.2), or 
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(A.9) 


As discussed, energy transfers between phases occur in the radial direction. 
They can be recognized in Eq. A.9. Convective transfer is given by the second 
term in the left bracket while conductive by the first term in the first bracket of 
the right side. Notice that what is commonly known as convection heat transfer 
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is not a fundamental phenomena, but just a combination of heat conduction 
and velocity fields, or mass-convective transfers. Actually, the difficulty to 
solve the partial differential equation with all these terms in any situation 
reaffirms the convenience of empirical and semiempirical equations to compute 
the combination of transfer phenomena. These empirical equations are available 
in the literature for various situations. Here, the combination of heat conduction 
and mass convection are going to be computed by the sum of two terms: 

1. The convective heat transfer (or just convection) R c 

2. The enthalpy addition (or subtraction) R h to one phase due to the mass 
migration from (or to) the other phase. 

Fortunately, these transfers between phases can be seen as energy sources or 
sink terms to be added to subtracted from R g c and R as . 

The present approach also brings another advantage because radiative heat 
transfer between phases (not shown in Eq. A.9) R r can be also included as part 
of the source (or sink) terms. A suggestion for further improvement would be to 
include the radiative transfer in the axial direction as part of the R r term. The 
combination of heat transfers by conduction (third term in the first bracket of 
the right side of Eq. A.9) and radiation in the axial direction act as dissipative 
effects, therefore preventing extreme peaks of temperature caused by surges in 
energy generation from combustion. The details on how to compute the source 
or sink terms are presented in Chapter 11 . 

Using the above discussion on radial terms and assumptions A-C, F, and G, 
the above equation can be written for the gas phase as 



(7.14) 


and as below for the solid phase: 



(7.15) 


7.2.3.4 Momentum Continuity 

Momentum continuity is also called equation of motion and, for each coordinate 
system, is described by a set of three equations. However, as just vertical flow 
or velocity is considered, the only momentum conservation equation with some 
interest is the one at that direction, and from Table. A.2, 



(A. 12) 
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Again, the terms due to transfers between phases in the radial direction can be 
recognized: 

• The momentum transfer due to the global mass convection is the second 
in the left-side bracket. 

• The momentum transfer due to viscous transfer is the first in the right- 
side bracket 


However, due to assumptions A-E, in the case of gas phase, the above equation 
becomes 


dug dPg 

PG«G —— =-— - PC# 

dz dz 


(7.16) 


and in the case of solid, 
diis dPs 


P s«s 


dz 


dz 


P s8 


(7.17) 


7.2.3.5 Summary of the Problem 

The system formed by Eqs. 7.2, 7.3, 7.6, 7.7, 7.14—7.17 involve two velocities 
( u G u s ), n concentrations (p Gj p S jn=n G +n s ), two temperatures (T G T S , and two 
pressures {P G P S ). The two global densities (p G , p s ) can be computed from Eqs. 
7.12 and 7.13. Therefore, their values can be regarded as consequences of the 
solution of the above system. Thus, there are 6 +n equations for the same number 
of variables. Once the proper boundary conditions are set, the numerical solution 
would provide the profiles of velocities, concentrations, temperatures, and 
pressures for the two phases. 

7.2.3.6 Further Simplifications 


Despite the possibility of solving the above system, the answers required for 
engineering design and industrial production can be better provided if forms 
based on mass flows instead of concentrations are available. In addition, further 
simplifications can be adopted for a first approach. 

Mass Balances.. The first approximation is to neglect the diffusion term in 
Eqs. 7.6 and 7.7. As discussed in Chapter 6, this is justifiable because in moving- 
bed combustors or gasifiers the main convective terms, given by the left side of 
those equations, are much greater than the diffusion additions. In addition, the 
diffusivities of solid components are really negligible. Therefore, these equations 
become 


mg 


dpG.j 

dz 


- Rm.GJ 


\<j<n G 


(7.18) 
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and 


u s 


d P SJ 

dz 


~ Rm,S,j 


1 + «G 


(7.19) 


On the other hand, the mass flux of a chemical species j in the z or axial direction 
is given by 

F G,; = P6’,; M &‘Sg (7.20) 

Similarly, the mass flow of a chemical species j in the solid phase is 


F vj-pvjW.A 


(7.21) 


Here S G and S s are the fractions of total transversal or cross-sectional reactor 
area, respectively, available to the flow of gas phase and for the solid phase. 
During the numerical computation, the variations for these areas and on the 
overall velocity in each phase will be computed at each axial position (z). 
Therefore, they can be treated as constants at each differential section of 
the bed. One should also be aware that Eqs. 7.18 and 7.19 were derived 
from Eq. A.8, which was in fact derived assuming constant global density. 
Eq. 7.4 shows that would lead to constant global velocity. If all densities 
were constants combined with the fact of independent (or nearly 
independent) velocities in each phase, Eq. 7.5 would lead to constant 
velocities u G and u s . Of course, this is not true, and likewise Eq. 7.2, a more 
general and rigorous form of Eq. 7.18 should present the velocity u G 
multiplying the concentration of component) and inside the derivative against 
axial coordinate. A similar argument can be applied to the solid phase, and 
therefore Eqs. 7.18 and 19 can be written as 


dFfj j 

—:— - SgRm,gj l <] <ng 
dz 


(7.22) 


and 


dF s ■ 

—— - $S R M,S,j \+n G < j<n 

dz 


(7.23) 


It is difficult not to notice the simplicity of Eqs. 7.22 and 23. For instance, 
the mass flow (in kg/s) of a given chemical component j of the gas phase 
increases or decreases in the flow direction if it is being produced ( R m ,gj 
positive) or consumed ( R m ,gj negative), respectively. The same is valid for 
the solid phase. 

The same argument to apply mass flow of individual chemical species can 
be made to apply total mass flow at each phase. Therefore, Eq. 7.2 can be 
written as 
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dFa 

dz 


SgRm,g 


and Eq. 7.3 as 
dF s 


dz 


= SsRm,s 


(7.24) 


(7.25) 


On the other hand, by definition, the total mass flow in the gas phase is also 
given by 

«G. 

Fg=Y 4 F G. ] (7.26) 

;'=l 


Therefore, once the entire set of differential Eq. 7.22 is available, Eq. 7.26 
would give the total mass flow in that phase at each height z in the bed. This 
allows us to discard Eq. 7.24 from the system of differential equations to be 
solved. 

The same reasoning can be made for the solid phase: 

n 

F S= X p SJ (7.27) 

j=l+no 


The solution of Eq. 7.23 would render unnecessary the work to solve Eq. 
7.25. 

One aspect of Eqs. 7.22 and 23 is the introduction of cross-sectional areas S G 
and S s , through which the gas and the solid phases should travel. These values 
are difficult to measure and therefore to verify. However, they can be related to 
the total cross-sectional area S of the reactor, which is known or easily measured. 
This can be achieved by applying the concept of void fraction 8. It is defined as 
the ratio between the volume occupied by the gas in the bed and the total volume 
of the bed, or 

V G 

(7-28) 


Now, for the gas phase it is possible to write 

A-_L-I 

Sq V G 8 

and for the solid phase, 

S _ V _ V 1 
As ~v-v G i-e 


(7.29) 


(7.30) 
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Therefore, Eq. 7.22 can be written as 

dFcj 

—-— = eSRm.gj l-j- n G 

dz 

and 7.23 as 
dF s ; 

—~~ - (1 _ £)SRm,sj 1 + % - j- n 

dz 


(7.31) 


(7.32) 


It is important to call the attention that in Eq. 7.31, the rate of production (or 
consumption) of gaseous component ) is computed by the gas-gas (or 
homogeneous) reactions as well as by the gas-solid (or heterogeneous) reactions 
in which) is involved. Again, it should be remembered that this is only possible 
because of simplification B, i.e., that all gas components produced (or consumed) 
by gas-solid reactions leaves (or enters) the solid phase and are immediately 
added (or subtracted) to the gas phase. On the other hand, in Eq. 7.32, the rate 
of production or consumption of solid phase component) is computed only by 
the gas-solid (or heterogeneous) reactions. 

Let us use this opportunity to introduce the concepts of superficial velocities 
U G and U s of the gas and solid phases, respectively. A superficial velocity 
represents the velocity of a phase if it could occupy the entire cross-sectional 
area of the reactor. Superficial and real average velocities u G and u s of the gas 


and solid phases can be related by 

U G =eu G (7.33) 

and 

t/s=(1-e)«s (7.34) 

The demonstration of these equations is left as exercise. 

Using 7.26-7.30, 7.33, and 7.34, it is also possible to write 

F G =p G UaS G =PoUaS (7.35) 

and 

F^p s UsS^p s UsS (7.36) 


It should be noticed that Eqs. 7.35 and 36 allow writing the mass flows without 
reference to the particular cross-sectional area of respective phase. O course, 
the problem of varying areas is transferred to the superficial velocities. However, 
as it will be easy to verify in Chapter 11, this treatment presents some 
conveniences for it facilitates the use of correlations from literature as auxiliary 
equations at several points. 
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One must remember that the void fraction e also varies with the position and 
should be reevaluated at each axial position or height z of the bed (the method 
is shown in Chapter 11). Nonetheless, in most of the cases, that variation is not 
too accentuated and some simplifications might even assume void fraction as a 
constant throughout the bed. 

Energy Balance.. Departing from Eqs. 7.14 and 15, an approximation can 
be made where heat transfers by conduction in the axial direction are neglected. 
This is possible due to the usually small values of the first terms of the right 
sides when compared with the terms in the left sides of those equations. In 
other words, the energy carried by the principal mass flow in the axial direction 
is much higher that the transferred by conduction in the same direction. 
Combining the above with Eqs. 7.35 and 36, it is possible to write Eqs. 7.14 
and 15 as 

dTr 

Fg c g ~— = £S(Rq,g,+ Rc.g + Rh.G + Rr,g) (7.37) 


Fs c s —— = (1 -£)S(Rq,s + Rc,s + Rh,s +Rr,s) (7.38) 


Momentum Balances.. For relatively small variations on the cross-section at 
area of each phase as well as for the void fraction, Eqs. 7.16 and 17 can be 
rewritten in terms of mass flows, or 


dPq 

dz 


Fq dU G 
Z 2 S dz 


“Peg 


(7.39) 


dh 

dz 


F s dU s 
(l-e) 2 S dz 


-Psg 


(7.40) 


The first terms in the right sides of the above equations are called dynamic 
pressure losses, while the second ones are called static pressure losses. 

The solution of such equations would not bring any additional difficulty to 
the problem. On the other hand, most of the moving-bed operations do not 
present considerable variations in the pressure of throughout the equipment. In 
addition, concentrations and temperature profiles are not severely affected by 
relatively small pressure variations. In view of that, and at least as a first 
approximation, isobaric operation can be assumed and Eqs. 7.39 and 40 can be 
discarded from the system to be solved. 

The apparent simplicity of Eqs. 7.31, 7.32, 7.37, and 7.38 is illusory. For 
instance, the rate of component generation for each chemical component) must 
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be calculated at each axial position z of the reactor. There are several 
simultaneous endothermic and exothermic reactions involving the same 
component. As seen before, the rates of those reactions vary exponentially with 
the temperature and depend on the concentrations of several other components 
beside j. Therefore, one should expect a strong coupling between composition 
and temperature throughout the bed. 

7.2.4 Summary and Boundary Conditions 

The solutions of Eqs. 7.31, 7.32, 7.37, and 7.38 would provide the mass flows 
and temperature throughout the bed, and using the relations 



(7.41) 


(7.42) 


the mass fractions, as well any other form of concentration profdes, can be 
drawn. 

The solutions for the proposed system with 2 +n G +n s (or 2 +h) differential 
equations would need the same number of boundary conditions. 

Consider the very common situation where the inlet conditions of each gas 
component at z= 0, or at the basis of the bed, are known, i.e.: 

• The mass flow of each component 0), for 1< j<n G , is known 

• The gas, or even the gas mixture, inlet temperature is known as well, 
i.e., r G (0) 

Nevertheless, setting the boundary conditions for the solid phase becomes a 
problem. Neither its temperature nor composition are known at z= 0. On the 
other hand, they are known at the feeding point of the solid particles in the bed, 
i.e., at z=z D . This is a typical final first-kind boundary condition (Eq. 6.10a). 
The computational strategy to solve this problem is described in Chapter 12. 

EXERCISES 

7.1* Deduce Eqs. 7.33-7.36. 

7.2* Show that Eq. 7.16 can be written as 


dPg _ Fg F g dpg 
dz e 2 5 2 p G (pG dz 



(7.43) 
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7.3** Discuss the effects on the above model (which led to system formed by 
Eqs. 7.31, 7.32, 7.37, and 7.38) if the diffusion effect in the axial or vertical (z) 
direction is included: 

a. What would be the final form of the mass balance for individual chemical 
species? 

b. What would be the effect on the compositions profiles when compared 
with those obtained from Eqs. 7.31 and 32? 

c. Would be possible to assume constant diffusion coefficients throughout 
the bed? Explain. 

d. Would be possible to assume constant densities for gases or for solids 
throughout the bed? Explain. 

e. Show the final form for the gas phase equation assuming an ideal behavior. 

f. What would be the necessary boundary conditions? 

7.4** Add Eqs. 7.39 (or the alternative form, 7.43) and 7.40 to the set formed 
by 7.31, 7.32, 7.37, and 7.38. Assuming ideal behavior for the gas phase and 
incompressibility for the solid phase, describe the system of differential equations 
to be solved in order to provide profiles for the mass flows, temperatures, and 
pressures throughout the bed. Set the necessary boundary conditions. 

7.5*** If the model proved to require the inclusion of the radial r direction, the 
reader is asked the following: 

a. What would be the set of differential equations for the mass and energy 
balances throughout the bed? 

b. Assuming isobaric conditions, how many boundary conditions would now 
be necessary to arrive at concentration and temperature profiles throughout 
the bed? 

c. Try to write those boundary conditions. 

7.6* Develop a model chart for a one-dimensional approach of modeling in the 
case of a downdraft moving-bed combustor or gasifier. 

7.7*** Set the fundamental differential mass and energy balance equations for 
the case of downdraft moving-bed gasifier. Use the similar approach present in 
this chapter. 
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This chapter presents: 

• A system for numbering chemical species and reactions 

• Various comments on the proposed system of reactions 

• Methods to calculate rates of homogeneous reactions 

Techniques to compute rates of most of the heterogeneous reactions are left for 
Chapter 9, while those related to pyrolysis are presented in Chapter 10. 

8.1 HOMOGENEOUS/HETEROGENEOUS REACTIONS 

As seen in the last chapter, the continuity equations for chemical species require 
the description of the rates of production or consumption of each component). 
Within the purposes of the present text, there are basically two kinds of reactions: 

1. Homogeneous, or gas-gas, reactions 

2. Heterogeneous, or gas-solid, reactions 

For each kind of reaction (homogeneous or heterogeneous), the rate of production 
or consumption of a given component ) can be described by 

^kind, j = VyF, (8.1) 

i 

As always, the stochiometry cofficient v,j of component ) in the reaction i is 
positive if component) is produced, and negative if consumed. The summation 
is performed for all chemical reactions of each kind. 

146 
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The reaction rate r ; is described by its kinetics, which depends on the 
temperature and concentrations of involved chemical components as well heat 
and mass transfer resistances. In addition, if catalysts are present, their 
concentrations play an extremely important role in the rates of reactions affected 
by them. 


8.2 NUMBERING CHEMICAL COMPONENTS 

A numbering system for the chemical components is useful in order to allow 
shorter notations for the mathematical and computational treatment. Tables 
8.1-8.3 list the components most common in the combustion and gasification 
process. This numbering system will be useful throughout the book, and free 
spaces are left for possible additions. It should be noticed that Tar is assumed 
as a single component, as are ash and volatile. For moderate temperatures 
(300-900 K), tar is complex mixture of organic and inorganic components in 
vapor and liquid phases. The liquid fraction is released as mist suspended in 
the gas stream, leaving the solid fuel during the devolatilization process. 
Despite that, it is included in the gas phase. This brings some convenience 
and simplicity because the inclusion of another physical phase (liquid) can be 
avoided. 


8.3 A SYSTEM OF CHEMICAL REACTIONS 

A reasonable set of chemical reactions for a general problem of carbonaceous 
gasification is described in Tables 8.4 and 8.5. This set has been successfully 
employed in previous works [145-147, 150-154, 210-212)].* As seen, 
carbonaceous fuels have been assumed represented by carbon, hydrogen, 
oxygen, nitrogen, sulfur, and ash. Although solid fuels contain several other 
components, these are the most important fractions. All other components of 
char (such as metal and alkaline oxides) are included in the ash fraction. 
Actually, they are the species or fractions determined by standard ultimate 
analysis. 

Reactions R. 1-R.6 involve char, therefore dried and devolatilized fuel. The 
composition of char (aj, 7=514, 531, 551, 546, 563) should be calculated from 
the original fuel after those processes. This is shown ahead at Sec. 10.2.3, where 
they will be called COC1 (j). 


* In those previous works, the form for reaction R. 1 is a bit different and includes the distribution 
between CO and C0 2 . However, the discussion shown at Sec. 2.5 and the results of simulations 
(Chapters 12 and 16) from both forms are similar. 
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TABLE 8.1 Numbers for the gas components used throughout the text 


Name 

Molecular formula 

Number 

Hydrogen 

h 2 

19 

Water 

H 2 0 (gas) 

20 

Hydrogen sulfide 

H 2 S 

21 

Ammonia 

nh 3 

22 

Nitric oxide 

NO 

27 

Nitrogen dioxide 

no 2 

28 

Nitrogen 

n 2 

29 

Nitrous oxide 

n 2 o 

30 

Oxygen 

o 2 

32 

Sulfur dioxide 

so 2 

33 

Carbon monoxide 

CO 

44 

Carbon dioxide 

C0 2 

46 

Hydrogen cyanide 

HCN 

51 

Methane 

ch 4 

61 

Ethylene 

c 2 h 4 

88 

Ethane 

c 2 h 6 

100 

Propylene 

c 3 h 6 

120 

Propane 

c 3 h 8 

132 

Benzene 

c 6 h 6 

242 

Naphtalene 

CioH 8 

398 

N-Dodecane 

c, 4 H 30 

433 


TABLE 8.2 Numbers for the components of the carbonaceous 
solid phase. 


Name 

Molecular formula 

Number 

Carbon 

C 

514 

Hydrogen 

H 

531 

Nitrogen 

N 

546 

Oxygen 

O 

551 

Sulfur 

s 

563 

Ash a 

Si0 2 

824 

Moisture 

H 2 0 (liquid) 

700 

Volatile 

A mixture 

1000 


a As seen before, ash is a complex mixture of several oxides. Usually, 
the most abundant is SiO,; it is chosen here as the representative 
formula. 
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TABLE 8.3 Numbers for the components related to sulfur absorbents 
and inert phase. 


Name 

Molecular formula 

Number 

Calcium 

Ca 

515 

Calcium carbonate 

CaC0 3 

629 

Calcium oxide 

CaO 

633 

Calcium sulfite 

CaS 

622 

Calcium sulfate 

CaS0 4 

645 

Moisture 

H 2 0 

700 

Silicon oxide 

Si0 2 

824 

Magnesium 

Mg 

543 

Magnesium carbonate 

MgCOj 

733 

Magnesium oxide 

MgO 

736 

Magnesium sulfite 

MgS 

737 

Magnesium sulfate 

MgSQ 4 

738 


The products from reaction R. 1 and the others differ due to the basic rule: 
Oxidant reactions should produce oxidized forms, while reducing reactions 
preferably lead to reduced forms. On the other hand, other alternatives may be 
proposed. For instance, in reaction R.2 nitrogen from solid fuel could lead to 
HCN instead of NH 3 . In this system, the production of HCN has been left to the 
pyrolysis, or reaction R.8. It is important to stress that the forms presented here 
are just a proposal. In any case, the validity of a model should be proved by 
comparisons against experimental tests. The present system has been favorably 
compared with real operations [145-147,152, 207-212], as will be shown in 
Chapters 12 and 16. 


8.3.1 Nitrogen Oxides 

Despite the small influence of nitrogen-related reactions in the overall mass 
and energy balances of a combustor or gasifier, their products are important 
because of aspects of pollutant generation. The number of publications on 
kinetics related to nitrogen oxides reflects that importance. Those oxides are 
NO, N0 2 , and N 2 0. However, at least for most of the combustion process, the 
concentration of NO is usually much higher than the other two oxides. The 
generation and consumption of that oxide is represented in reactions R. 1, R.5, 
R.46, R.48, as well R.49. 

In addition to the above, reactions R.51-R.53 can be included in a set of a 
model of combustor or gasifier [237]. This should be seen as sophistication 
because the set without those has given reasonable results regarding NO 
generation [145,146], and usually enough for reasonable representation of the 


Copyright © 2004 by Marcel Dekker, Inc. 





150 


Chapter 8 


TABLE 8.4 List of chemical reaction consider by the general model 


CH a 53iO a 55iN Q 54 6 S a 563 + 


1 o531 0551 0546 


-j- - 

2 4 


- H-h #563 

2 2 


O 2 


<3i531, 


CO H — H 2 O + #546NO + #563S02 
CH fl53 jO a55 | N a54 (;S a 5 6 3 +(l-a55l)H 2 0 < 


, 0531 

1 +-0551-0563 

4 


H 2 +CO + ^~ N 2 +a563H 2 S 


+C0 2 


2CO + #551H2O + 
CH a 53|O a 5 51 N a 54 6 S a 563 + 


\ 


o531 30546 

-#551-#563 

v 2 2 

#546 3 

2-h #55 H— #546 + #563 

V 2 2 y 


H2 + #546NH3 + #563H2S 


H 2 o 


CH4 +#55lH20 +#556NH3 +#563H2S 

CH a5 3iO a 55iN a 5 46 S a 563 +(2 - 055l)NOe^ 


' #53 1 \ 

"j + o546 o551 

—-#563 IH2 + CO2 + 


l 2 J 



N 2 4*#563H2S 


CH a 5310„55 ] N a546 S a 563 -I- (1 - o551) N 2 0 


( o531 ) 

/ 

-0563 

H2 + CO 4- 

l 2 J 



. #546 

1 +- 0551 

2 


N 2 +0563H 2 S 


Fueljaf volatile + char] 
Volatile —> gases + tar 
Tar -> char 2 


(R.1) 


(R.2) 


(R.3) 


(R.4) 


(R.5) 


(R.6) 

(R.7) 

(R.B) 

(R.9) 


NO a emissions, in addition, it has been shown [237, 247] that substantially 
higher concentrations of NO, than other nitrogen oxides, are found in gases 
from combustion. Besides, most of the industrial and even pilot units measure 
only NO. concentrations [238-240]. 

Those interested in deeper aspects of nitrogen oxides generation will find 
plenty of material in the literature [190-192, 237, 241-248]. 

8.4 STOICHIOMETRY 

For most of the cases, and mainly for the homogeneous (or gas-gas) reactions, 
the determination of reaction stoichiometry is a straightforward task. For 
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TABLE 8.5 Continued List of chemical reactions considered by the general model 


Wet - carbonaceous - solid dry - carbonaceous - solid + H 2 O 

(RIO) 

CaC0 3 <=> CaO + C0 2 

(R.21) 

2CaO + 2 SO 2 4 * O 2 2 CaS 04 

(R.22) 

Wet - limestone <H> dry - limestone + LLO 

(R.23) 

CaO + H 2 S <=> CaS + H 2 0 

(R.24) 

MgC0 3 «=> MgO + C0 2 

(R.25) 

2MgO + 2S0 2 +0 4 0 2MgS0 4 

(R.26) 

Wet - dolomite dry - dolomite + H 2 0 

(R.27) 

MgO + H 2 S « MgS + H 2 0 

(R.28) 

Wet - inert - solid <-» dry - inert - solid + H 2 0 

(R.31) 

C0 + H 2 0oC0 2 +H 2 

(R.41) 

2C0+0 2 «2C0 2 

(R.42) 

2H 2 + 0 2 0 2H 2 0 

(R.43) 

CH 4 + 2 O 2 «>C0 2 + 2H 2 0 

(R.44) 

2C 2 H 6 + 70 2 «■ 4C0 2 + 6H 2 0 

(R.45) 

4NH 3 + 50 2 <=> 4N0 + 6H 2 0 

(R.46) 

2H 2 S + 30 2 0 2S0 2 +2H 2 0 

(R.47) 

N 2 +0 2 «2NO 

(R.48) 

Tar + 0 2 -> combustion gases 

(R.49) 

Tar —> gases 

(R.50) 

NO+CO 0 1/2N 2 + C0 2 

(R.51) 

C0 + N 2 0 0 N 2 +C0 2 

(R.52) 

N 2 0«N 2 +l/20 2 

(R.53) 


example, the stoichiometry coefficients for reaction R.41 is written as v 4 i j44 =-l, 
V 4120 --1, v 4M6 =l v 41j i 9 =-l. The other coefficients are equal to zero. 

Different from the gas-gas reactions, the composition of the solid is necessary 
to write the stoichiometry of heterogeneous reactions (Table 8.5). A 
simplification would be to assume the values of a (for the carbonaceous solid) 
as constants, i.e., equal to that found for the feeding carbonaceous solid. This is 
a strong assumption because the apparent composition of the solid changes 
during the various processes occurring in the bed, among them pyrolysis. The 
average composition released during that process is not equal to the entering or 
remaining solid matrix. Therefore, the composition of char is usually very 
different from the feeding carbonaceous. 
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In the particular case of moving bed, the present model allows a simpler 
estimation of carbonaceous solid composition at each position in the bed. As 
seen at Chapter 7, the mass balance provides the mass flow Fj of each component 
of the solid phase. Therefore, it is possible to write 



1000 



1=501 


501 < j < 1000 


( 8 . 2 ) 


where 


4 / 

«514 


(8.3) 


8.5 KINETICS 

Eq. 5.15 generally describes the rate of a reaction, where kinetic k coefficients 
are given by the Arrhenius relationship 5.16. Various reactions follow that 
classical Arrhenius form. However, others do not and expressions for their rate 
present complicated forms. This is because the reactions are actually 
combinations of several more fundamental ones. These fundamental reactions 
occur in a connected series of events or steps of what is known as a chain 
reaction. For instance, among other possibilities, the combustion reaction of 
hydrogen (R.43, Table 8.5) can be represented [216] by 


H 2 + O 2 ——> 20H (initiation) 

(8.4) 

OH + H 2 - k “-~ >H 2 O + H (propagation) 

(8.5) 

H + 0 2 -^->0H + 0 (branching) 

(8.6) 

0 + H 2 -^-> 0 H + H (branching) 

(8.7) 

H + O 2 + M—' — —» H0 2 + M (breaking) 

(8.8) 

H+M-^-.^H 2 +M (breaking) 

(8.9) 


Here M is a third particle or even the reactor wall. 

Such combinations may or may not result in typical Arrhenius form. To 
show this, let us assume that the steps of the above chain follows a classical 
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form, as given by Eq. 5.15. This is very reasonable, since the steps of chain 
reaction are elementary ones. Therefore, it is possible to write the rate of 
production of each ion, or 

So 

- jH = 2 ^iP,-| 2 Po 2 -&a2pH 2 POH + *a3pHPo 2 + *a4f>OPH 2 (8.10) 

at 

= ^o2Ph 2 POH -£fl3PHpb 2 + *«4 PoPh 2 ”*a5pHp0 2 PM ~ k a 6PHpM (8.11) 


3p H 


jpo 

dt 


= *«3pHp0 2 -*a4POpH 2 


( 8 . 12 ) 


9Pho 2 

dt 


= k a sPHpo 2 Pftt 


(8.13) 


The principle of stationary state can be applied. This assumes that within a 
certain interval of time, the concentrations of all ions become stationary, and 

dpOH _ 3 Ph _ dpo _ 3 Pho 2 _ n , 0 , 

(814) 


Equation. 8.14, combined with Eqs. 8.10-8.13, leads to a system with four 
algebraic equations that provides concentrations of the four ions as functions of 
stable molecule (H 2 0 2 , H 2 0, M) concentrations. These can now be inserted 
into the following: 


dpH 2 

dt 


= -&alPH 2 Po 2 -£« 2 pH 2 POH “^a4POPH 2 +^a6pHpM 


(8.15) 


Once the kinetics coefficients of each individual reaction (a 1 to a6) are known, 
Eq. 8.15 can be used to provide the ldnetics ofH 2 consumption. Of course, most 
of the time, this would not lead to the classical formula shown by Eq. 5.15. 

Selected collections of chain mechanisms related to various combustion and 
gasification reactions can be found in, for instance, Refs. 190 and 191. 

Another, and more often used, approach is experimental determination of 
ldnetics. As an example, the overall representation for kinetics of hydrogen 
combustion is given by [217] 

^43 = *43 T 15 Ph 2 Po 2 (8.16) 

which also does not follow the form given by Eq. 5.15. 

All methods introduce deviations, and errors above or around 10% are 
common. 
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The choice of method depends on the type of process. For instance, 
combustion of gases and pulverized solids in flames (or suspensions) involve 
too-fast phenomena, and the overall representation of kinetics does not work 
well because they involve high temperatures combined with very small time 
scales of ongoing phenomena. In such conditions, the concentrations cannot 
be equated to zero; therefore, the system of chain reactions is the preferred 
by workers in that field. On the other hand, moving and fluidized bed do 
not involve too-high temperatures and phenomena are much slower, leading 
to good representations by overall kinetics. Of course, the additional 
difficulty imposed by solution of differential system of equations intrinsic 
to the chain representations should, if possible, be avoided. That is why 
almost all modelers of moving and fluidized beds prefer overall 
representations. 

8.5.1 Homogeneous Reactions 

Methods to compute the homogeneous, or gas-gas, reactions usually involved 
in combustion and gasification are described below, while heterogeneous, or 
gas-solid, reactions are left to the next chapter. 

8.5.1.1 Shift Reaction 

As an example, the form for the reaction rate of the so called shift reaction is 
shown here: 



(8.17) 


Among others, the kinetic coefficient k 4l is given in Table 8.9. 

8.5.1.2 Equilibrium 

Chapter 5 illustrates how the equilibrium constant can be computed for a given 
reaction. However, calculations by hand may take some time if not part of a 
computer program. In order to facilitate that task. Table 8.6 presents correlations 
that allow the calculation for few important cases of homogeneous as well hetero 
geneous reactions; the latter will be treated in next chapter. 

8.5.1.3 Reaction Rates 

Information necessary for the computation of gas-gas reaction rates, along with 
some for the gas-solid ones, are given in Tables 8.7-8.10. Table 8.10, in particular, 
describes the formula used for each gas-gas reaction involved in the present 
approach. 


Copyright © 2004 by Marcel Dekker, Inc. 




Chemical Reactions 


155 


TABLE 8.6 Equilibrium constants for some reactions 


Reaction 

Koit 

Units 

AG 0 ./R(K) 

Relationship with 
partial pressures 

Reference 

R.2 

3.139 X 10 12 

Pa 

16,344 

PiAP\9P *20 

218 

R.3 

1.238 X 10'° 

Pa 

20,294 

_2 -1 

P AAP 46 

219 

R.4 

1.435 X 10" 

Pa -1 

-11,005 

PblP 2 19 

218 

R.41 

0.0265 

None 

-3,958 

PA 6 P 19 P '*aP '20 

219 

R.42 

8.264 X 10 _,s 

Pa' 1 

-68,080 

p 2 4bP 2 MP '32 

220 

R.43 

8.109 X 10' 13 

Pa' 1 

-60,230 

P 2 zaP 2 is P '32 

220 

R.48 

19.254 

None 

21,570 

P 2 nP ’ 29 P '32 

220 

t K, = K 0i 

exp (—A GqJRT) 






TABLE 8.7 Kinetic coefficients for the chemical reactions (Part 1) 

Reaction 

*o.;(s ')t 

T,,(K) 

Reference 

R.l 

17.67 psi4,i^7c 

13,600 

221 

R.2 

6.05 X 10" 3 p 5 i4,iRr c 

21,150 

222 

R.3(l) h 

1.9 X 10 3 P514.I^Tc 

16,840 


R.3(2) h 

1.33 X 10" 8 

-7,220 

223 

R.3(3) h 

3.13 X I0" 8 

-5,050 


R.3(l) ah 

1.24 X 10' 3 p 514 .,/fro- 

29,600 


R.3(2) ah 

1.24 X 10' 13 

-22,900 

224 

R.3(3) ah 

31.2 

15,100 


R-4( 1)' 

2.345 X 10" 11 (p,9P5i4.^r 0 ) 

13,670 

225 

R.4(2)‘ 

2.85 X 10" 10 

-11,100 


R.5 

31.44 X 10X. m=1 

17,130 

226 

R.7 and R.8 

8.6 X 10 14 

27,700 

85 


f In general, fe—&o; exp (— EilRT) 
a For charcoal or wood 
b for bituminous coal 
c for subbituminous coal 
d for lignite 

e for U.S. Eastern shale 
f for J /n=2 <1253 K f 
8 for T m=2 >1253 K 

h for reaction R.3: & 3 = & 3 (i/(l+A: 3 (2) P+& 3 ( 3 ) P 19 ); note that the unit for £ 3(2) and £ 3(3 ) is Pa. 
1 For reaction R.4: k A =k A ^i )P j 9 /( 1 +^ 4(2 )/ > 1 9 ); note that the unit for £ 4(2) is Pa. 
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TABLE 8.8 Kinetic coefficients for the chemical reactions (Part 2) 


Reaction 

*o,t(s-') 

TJ( K) 

Reference 

R.9 

Assume the same as R.50 

Same as R.50 

Same as R.50 

R.21 

6.507 X 10 9 

20,410 

227,228 

R.22“ 

4.90 X 10 3 (-3.843 T m _ 2 + 5640)i 

8,810 

229 

R.22 b 

4.90 X 10 3 (3.590 T m . 2 ~ 3670)i 

8,810 

229 

R.24 

6.138 X l0~ 3 /d p , m =2 

3,420 

230 

R.49 

17.67 p\ooo,\RT(j 

13,600 

Assumed as R. 1 

R.50 c 

3.57 X 10" 

24,540 

68 

R.50 d 

4.28 X 10 6 

12.930 

89 

R.50 c 

9.55 X 10 4 

11,220 

90 

R.50 f 

4.22 X 10 6 

13,240 

103 

R.50* 

1.9 X 10 6 

11.980 

101 

R.50 h 

4.138 X 10 3 

10,187 

108 

R.50' 

4.0 X 10 4 

9,210 

231 

t In general, &,= k 0>i exp (nT e JT) 
a For T m=2 <\253 K 
b For r /n=2 >1253 K 

c Cellulose tar between 773 and 1023 K 
d Wood tar between 723 and 873 K 
e Coal tar between 873 and 1073 K 

1 Almond shell tar between 978 and 1123 K 

8 Municipal solid wastes between 973 and 1123 K 
h Kraft lignin tar between 673 and 1033 K 

1 Wood tar from 720 and 1260 K 




TABLE 8.9 Kinetic coefficients for the chemical reactions (Part 3) 

Reaction 

ko,i 

Units 

7V., (K) 

Reference 

R.4I 

2.78 X 10 3 

kmol ' m 3 s’ 1 

1,510 

232 

R.42 

1.3 X 10 17 

kmol 075 m 2 25 s _l 

34,740 

254 

R.43 

5.159 X 10 13 

kmoL 1,5 m 45 K 1 - 5 s~' 

3,430 

217 

R.44 and R.45 

3.552 X 10 14 

kmol'* m 3 K s~' 

15,700 

217 

R.46 and R.47 

9.79 X 10' 1 

kmol -09 m 27 s~' 

19,655 

233 

R.47 

8.26 X 10 12 

kmol'I' 58 m 3474 s' 1 

18,956 

234 

R.48 

1.815 X 10 13 

kmol' 05 m 1 ’ 5 s'’ 

67,338 

235 

R.49 

59.8 

kmol' 05 m L5 K“‘ Pa' 0,3 s - ’ 

12,200 

236 

R.51 

5.67 X 10 3 

K' 1 s'' 

13,952 

237 

R.52 

2.51 X 10" 

kmol' 1 m 3 s' 1 

23,180 

237 

R.53 

1.75 X 10 8 

s'' 

23,800 

237 
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TABLE 8.10 Values to be used for computations of gas-gas reaction rates 


Reaction if 

a\ 

o 2 

03 

04 

o 5 

06 

07 

08 

Reference 

R.42 

0 

CO 

1 

o 2 

0.25 

h 2 o 

0.5 

0 

254 

R.43 

-1.5 

h 2 

1.5 

o 2 

1 

— 

— 

0 

217 

R.44 

-1 

ch 4 

1 

o 2 

1 

— 

— 

0 

217 

R.45" 

-1 

c 2 h 6 

1 

o 2 

1 

— 

— 

0 

217 

R.46 

0 

NH 3 

0.86 

o 2 

1.04 

— 

— 

0 

233 

R.47 

0 

H 2 S 

1.074 

o 2 

1.084 

— 

— 

0 

234 

R.48 

0 

n 2 

1 

0 2 

0.5 

— 

— 

0 

235 

R.49 

1 

Tar 

0.5 

0 2 

1 

— 

— 

0.3 

236 

R.51 

1 

NO 

1 

— 

0 

— 

0 

0 

237 

R.52 

0 

n 2 o 

1 

CO 

1 

— 

0 

0 

237 

R.53 

0 

n 2 o 

1 

— 

0 

— 

0 

0 

237 


t Form to be used: r, = fc ; T al p“ 2 pji p Zl P“ 8 
3 Assumed as following the form of the preceding reaction. 


8.6 FINAL NOTES 

This section briefly presents details regarding choices of reactions and kinetics. 
First, an observation related to reaction R. 1 may illustrate the comments in Sec. 
2.5 and an alternative method to write the main combustion reaction of carbon. 
Most works in the area of combustion use. 


C*+P0 2 —K2P- l)C0 2 +(2-2P)C0 


(8.18) 


where C* represents char (with all its components) and the distribution coefficient 
P is given [249,250] by 


2 + p 
2 + 2p' 


where 


/ 

P' = 2500 exp 

V 


6240 

T m =l 


\ 


/ 


( 8 . 20 ) 


From this it is possible to see that for high temperatures (or the usually found in 
furnaces), coefficient p approached 0.5. Therefore, the preferable product is 
carbon monoxide and not carbon dioxide. Nonetheless, that does not account 
for pressure influence. A more precise alternative for the stoichiometry of 
reactions R. 1 and R.49 is given, which is to consider that only CO and not a 
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mixture of CO and C0 2 is produced. This is possible when the following two 
conditions are satisfied: 

1. The oxidation of CO (given by R.42) is also included in the same system 
or model. 

2. The equilibriums of those reactions are computed and included for the 
correct calculation of their rates. 

Finally, as seen, there are a great amount of works on the kinetics of reactions 
related to combustion and gasification. A classical example is the oxidation of 
carbon monoxide, which has been extensively studied e.g., [217,251-254]. 

This presents a problem to the modeler who must make a choice between 
various possibilities. The following suggestions may help to orient such decisions: 

• Find the range of temperature, pressure, and concentrations of reactants 
at which the kinetics was determined. Of course, the range should be 
compatible with the objective of model. 

• Study the methodology of experimental determinations. This is sometimes 
difficult to access just by the published paper. 

• Consider the coherence of the proposed parameters and work. A good 
procedure is to compare the various rates at a given or several situations. 
The rates should vary within a range. It is uncommon to find deviations 
around 50%. It is also reasonable to choose one that does not provide 
values too far from the average. Table 8.11 illustrates an example. Just 
for the sake of an example, the rates have been computed at 1300 K and 
molar fractions as indicated there. These are possible situations during 
combustion. As seen, the deviation between the highest and lowest values 
reach, in this particular case, 60%. The values provided by Yetter et al. 
[254] are the closest to the average. 


TABLE 8.11 Various fomiulations for the kinetics of CO combustion 


^0.42 

T e (K) 

a\ 

ai 

a 3 

a 4 

?42 (kmol m 3 s ')t 

Ref. 

1.0 X 10 15 

16,000 

-1.5 

1 

0.25 

0.5 

2.395 X 10~ 2 

217 

2.2 X 10 12 

20,140 

0 

1 

0.25 

0.5 

1.022 X 10-' 

251 

1.3 X 10" 

15,110 

0 

1 

0.5 

0.5 

5.605 X 10~ 2 

252 

4.8 X 10 s 

8,060 

0 

1 

0.3 

0.5 

1.744 X 10" 1 

253 

1.3 X 10 17 

34,740 

0 

1 

0.25 

0.5 

8.011 X 10" 2 

254 


t Form to be used: r 4 2 = k^T 1 ' pco Po 3 2 Ph,o~ Value computed at 1300 K, 101.325 kPa, and 
*co = 0.01. * 0 ., = 0.15, *h 2 o = 0.02, 


Copyright © 2004 by Marcel Dekker, Inc. 






Chemical Reactions 


159 


• Study the most recent works. It is likely that researchers in an area have 
studied the methods of previous works and have tried to improve 
techniques and also to expand the range of applicability of the kinetics. 

Given all these reasons, the formulation by Yetter et al. [254] has been chosen 
here. In any case, doubts may arise, so another alternative is to try several 
possibilities and compare the simulation results against experimental ones. 

EXERCISES 

8.1* The following molar concentrations have been found at a point inside a 
gasifier: 

Oxygen=10% 

Hydrogen=l% 

Water=50% 

If the temperature is 1000 K, compute the direct rate of reaction R.43. Use 
Tables 8.9 and 8.10. 

8.2** Write a general routine to compute gas-gas reaction rates, once the 
following inputs are set: composition of the gas mixture (either in molar or 
mass basis), temperature, and pressure of the mixture. Use the routines developed 
for Probs. 5.4 and 5.5. 
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9.1 INTRODUCTION 

This chapter presents proposals for mathematical treatments to allow 
computations of heterogeneous chemical reaction rates. It is important to stress 
that these are just proposals because, as always, any model assumes 
approximations that, depending on the situation or application, might be 
acceptable or not. Therefore, it is advisable to exercise critical review of the 
fundamental hypothesis before any application. Despite that, the models 
presented here have been successfully applied to a wide range of situations 
[145nl47,150hl54,207n212], particularly to combustion and gasification 
processes. 

Different from homogeneous gas-gas reactions, heterogeneous reactions 
involve at least two distinct phases, and this brings mass transfer process into 
play. For instance, imagine a gas reactant near a solid particle, which contains 
the other reactant. In order to meet the solid reactant, the gas molecules have to 
travel though the gas involving the particle and possibly the ash layer formed 
of spent material around the unreacted solid. Depending on the rates of reaction, 
the rate might be controlled or limited by the pace of that mass transfer. As it is 
shown below, the resulting rate of reactant consumption will depend on the 
barrier imposed by several resistances. 

Let us start with two classical cases, which are limiting situations for 
heterogeneous gas-solid reactions as described below: 


160 
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• The unexposed-core or shrinking-core model. According to this model 
(Fig. 9.1a), the core—where the reactions take place—is surrounded by a 
shell of spent inert material. Therefore, as reacting gas diffuses through the 
ash layer and enters the core, the material in the core is continuously 
attacked. Nonetheless, the core surface is not directly exposed to reacting 
gas environment. 

• The exposed-core or ash-segregated model. According to this model (Fig. 
9.1b), as soon the spent material forms at the particle surface, it detaches 
and disintegrates into very small particles. Therefore, the core is always 
exposed to the gas environment. Consider, for instance, the process of 
moving-bed gasification where each particle is in contact with several 
others. As they move downward, attrition between them imposes a stress in 
the outer shell. Moreover, as they approach the combustion region, fast 
increase in temperature occurs, which is illustrated by Figs. 3.4-3.6. 
Differential dilatation between the ash layer and nucleus material adds to 
the stress. Therefore, depending on the mechanical resistance of the formed 
ash, it might detach from the nucleus. This situation happens very often for 
particles in fluidized beds due to intense attrition among particles with the 
thermal shocks. 

The deductions here would assume the cases of gas-char reactions R. 1-R.6 (see 
Table 8.4). Comments on possible adaptations for pyrolysis, drying and also to 
sulfur absorption are discussed later in this chapter. 



gas boundary layer 


(a) (b) 

FIG. 9.1 (a) Unexposed-core and (b) exposed-core models for the gas-solid particle 
reactions. 
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As seen, besides pure chemical kinetics, mass transfer processes influence 
heterogeneous reaction rates. Of course, depending on the hypotheses, these 
models can face various degrees of complexity. In view of the present 
introductory text, the following are assumed: 

1. Operation at steady-state regime. During its travel through a combustor 
or gasifier, the particles react with the gases, and therefore the temperature, 
density, and concentration of chemical components inside them vary 
according to their position in the equipment. However, average 
characteristics of particles passing at a given position in a reactor remain 
constant. 

2. Solid particles are homogeneous in all directions, except of course the one 
at which the main mass transfer occurs. For instance, in the case of spherical 
particles, variations on concentrations occur only in the radial r direction. 

3. The velocity field inside the particles is negligible. As gases are entering 
and leaving the particles, their flow in opposite directions tend to cancel 
(or at least approximately) each other. Therefore, overall mass transfer 
does not create substantial velocity component in the radial or any other 
direction. Even if an overall mass flow of gas from inside toward the 
particle surface exists, the convective term will be assumed negligible 
compared with the source/sink term (or production/consumption due 
chemical reactions) or with the diffusion term. This assumption can be 
criticized in various situations, as for instance application for 
devolatilization or drying, where gases escape from the particle interior 
with no counter incoming flow. 

4. Particles are isothermal. This assumption can be also criticized, mainly 
when large particles with low thermal conductivity are involved. Roughly, 
this can be assumed when the Biot number (Eq. 7.1) is less than 0.1 (see 
Sec. 7.2.2). In cases where this cannot be assumed, the temperature profile 
inside the particle should be obtained. These are presented as exercises 
(see Probs. 9.14 and 9.15). 

5. At a given phase interface (core-shell or shell-gas) the concentrations of 
any given chemical component at each side of the interface are assumed 
equal. Actually, the concentrations are near the equilibrium at each 
interface. It should be noticed that even the equilibrium hypothesis is 
another approximation valid only when the thermodynamic process is 
quasistatic. 

6. Heat and mass transfer are independent. Therefore, Soret’s effect is 
neglected.* This hypothesis is a consequence of the isothermal 
approximation for the particle. 


* Soret effect is caused by interference of temperature gradients into mass transfer process [1]. 
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7. Particle pores do not suffer severe blockage by related process. For instance, 
this is critical in the case of pyrolysis of various highly volatile coals 
where plastification and swelling occur during the devolatilization. 
Therefore, for these cases the models presented here might not produce 
reasonable results. 

8. Various reactions and processes taking part inside the particle can be 
treated independently. Apart from reactions from the same phase of 
particle transformation (R.1-R.6, Table 8.4), during the combustion or 
gasification, processes might superimpose. For instance, during at least 
part of the pyrolysis process when particle outer layers are 
devolatilizing, internal ones might still be wet. The same might occur 
during periods in relation to gasification/combustion and pyrolysis. 
Actually, all of them might be occurring simultaneously. Nonetheless, 
almost all workers in the area employ the independence assumption 
[136]. Usually, this superimposition is more critical in cases of slow 
heating rates, such as in moving- or fixed-bed combustion or 
gasification. In cases of suspended or even fluidized-bed combustion 
or gasification, where the particles go through faster heating, the 
superimposition times are relatively shorter. A brief discussion on this 
aspect is presented in Appendix C. 

It is important again to stress that some if not all these assumptions can be 
criticized. This is the very essence of modeling. A modeler should not be 
discouraged from making assumptions. Tests against experimental results 
are the final yardstick of their validity. The application of the present model 
for heterogeneous reactions in comprehensive simulations have led to 
reasonable reproductions of real operations, as will be shown in Chapters 
12 and 16. 

9.2 GENERAL FORM OF THE PROBLEM 
9.2.1 Unexposed-Core Model 

Due to the explained before, in this case the equivalent diameter 2 r A of a 
particle, at any point of the process, remains equal to the original value. Of 
course, particles are found in almost any shape. However, any particle can be 
classified by three basic shapes: plane (or platelike), cylindrical (of needlelike), 
and spherical. The treatment below considers a spherical or near-spherical shape 
(see Fig. 9.1a). Formulas to allow application for other forms are also presented 
later in this chapter. 

Equation A. 14 of (Appendix A), written for a component j and on molar 
basis, becomes 
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d Pj , a P j , «e , a P j , «* d Pj 

"T" Up ~i "T" "T" 

ot dr r 30 rsin0 3(j) 




1 9 f 2 j 


dr 


dr 


r sin 


ede 


sinG 


dP; 

30 


i ypj 

r 2 sin 2 8 8(|) 2 


+ Rmj 


(9.1) 


Condition 1 (see sec. 9.1) allows elimination of the first term in the left side of 
Eq. 9.1. Assumption 3 allows elimination of all convective terms represented 
by all other terms in the left side. Simplification, 2 eliminates the two last terms 
inside the brackets of the right side and it is possible to write 

( 


Djr ~ 2 — 
J dr 


V 


dp; 

dr 


= -R 


■M,j 


(9.2) 


where the total rate of production (or consumption) of component j due to 
competing reactions is given by Eq. 8.1. 

It should be noticed that the coefficient D j is the diffusivity of component / 
into the phase in which the process takes place. If that phase is the particle core, 
or nucleus, the parameter is called the effective diffusivity of j in that porous 
structure. It will be represented by D jN . A similar notation will be used for the 
diffusivity of j in the shell of inert porous solid that covers the core, or D jA . For 
the boundary layer of gas that surrounds the particle, the value is the average 
diffusivity of a component in the gas mixture that constitutes the layer, or D jc . 
As it is shown later in Chapter 11, the values for effective diffusivity can be 
correlated to the gas-gas diffusivity D jG . 

For the present, it is assumed that the rate of consumption of any component 
j (which reacts with the solid) due just to pure kinetics can be written in the 
following form: 


kiiPj Py'.eq)” (9 3 ) 

where k, is the reaction rate coefficient. This is called the intrinsic reaction 
rate, as opposed to the effective reaction rate, which is the one calculated after 
the influence of mass transfer resistances, as deduced below. 

In order to transform Eq. 9.2 in a dimensionless form, the following change 
of variables are used: 

x = — (9.4) 


y _ p.f P/eq 
P;.“ ~ P./.cq 


(9.5) 
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Given the treatment for a single reaction and on the basis of each consumed 
mole of reacting gas component j by reaction i (v,y=-l), Eq. 9.2 can be rewritten 
as 


V 2 J = 4> 2 y 

where the Laplacian operator is generalized as 


V 2 = — 

dx 


dx 


(9.6) 


(9.7) 


the coefficient p takes the following possible values: zero for plane geometry, 
1 for cylindrical, and 2 for spherical. In the present case, p equals 2. The Thiele 
coefficient is given by 


®> = r A 


7; (p p /.ci| ) 

d j,n 


n -1 


-il/2 


(9.8) 


The above treatment is valid for most combustion and gasification reactions. 
For combustion processes, the reaction order n varies between 2 and zero. 
However, the main heterogeneous reactions of such processes follow a first- 
order behavior. Deductions for other situations are left as exercises. 

The objective now is to obtain the rate of mass transfer between the 
particle and the external gas layer. As shown later, this would provide the 
rate of production or consumption of a component due to heterogeneous 
reaction. 

Since there are two main regions inside the particle, the solution of Eq. 9.6 
should be accomplished in two steps. First, it will be applied to the inert solid 
shell covering the core and then to the core. This is also necessary due to the 
different boundary conditions imposed for each region. 

For the external shell there is no reaction; therefore, Eq. 9.6 becomes 

— = Aix~ 2 a<x< 1 (9.9) 

dx 


leading to 


y=-A l x~'+B l a<x<l 

(9.10) 

where 




a = — 
rA 

(9.11) 


The surface concentration would be 
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>'(!) = 


P jjS P,;,eq 

P j,°° ~ P;.eq 


: —Ai + B] 


(9.12) 


The boundary conditions are: 

1. At the particle surface, the mass transfer is given by 


D 


'j,G 


dpj 

dr 


■ D 


74 


=FA(+) 


dr 


— Pg (P j,oo p ^.surface ) 


=r A {~) 


(9.13) 


2. As will be shown later in the present text, the mass transfer coefficient (i, ; 
is given as a function of the transport parameters. The minus and plus 
signals indicate whether the derivative refers to positions just below or 
above the specified value, respectively. 

3. The other condition would impose continuity of mass flux at the interface 
between the inert shell and the reacting core and given by Eq. 9.24. 

y (1) = N Sh [1 - >'(!)]-“- = JVj [l-y(l)l (9.14) 

Dj,A 

4. where the Sherwood number is given by 

Nsk= ^ (9-15) 

U j,G 


Ni=N Sh 


D 


'j,G 


D 


74 


(9.16) 


5. Using Eqs. 9.9, 9.10, and 9.14, it is possible to write 

(9.17) 

As seen, an extra relationship is necessary in order to compute the values of Ai 
and Z?i and obtain the concentration profile in the shell. This would be possible 
if the problem is solved for the core as well. In this case, Eq. 9.6 can be written 
as 


xy "+2y '-O 2 x>-0 (9.18) 

This is a Bessel differential equation with solutions given by 

X 1/2 / 1/2 (xd)) (9.18a) 
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x- m I. m (xO) 


(9.18b) 


These can be transformed into an equivalent form to give the general solution 


4 sinh(x<J>) , cosh(x$) ^ 

y = Ao -1- «2 - 0 < x < a 

X X 


(9.19) 


As at the particle center, as well as anywhere, the concentration must acquire 
finite values and since 


lim sinh(x$) 

x->0 


=o 


(9.20) 


and 


lim cosh(x<J>) 

x^O 

X 


the coefficient B 2 must be identical to zero, and 


, sinh(x<I>) 

y = A 2 - 

x 


0 < x < a 


(9.21) 


(9.22) 


Due to hypothesis [5] in Sec. 9.1, the concentrations at each side of the interface 
between the core and the shell are equal. Therefore, Eq. 9.10 gives 


y(a) = A 2 


sinh(aO) 

a 



a 


(9.23) 


As mentioned before, the mass flux must be conserved at the shell-core interface, 
or 


D jA y'(a+)=D jN y'(a-) 
and from Eqs. 9.10 and 9.22, 

O jA A | =D jA A 2 [aO cosh(fl<D)-sinh(fl<D)] 

Combining Eqs. 9.17 and 9.23, it is possible to write 
1-Ai 


{ \ 1 -Ni' 

- +- - 

a Mi 


A-2 _ ____ 

a sinh(a4>) 

and the last two equations lead to 


(9.24) 


(9.25) 


(9.26) 
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Ai 


1 


Cl 1 t V[/| + \|/2 

where 


Vi = 


D 


j,A 


D; ,y [a® coih(aO)-1] 


(9.27) 


(9.28) 


and 


\|/ 2 - a 


l-Ni 

Ni 


(9.29) 


The consumption rate of reacting gas j by reaction i is given by the rate of mass 
transfer through the external surface of the particle, or 


o = d j,a 


dpi 

dr 


r=r A- 


Dj,A _ . dy 

(Py> P,/. c q) , 

dx 


x=\- 


which, after application of Eq. 9.9, becomes 

- A’ A 

n. = A\ (p j oo - p; eq ) 

Tt 

The final form is obtained using Eq. 9.27, to give 

~ _ 2 P;> - p;,eq 

O' - , 3 

t=l 


(9.30) 


(9.31) 


(9.32) 


where the three resistances are given by 


t4u 


1 


NshDjfi 


(9.33) 


Uu,2 


l-a 

aD j,A 


(9.34) 


U{J, 3 


_ 1 _ 

; [fl ( h coth(</<t>) - 1] 


(9.35) 


Equation 9.32 shows that the rate of consumption (or production) of a gaseous 
component j by a solid-gas reaction i is given by a relatively simple formula. In 
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it, the role played by the three resistances to the mass transfer combined with 
the kinetics are explicitly shown as: 

• t/f/i for the gas boundary layer 

• U Ut 2 for the shell, which surrounds the core 

• UU '3 for the core 

It is interesting to notice that such parameters are inversely proportional to the 
first power of the diffusivities of gases through the respective layers. 

The relative importance between these three factors determines the ruling or 
controlling mechanism of the process related to each reaction. There is no 
predetermined rule for this and the controlling factor would depend on the 
combined conditions to which the particle is subject at each point in the reactor. 
An example can be given for the points near the base of a moving-bed gasifier, 
where relatively thick layers of ash usually surround the cores of the particles. 
Therefore, it is likely that at such conditions the ruling resistance would be the 
offered by the ash shell. The picture can be different for the particles near and 
above the combustion front, where the layer of ash is relatively thin and the gas 
layer or the diffusion through the core could constitute the main resistance. 
This last picture is even more likely to occur at points in which the temperature 
drops to relatively low values leading to a significant decrease in the Thiele 
parameter (see Eq. 9.8). 

Of course, several correlations and data would be required for proper 
computations of the involved parameters and coefficients. For instance, the 
kinetics coefficients can be found in Table 8.10. The computation of equilibrium 
coefficients can be made by the equations shown in Sec. 5.3.3, which for some 
special cases are listed at Table 8.6. Chapter 11 presents methods to compute 
other parameters. 

9.2.1.1 Effectiveness Coefficient 

As seen, the external surface of the particle is exposed to the reacting gas at 
concentration below the value found in the midst of the gas phase p y In 
addition, the surfaces of internal particle pores are exposed to the reacting gas, 
but at concentrations much lower than p y On the other hand, the surface area 
of internal pores of a particle is much higher than the external one. 

The treatment shown above takes into account all these effects and provides 
a formula to compute the real reaction rates. However, the same result as Eq. 
9.32 can be found through a different approach. It employs the concept of 
effectiveness factor or coefficient r| ; to correct the rate of a reaction i between a 
gaseous species j computed under the following simplifying assumptions: 

1. The gas, at concentration equals to the one found in the midst of the gas 
phase p y oo, is in contact with the external surface of the particle. 


Copyright © 2004 by Marcel Dekker, Inc. 


170 


Chapter 9 


TABLE 9.1 Effectiveness factors for N { =1 and D s N =D jA 


a 

4 > = o.i 

o 

II 

-G- 

= 10.0 

0.001 

1.5 X 10 -9 

1.2 X 10~ 9 

1.0 X 10“ 9 

0.1 

i.o x iO ” 3 

9.9 X 10~ 4 

7.1 X 10~ 4 

0.2 

0.01 

0.01 

3.1 X 10~ 3 

0.5 

0.12 

0.11 

0.01 

1.0 

1.00 

0.72 

0.03 


2. The particle has no internal pores. In other words, the external surface 
area represents all that could be in contact with the reacting gas j. 
therefore. 


n -- 


ip, I 


6 D 


’}<N 


P/.eq jlfi 


(9.36) 


where, for the case of spherical geometry, the effectiveness coefficient is given 
by an volume average, or 


J y(x) dx 3 
0 

jdx 3 

0 


(9.37) 


Using Eqs. 9.22, 9.26, and 9.27, it can be written as 
3 1 

^=^ 2-3 - 

° I U v , k (9-38) 

1=1 


In order to give some idea of the role played by this factor, few values for the 
case where N ,=1 and D jN =D jA are shown in Table 9.1. 

9.2.2 Exposed-Core Model 

As discussed before, this case assumes that no layer of spent material withstands 
fast variations of temperature combined with attrition with other particles. 
Therefore, as soon as it is formed, that layer breaks into small particles, which 
loose free from the original particle (Fig. 9.1b). 
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Adopting the same notation as before, the governing differential equation 
for the core is given by Eq. 9.18, and the solution by 9.22, or 

sinh(x<t>) 


y = a 3 - 


0<x<a 


(9.39) 


The finite value condition at the particle center has already been used. Similarly, 
as in Eqs. 9.13 and 9.14, at the gas-solid interface it is possible to write 


y'(a)=N 2 []-Y(a)] 

where 


N2 = Nsh 


°j,G 

Dj,N 


(9.40) 


(9.41) 


Using Eq. 9.39, this last condition leads to 


^3 = 


¥3 

1 + V4 


where 


¥3 


a 

sinh(aO) 


(9.42) 


(9.43) 


and 

¥4 


a<J> coth(aO) -1 
C1N2 


(9.44) 


The consumption or production rate of the reacting gas by the particle is given 
in a similar way as before, or 


D 


'j,N ■ 


d Pl 

dr 


D 


’j,N 


"(P/> Pf.eq)^ 

ax 


Using Eqs. 9.39 and 9.42, it is possible to write 

- _ 2 Pj ~ - Py.eq 

r J ~ , 3 

P ' 1 J J Ux, k 

k=1 


(9.45) 


(9.46) 


where the three resistances are given by 
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U x , i 


N ShPjG 


= U V , i 


(9.47) 


£4,2=0 (9.48) 

17x3 ~ D ; - w [a$coth(aO)-l] ~ a Uu ’ 3 (9 ' 49 > 

As seen, the above formulas are similar to the case of the unexposed-core 
model. However, and of course, no reference to the shell diffusivity can be 
made. One may ask: What about the resistance imposed by the spent material 
released from the original particles? The answer is that it does impose a resistance 
because ash particles mix with the reacting solids, leading to a decrease in the 
number of active material per volume of reactor. In other words, the 
concentration of active available solid in the reactor decreases. Additional 
details on how such decrease can be evaluated are described in Chapter 11 . 


9.3 GENERALIZED TREATMENT 

The basic approach for the spherical (or near spherical) particle can be 
generalized for plates (disks, chips) and cylinders (pellets). The formulas are 
summarized in Table 9.2. 

The resistances found for the exposed and unexposed core models can be 
related by the following: 


ES 

II 

(9.50) 

£4,2=0 

(9.51) 

£/,3=fl p £/ K3 

(9.52) 


TABLE 9.2 Formulas to compute the mass transfer resistances in the case of the unexposed- 
core model 


Shape 


Resistance 


u w 

££( 7,2 

Uu< 3 

Plate 

1 /A£shD>c 

(1 - a)!D M 

coth(a4>)/c|)£>,-,jv 

Cylinder 

1/As h D j<g 

-ln( a)ID j>A 

\(,{a^>)laWj, N lj(ai?) 

Sphere 

VN Sh Dj, G 

(1 - a)laDj, A 

! /aD,,pa<l> Coth(«ii>) - 1] 
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The application of such relations should be preceded by the following 
consideration: 

1. Equation 9.6 was written for one dominant direction. For instance, in the 
case of plate or chips, the thickness is assumed much smaller than the 
other dimensions, and in the case of cylinder, the diameter is much smaller 
than the length. The bulk of the mass transfer occurs through the smaller 
path, or dominant dimension, which is the thickness in the case of chips, 
and the diameter in the case of cylinders. As a rule, these approximations 
are acceptable for ratios above 5 between the larger dimension in the 
particle over its dominant dimension. If that is not fulfilled, the correlation 
developed for spheres combined with the concept of sphericity (see Eq. 
2.1) usually provides a good approximation. 

2. It should be noticed that from the concept of sphericity it is possible to 
obtain relationships between the equivalent diameter of a sphere and the 
dominant dimension. This is useful because the available values for the 
equivalent diameter are normally obtained from the screen analysis of 
particle size distribution. These correlation can be easily deduced for the 
following basic forms: 

• Slablike or platelike shape given by 

^screen,I 

d P , i = q>—— (9.53) 

• Cylinderlike or needlelike shape given by 

dp ,,=V—^ (9.54) 

• Spherelike shape given by 

dp,l (pufscreen.I (9.55) 

3. In each case, the ratio between the representing dimensions of the core 

and the shell a can be approximated by the following relationship: 

«=(1-/514> I/<P+1) (9.56) 

4. where f 514 is the fractional conversion of carbon or the most important 

solid phase reagent. 

5. It is important to stress that these solutions are valid for first-order 
reactions, which is the case for most of the combustion and gasification 
ones. Approximations for orders not very far from that should be carefully 
examined. 
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9.4 OTHER HETEROGENEOUS REACTIONS 

The above models of exposed and unexposed core model can be applied to 
other than those involving attack of gast to char (reactions R.1-R.6, Table 8.4). 
For instance, unexposed or shrinking core model may be used for pyrolysis, 
drying and sulfur absorption process. 

It is easy to imagine that the definition of spent inert material depends on 
the reaction. For instance, ash is the inert material for reactions involving the 
char and a gas, such as from R.l to R.6 (see Table 8.4). However, as shown in 
Chapter 10, this model can be extended for devolatilization (reaction R.7). 
Then, char would be the inert material and undevolatilized fuel would constitute 
the core. Although not a reaction, the second drying period can also follow 
such a model (see Chapter 10) and in such a situation. Here, dry material would 
be the spent one, while original wet fuel would from the core. Finally, this 
model can also be applied to sulfur-absorption reaction R.22 or R.26 (see Table 
8.5). This time, CaO or MgO would form the core and the inert would be CaCO , 
or MgC0 3 , respectively. In this case, S0 2 could be set as the representative 
reacting gas. 

On the other hand, in cases of devolatilization, drying, and sulfur absorption, 
there would be very little or no probability for the spent material to detach from 
the respective core. Therefore, the exposed core does not usually apply to those 
processes. 

EXERCISES 

Reproduce the same deductions made in this chapter for the case of a zero-order 
reaction (see Eq. 9.3). 

9.2*** Repeat Prob. 9.1 for the case of a second-order reaction. 

9.3* Consider a carbonaceous solid with the following composition: 

• Ultimate analysis (wet basis): 

Moisture: 5.00% 

Volatile: 38.00% 

Fixed carbon: 47.60% 

Ash: 9.40 

• Proximate analysis (dry basis): 

C: 73.20% 

H: 5.10% 

O: 7.90% 

N: 0.90% 
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S: 3.00% 

Ash: 9.90% 

Assume: 

Average particle diameter of 0.475 mm 
Mass flow of injected air: 0.7 kg/s 
Unexposed core model. 

Particles half converted, i.e., 50% of the original mass of carbon already 
consumed 

A gas phase composed by a mixture (mass percentages) of 10% oxygen, 
50% steam, and 40% of carbon dioxide at 1000 K and 10 bar 

Find if the reaction rate [kmol m 2 (of particle surface area) s '] between the 
carbon in the particles and oxygen in the gas is: 

i. Below 10" 8 

ii. Between 10 s and 10‘ 6 

iii. Between 10 6 and 1O' 4 

iv. None of the above 

9.4* Given the same conditions as in Prob. 9.3, find the reaction rate between 
the carbonaceous solid and water vapor is: 

i. Below 10 3 

ii. Between 10 s and 10' 6 

iii. Between 10 6 and 10 4 

iv. None of the above 

9.5** In order to demonstrate the formulas shown in Table 9.2, develop a complete 
solution for the heterogeneous reactions in the case of cylindrical particles. 

9.6** Compare with the solution in Prob. 9.5 for spherical particles if the 
particles of each form have identical external areas. Assume a ratio equal to 5 
between length and diameter of the cylinder. 

9.7** Repeat the comparisons for the case of particles with identical volumes. 
Assume the same ratio between length and cylinder diameter as in Prob. 9.6. 

9.8** Deduce Eqs. 9.53-9.56. 

9.9* Consider reactions R.1-R.6 listed in Table 8.4, and assume the simplification 
that char is composed only of carbon. To which of those reactions would 
hypothesis 3 of sec. 9.1 be more critical? In other words, which overall radial 
velocity u r would be farther from zero, and the second term of the left side of Eq. 
9.1 less easy to neglect? 
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9.10** Having in mind Prob. 9.9, we tried to develop a solution for the unexposed 
core model (Sec. 9.2.1), where the convective term in radial direction is included. 
For reaction i where component j is involved, the following relation was proposed: 

u r = jpr (9.57) 


where C, is a constant. 


Assuming for a moment that this is reasonable, in the case of steady-state 
process, isothermal and isobaric conditions, and flow only in the radial direction, 
which would be the best integer value for exponent nl Use Eq. A. 13 (Table A. 3). 

9.11*** Propose a relationship for parameter C, (in the relation shown Prob. 
9.10), for instance, as a function of the overall rate of consumption and 
production of gas components involved in the respective reaction i. Is such a 
proposal reasonable? Why? 


9.12**** For a constant valued of C„ find the solution of unexposed core 
model where the relation 9.57 is applied. Numerical methods may be used. 


9.13* Assuming steady state, and other conditions (list them), use Eq. A. 15 
(Table A.3) to arrive at the basic form 


r 2 dr 


( 


3T 

dr 


= -Rc 


(9.58) 


9.14*** Use Eq. 9.58 to obtain the temperature profile inside the particle 
assuming a constant rate or energy generation R Q . In addition, assume the 
temperature at gas surrounding the particle and the convective heat transfer 
coefficient a G between the gas and particle surface as constants and known. 
Solve the problem in the following situations: 

i. Exposed core model with constant conductivity, 
ii. nexposed core model. Usually, shell and core present different 
conductivities. 


9.15*** Use the profiles determined in Prob. 9.14 to arrive at the average 
temperature inside the particle. Apply the formula 

Tav = ^ J'" T(r)r 2 dr (9.59) 

v p 

9.16**** An even more realistic situation as that imposed for Probs. 9.13 and 
9.14 would be to consider that R Q is, in fact, a function of temperature. A 
relatively simple situation would be 
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% = XCex P 



(9.60) 


where 



(9.61) 


and the summation should include all i reactions simultaneously taking place 
between solid particle and gas reactants. Each parameter C, would include the 
pre-exponential factor and reactant concentrations. In this case, try to set a 
numerical procedure to obtain the temperature profile inside the particle. 
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10.1 DRYING 

As briefly described in Chapter 2, drying is a complex process. Despite not 
involving reactions, the treatment shown in Chapter 9 can by applied to provide 
a reasonable model for drying solid particles. To achieve that, the following 
assumption are assumed: 

1. All drying would take place as a second period model. Therefore, water 
vapor is transferred from the core (wet material) interface through the 
shell (dry material) layer. Water is found as liquid inside the pores of 
the core. However, steam flows inside the pores of dry layer around 
the core. The notation for the treatment ahead will indicate water as 
liquid by the number 700 and as vapor by the number 20 (see Tables 
8.1 and 8.2). 

2. The particle would be assumed isothermal. This is a more critical 
hypothesis because the dried shell usually attains higher temperatures 
than the wet core. However, for small particles, an average value may 
be assumed throughout the particle. Criteria for that involve Biot 
number, as discussed at Sec. 7.2.2. 

3. The “unexposed core” would be assumed as the approach to describe 
the drying of a particle. Of course, drying does not involve chemical 
reactions, but mass transfer plays an important role in the process, and 

178 
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the description shown before can be adapted for the present case. In 
doing so, it will be assumed that all phase changes occur at the coreshell 
interface. As commented in item 3 of Sec. 9.1, the assumption of 
negligible overall convective term (or radial velocity u r ) for the case of 
drying can be criticized. Therefore, the adaptation shown below should 
be seen as a first approximation. Corrections such as those proposed 
in Probs. 9.10 and 9.11 could be used and are left as exercises. 


The adaptation of unexposed core model begins by setting 



Therefore, the governing differential mass balance equations can be taken from 
Chapter 9. In this way, for the shell of already dried material (a<x<l) it is 


possible to write 


x 2 [x 2 y’(x) ] =0 

(10.2) 

with the solutions 


y’( x)=A 4 x' 2 

(10.3) 

and 


y--A 4 x 1 +B 4 

(10.4) 

As explained in Chapter 9, the 

mass transfer from the particle surface leads to 

y’(D=M[l-y(l)] 

(10.5) 

where 


«, =ns„ y 

T>20 ,A 

(10.6) 

and 


N - $ Gl ' A 

A sh " n 

U 20 ,G 

(10.7) 


Applying Eqs. 10.3 and 10.4 to 10.5, it is possible to write 


$4 — A 4 


^z! + i 

Ni 


( 10 . 8 ) 


In order to determine coefficients A 4 and B 4 , the change from liquid to vapor is 
assumed to take place at the interface between the core and the shell layers. 
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Therefore, the vapor pressure is the saturation pressure of water at the interface 
temperature, or 


and 


P 20 ,a 


y(a) '■ 


p 

1 sax,a 

RT n 


P20 ,a 


p 

1 sat ,a 


p20,oo RT a P20.O. 


(10.9) 


( 10 . 10 ) 


where a is given by Eq. 9.11. 

Therefore, y(a) is a function of the interface temperature T a . As isothermal 
condition in the particle has been assumed, the interface temperature is the 
average particle temperature. Thus, y(a) can be known at each point of the 
equipment because the energy and mass balances are solved simultaneously 
throughout the bed. 

Using Eqs. 10.3, 10.4, and 10.8, the following can be obtained: 

y(a) ~ 1 


A» = 

(\~a)/a + \/N] 

Finally, the drying rate is given by 


r c i 


-D 


20,A ■ 


dp20 


dr 


D20,aP20,q< 


rA 


y\D 


( 10 . 11 ) 


( 10 . 12 ) 


and from Eqs. 10.5, 10.11, and 10.12, the drying rate can be obtained as 
2 P20,sat-P20,°° 

(10.13) 


I'd 


Ip, I 


3 

^ U d,k 

k =1 


where 


U d ,V 


1 


^O.G-^Sh 


= U V , i 


(10.14) 


Ud, 2 = ——-= Uu, 2 

aD 204 


(10.15) 


Ui 3=0 

The original particle diameter is indicated by d p[ . 


(10.16) 


Copyright © 2004 by Marcel Dekker, Inc. 












Drying and Devolatilization 
10.2 DEVOLATILIZATION 


181 


As mentioned in Chapter 2, volatile is an important fraction of solid fuels and 
responsible for a series of processes during combustion and gasification. 
Therefore, a good representation or model for the devolatilization process is 
fundamental for reasonable modeling and simulation of any combustion and 
gasification equipment. 

It has also been shown that pyrolysis or devolatilization of carbonaceous 
solid fuels such as coal, charcoal, wood, and peat, among others, is a series of 
combined processes and reactions. The result is the release of gases and liquids 
into the atmosphere surrounding the particle. The compositions of such fractions 
include a large amount of chemical species, particularly tar [256], 

Very complex processes, such as pyrolysis, lead to very different levels of 
modeling. Some workers try extreme simplifications while others use elaborate 
mechanisms to explain several details. Descriptions of a few among the most 
important are given below. 

10.2.1 Basic Models 

As introduced in Chapter 2, devolatilization involves solid, liquid, and gas phases 
combined with heat and mass transfers and an impressive amount of reactions. 
The rate at which the various fractions are released is called the kinetics of 
devolatilization, or pyrolysis. Nevertheless, devolatilization is not just a chemical 
process; it involves phase changes, mass, and heat transfers. Thus, rigorously 
speaking, the term kinetics to describe pyrolysis is not appropriate. In view of 
such difficulties, any model for pyrolysis is just a crude approximation of reality. 
Therefore, it is not surprising to find models representing devolatilization within 
a wide range of precision when compared against the real process. The most 
important classes of models are: 

• Isolated kinetics models 

• Distributed activation models 

• Structural models 

The classification shown above is generally accepted. Nonetheless, it is important 
to remember that those models evolved naturally due to the need of better 
predictions for yielding of products from pyrolysis. The passage from a modeling 
category level to the higher one was accomplished either by sudden jumps or 
through slight improvements. Therefore, sometimes it might be difficult to 
distinguish one class of model from another. 

10.2.1.1 Basic Kinetics 

This class of models tries to represent the pyrolysis process by a single or a series 
of chemical reactions. Most of these are first-order and independent reactions. 
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This class can be subdivided into: 


• Global kinetics 

• Combination of series and parallel reactions 

Global. Global kinetics, also called single-step model , is the highest level of 
simplification. It assumes that volatile release can be represented by a single 
overall reaction such as 

Carbonaceous solid (dry)—>Wy(volatiles)+(l-wv) (char) (10.17) 

Here, w v is the fraction of volatile matter at a given instant in the carbonaceous 
solid (coal, biomass, etc.). The total amount of volatile in the original 
carbonaceous (determined by the proximate analysis, dry basis) is w v/ . Therefore, 
the kinetics is described by the following single equation: 

dw*, ,, ,, 

—- = k{w V i-w v ) n (10.18) 

dt 


For instance, in the case of the coal present in Table 2.1, H’ ra =0.38/( 1-0.05) 
=0.40. 

The kinetics coefficient is computed by classical Arrhenius’ law, or 


( 

k = k.() exp 

V 


E 

RT 


x 


7 


(10.19) 


As always, the pre-exponential coefficient k 0 and the activation energy E are 
determined by experimental procedures. The reaction order n varies between 1 
and 3. 

Badzioch and Hawksley [257] is an example of work that employed this 
approach. Arenillas et al. [127] presented a careful review for the various kinetics 
parameters in a case of bituminous coal. After comparisons between 
experimental determinations of mass loss of that particular coal against time, 
they concluded that reaction order n=3 provided the best results with k 0 =4 s’ 1 
and E= 94.1 MJ kmol 1 . 


Comments It should be noticed that the value of w VJ in Eq. 10.18 is determined 
under particular conditions of the experimental procedure. Usually, slow heating 
rate and moderate temperatures are employed. In addition, they are conducted 
at ambient pressure. However, the actual condition at which the pyrolysis occurs 
might substantially differs from those. As seen in Chapter 2, the total amount of 
released volatiles generally differs from w VJ . As the global kinetics method cannot 
a priori determine the actual total amount of released volatiles, that approach 
would lead to mistakes. In addition, it does not provide information regarding 
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the amount of gas and tar released during the pyrolysis, nor the compositions of 
those fractions. Such data are paramount for the development of consistent 
combustion or gasification simulation models. 

Combinations of Series and Parallel Reactions. To overcome the previous lack 
of information, some models included combined parallel and series of reactions. 
The simplest evolution from the simple overall description, such as given by 
Eq. 10.18, is to imagine a series of parallel first order reactions, or 

dwj 

— =kj(Wj£ m -Wj) ( 10 . 20 ) 


Here, w,j irn represents the mass fraction of gas species j in the gas mixture that 
would be obtained if the pyrolysis temperature were maintained (for a long 
time) at a given limit temperature. Notice that index j here represents not only a 
chemical species but also a reaction. Therefore, these models assume that each 
component from devolatilization is produced (or consumed) according to an 
individual reaction. 

The kinetic coefficeint kj is given by a typical Arrhenius’ form, or 


kj = ho, j exp 


RT 


( 10 . 21 ) 


In view of this, the above class of models depends on parameters not just for the 
kinetics but also for values of \v jX „„ measured at a given final temperature of the 
experiments. 

This approach was employed, for instance by Nunn et al. [73,74]. They 
developed experiments for sweet gum hardwood and wood lignin. The tests 
used the captive technique (see Appendix G) where samples of 100 g of 
carbonaceous solids were heated at 1000 K/s in an electrical batch reactor. 
Concentrations of various gases were determined while the temperature varied 
from 600 to 1400 K. The value vv, Um for each gas was measured when no further 
variation was noticed, or 


dw i 

dt 


= 0 


^lim 


( 10 . 22 ) 


Actually, for most measurements, the limit condition was found around 1200 
K. A typical form of the curves obtained during tests is shown in Figure 10.1. 

The parameters adjusted for these conditions can be found in tables presented 
in Refs. 73 and 74. In order to provide an idea of the product from pyrolysis. 
Table 10.1 shows the composition of the gas from devolatilization of wood and 
wood lignin at approximately 1400 K, as given in those references. 
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FIG. 10.1 Typical graph obtained for gas yield during tests by Nunn et al. [73,74] 


TABLE 10.1 Approximate composition of gas from biomass pyrolysis as reported by 
Nunn et al. (1985 a,b) 


Gas species 

Mass percentages 1 

Wood 

Wood lignin 

H 2 0 

5.9 

4.5 

CO 

19.5 

22.7 

CO, 

7.0 

4.9 

CH 4 

2.6 

3.8 

c 2 h 4 

1.5 

1.1 

c 2 h 6 

0.2 

0.4 

C 3 H 6 

0.5 

0.4 

Other b 

9.9 

6.2 

Tar 

52.9 

56.0 


“ Values deduced from Refs. 73,74 

b Mixture includes HCHO, CH 3 OH, butene, ethanol, acetone, 
furan, acetic acid, oxygenate components. 
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During comparisons against experimental results, Nunn and coworkers 
[73,74] reported the above parameters led to deviations below 1% for almost 
all gases and somewhat higher for CO and CH 4 . However, for the accumulated 
for weight loss the deviation was around 6%. The main problems for applications 
of the above approach are: 

• Tar as well other yields do not follow the typical curve shown in Fig. 
10.1. As shown in Fig. 10.2, tar presents a maximum before 
stabilization. Therefore, it cannot be represented by a first-order kinetics 
model. As seen before, this is mainly because as tar forms, it also 
cracks into lighter gases and cokes into char. These processes are called 
secondary pyrolysis reactions. 

• Other gases do not reach a zero derivative within the range of 
temperature measurements. This is the case of methane as well as 
several other gases, and the value of limit yield is not recognizable. 

• In the particular case of Nunn’s experiments, hydrogen was not 
collected. However, several works [46,65,67,126, to mention a few] 
indicate hydrogen as an important product from pyrolysis. With 
additional sophistication, others [85,76] propose that hydrogen is a 
product of secondary pyrolysis reactions. In any case, since tar starts 
decomposing when already migrating through the pores inside the 
particle, it is almost impossible to separate the pyrolysis primary from 
secondary reactions [231]. This is even truer in case of industrial 
combustion and gastification. Therefore, a robust model should be able 
to provide the amounts of all gases (including hydrogen) as well tar at 
each condition of temperature, pressure, heating rate, and any other 
variable with verifiable effect on the pyrolysis. 



T (K) 


FIG. 10.2 Typical graph for Tar yield during tests by Nunn et al. [73,74] 
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FIG. 10.3 Scheme for biomass devolatilization. (From Refs. 55,258.) 

Despite those problems, the work of Nunn et al. [73,74] gives important 
information about the pyrolysis stoichiometry, which might be applied in models 
as a first simple approach. Shafizadeh and Chin [55] developed one of the early 
works having in mind combinations of series and parallel reactions to model 
coal pyrolysis. Variations on the works of Shafizadeh can be found throughout 
the literature [71,112], 

A similar approach for cellulose was used by Bradbury et al. [59], who 
proposed the mechanism where: 

• Cellulose decomposes into active cellulose. 

• Then active cellulose decomposes into char, gas, and volatiles (tar). 

As seen, the Bradbury et al. model does not allow the computation of tar and 
individual gas species production, nor considers the secondary reactions. 

Turner and Mann [258] worked on cases of wood pyrolysis and followed the 
early proposal by Shafizadeh and Chin [55]. This model consists of two levels of 
reactions (Fig. 10.3). The primary level, when the carbonaceous decomposes in 
the main fractions by three parallel reactions 1-3. The secondary level is composed 
of two parallel reactions—4 and 5—through which tar can be cracked into light 
gases or cooked to char.* Thurner and Mann developed careful experiments and 
determined the kinetics of primary reactions 1-3. They did not determine the 


* Actually, there are two main routes for tar coking. If the tar is being formed and still inside the 
particle pores, the coking leads to char and decomposes into light gases. If the tar is free from the 
particle (mainly suspended as mist into the gas stream), it might crack into gases or form coke and 
soot. Soot and coke differ a lot both in physical and chemical characteristics. The first can only be 
formed in reducing conditions, the second in oxidizing conditions. Coke particles are cenospheres, 
which are hollow spheres with dimension of fractions of millimeters. Soot particular are flat particles 
with dimension in the range of angstrons, and therefore within the range of light wavelengths. 
That is why soot presents special optical properties, e.g., very high absorption of light, nearing 
ideal black bodies. Coke does not present such properties. 
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kinetics of secondary reactions 4 and 5 by assuming the conditions that tar was 
fast removed from reaction zone. Of course, they implicitly assumed that secondary 
reactions were much slower than reaction 2. In addition, reactions 1-3 were treated 
as independent and obeying a first-order behaviour. Despite that, their model fit 
the experiments reasonably well. Nevertheless, their model does not provide the 
distribution or production of individual gas species from pyrolysis. 

As mentioned before, the large majority of works on solid fuel concentrate 
on coal. Among them, the models by Solomon et al. [80,85] have been widely 
used. That model involves the following stages: 

1. Raw coal decomposing into metaplast. Part of raw coal may also form 

primary char and tar. 

2. Metaplast decomposing into tar, primary gas, and char. 

3. A final stage where: 

a. Tar cokes to form soot or cracks to form secondary gases. 

b. Primary gas decomposes into soot or secondary gases. 

c. Primary char leads to secondary char or secondary gases. 

As seen, coal is assumed to reach an intermediate condition, which they called 
metaplast. This allows an explanation for the possibility of swelling, which is 
verified for several coal ranks. Once coal is heated, it undergoes a reduction of 
hydrogen bonding and breaking of molecular structure leading to the formation 
of a liquid state. A plastic consistency is verified in layers near the particle 
surface. This layer blocks the pores, and gases/tar released from devolatilization 
cannot leave, leading the particle to increase its diameter. For some types of 
coal, this swelling could be severe. 

Comments Although this class of models includes the amounts of tar, gases, 
and char released during pyrolysis, it needs special correlations to account for 
the stoichiometry or ratios of individual gas species obtained in the process. 
Despite the importance of the subject, there are relatively few published works 
and none encompassing the whole range of possible conditions. 

The first most noticeable work with the preoccupation of stoichiometry in 
mind was developed by Loison and Chauvin [46]. They determined the mass 
fractions of component species in the mixture released from fast devolatilization 
of several coals and arrived at the following corrections: 


w’h 2 = 0.157 — 0.869M-v, daf + 1.338wy jdaf (10.23) 

u'|1 20 = 0,409 ~ 2.389ny Ja , + 4.554irj da t (10.24) 

w co = 0.423 - 2.653wv, daf + 4.845w 2 v , daf (10.25) 

ii(( >2 = 0.135 — 0.900w Vjdaf + 1 P06ny ala f (10.26) 

wch 4 = 0.201 - 0.469wy, daf + 0.241wy -daf (10.27) 
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-0.325 + 7.279wv,daf - 12.884w 2 K daf 
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(10.28) 


w 


tar ““ 


Later, Fine at al. [52] provided correlations to determine the amount of H 2 S and 
NH, obtained from the devolatilization. 

These relations were developed just to evaluate the total amount of species 
released after the complete pyrolysis performed at a given particular set of 
conditions. Therefore, they cannot reflect the influence of other factors such as 
pyrolysis temperature, heating rate, pressure, etc. Despite that, it was useful for 
simplified modeling and employed in several works [145,146,152,210-212,229]. 

Other approaches regarding devolatilization stoichiometry were made. For 
instance, Fuller [65] reported the average overall composition of gas from coal 
pyrolysis as 55% for H 2 , 29% for CH 4 , 5.5% for CO, 2.6% for C0 2 , 3% for 
aromatics, 2.6% for SO x , 0.9% for 0 2 , and 4% for N 2 . Again, for the same 
reasons as mentioned for the work of Loison and Chauvin [46], these values 
alone are not useful for realistic modeling. 

Howard et al. [64] observed that pyrolysis in the presence of calcium minerals 
leads to decrease of hydrocarbon and increase on CO yield. Brage et al. [106] 
studied the tar evolution from wood pyrolysis. They characterized and compared 
the tars obtained at different temperatures. From 970 to 1170 K, a decrease in 
the tar yield was observed. Asphaltenes, phenols, ethane, and ethyne 
concentrations in tar decreased as well, while the concentrations of aromatics 
such as naphthalene increased. Unfortunately, no correlation is provided, but 
they state that yields should be proportional to the dissociation energies of 
components. This was also verified before by Bruinsma et al. [88] 

More recently, Das [126] determined the rates of few individual gas species 
from devolatilization of some coals. All tests showed the following trend: 

• CH 4 production rate peaks around 770 K. 

• CO production rate peaks around 970 K. 

• H 2 production rate peaks around 1020 K. 

• Overall volumetric concentrations of gas mixture from pyrolysis vary 
within the following ranges: 55-70% for H 2 , 20-35% for CH 4 , and 7- 
22% for CO. 

He also obtained correlations for H 2 , CH 4 , and CO yields. However, those 
correlations are difficult to apply due to dependence on parameters such as 
concentration of vitrinite in the original coal and mean maximum reflectance 
of vitrinite in oil collected during pyrolysis—are not easily available information. 

10.2.1.2 Distributed Activation 

Distributed activation (DA) models also assume devolatilization occurring through 
several parallel simultaneous first-order reactions. This may sound similar to the 
model based on series of parallel reaction, as shown above. However, the first 
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intent of DA models is to simplify or avoid experimental determination of each 
species releasing kinetics. In addition, they include considerations based on internal 
physical-chemical structure of the carbonaceous. 

The method departs from Eq. 10.20. However, here the index j might 
designate reactions producing not just gases but also liquids and solids released 
or formed during pyrolysis. Moreover, as a single species j can be produced by 
one or several reactions i; 10.20 can now be written as 


dwj_ 

dt 


“ H '/) 


(10.29) 


It is interesting to notice that the assumption of first-order reactions allows a 
simplification to return to the form given by Eq. 10.20, by writing 

(10.30) 


where the summation should be performed over only the first-order reactions i 
that involve the species j. 

Integration of that equation gives 



(10.31) 


if an Arrhenius’ form for kinetics is assumed, or 


k j 


=X% ex p 


_Ei_ 

RT 




/ 


For isothermal conditions, Eq. 10.31 would be written as 


W J = w j, ton 


[ 

/ 

< 1 - exp 

-X*o,T ex P 

_ i V 



(10.32) 


(10.33) 


As seen, this involves the estimation of all pre-exponential coefficients k 0 i and 
activation energies At least at the time of these developments, that was 
difficult to achieve. 

The distributed activation method, first proposed by Pitt [45], assumes the 
following simplifications: 

• All pre-exponential coefficients are equal, or k 0J =k 0 . 

• The number of reactions is large enough to permit the activation energy 
to be expressed as a continuous distribution function ./(£'), with f(E) 
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dE representing the fraction of the potential volatile loss w viim which 
has an activation energy between E and E + dE. Therefore, vv /Jlrn 
becomes a differential part of the total volatile loss, or and can 
be written as 

dw VtUm = w VMm f(E) dE (10.34) 

with 

f 0 f(E)d.E = 1 (10.35) 

Using the above equations, we can write the total amount of volatile released at 
isothermal condition from the start (r=0) until a given time 1 as 


W V = w V,lim 


i-J^exp -^expf-^j 


f( E ) dE 


(10.36) 


Once the distributed function is chosen, the value of the pre-exponential factor 
k 0 can be found by fitting the theoretical and experimental curves of volatile 
released against time. 

Pitt [45] chose a simple step function where the term 



was assumed to be 


• Equal to zero, for E<E t 

• Equal to 1, for E > E t 

where 

E, = RT ln(Uit) (10.37) 

After the fitting for a particular coal, the value for k 0 was found to be 1.67x 
10 13 s 1 . 

The main problem of this method is the assumption of the isothermal condition 
from the start to the end of pyrolysis. Of course, this is impossible to achieve 
simply because devolatilization starts as soon as the sample begins to be heated 
and continues until it reaches the final desired temperature. That is why Anthony 
and Howard [17] affirm that Pitt’s results are not reliable for residence times of 
the solid sample (in the thermal gravimetric balance) below 15 s. 

In view of that, Anthony et al. [53] generalized Pitt’s procedure to allow for 
nonisothermal conditions. Starting from the general equation 10.31 and fol- 
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lowing the same reasoning of Pitt’s work, the total amount of released volatile 
from the start to a time t, even in nonisothermal conditions, would be given by 



(10.38) 


Then, they assumed function f(E) as a Gaussian distribution with mean 
activation energy Eq and standard deviation a v . Therefore, 



(10.39) 


The four parameters E () . a v , k 0 , and w v ,iim can be adjusted to fit experimental 
curves of total volatile releases against time for each temperature. As an example 
[53] for a case of lignite, very good fitting was achieved with the following 
values: E 0 =204 MJ/kmol, <j v =39.3 MJ/kmol, A: 0 =1.07xl0 10 s' 1 , and w Wim =40.6% 
of the original coal. 

Regardless of the good predictions of total volatile releasing rates over a 
wide range of temperatures, that treatment does not provide the rates for 
individual species. 

Comments. Despite the considerable improvements on predictions provided by 
the distributed activation models, the problem of stoichiometry or composition 
of products released during pyrolysis remained. It was felt that deeper and more 
detailed information regarding the chemical processes involved in that processes 
was required. These new models can be classified as structural. 

10.2.1.3 Structural 

The advances on analysis techniques, especially the Thermogravimetric 
(TGFT1R) technique, allowed greater knowledge of internal physical and 
chemical constitution of solid fuels.’ This led to increasingly sophisticated 
representations for the pyrolysis process. These new models fall in the category 
of devolatilization structural models. The text below describes those more often 
applied or cited in the literature. 

Gavalas-Cheong Model. Gavalas, Cheong, and coworkers [54,60-62] developed 
one of the first models based on functional groups, which rests on the following 
assumptions: 


* Detailed descriptions of solid fuel structures are beyond the scope of the present book. An excellent 
summary of those can be found, for instance, in Ref. 6. 
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1. Coals belonging to a broad range of rank can be characterized by a 
common set of functional groups. The concentrations of these groups 
differ from coal to coal. 

2. At higher temperatures, the functional groups react by free radical reaction 
mechanisms. 

3. Many of reaction rate parameters can be estimated by the methods of 
thermochemical kinetics. 

4. In addition to concentrations of functional groups, the evolution of solid 
coal and formation of products requires the concentrations of reactive 
configurations. These depend on the spatial arrangement among the 
functional groups. In the absence of other information this arrangement 
is assumed to be random, subject to few chemical constrains. 

Then they elected 14 basic functional groups composed by a characteristic ion 
or radical or organic bond structures linked to a peripheral aromatic carbon (or 
an aromatic nucleus). As examples, among the ions there were hydrogen, methyl, 
ethyl, hydroxyls, etc. A system of differential equations representing the various 
decomposition reactions for these groups was set and solved for two examples. 
As stated by the authors, despite the good fitting against experimental 
verification, the application of their model is difficult because: 

• Reaction rates were represented by lengthy rate expressions. 

• Several kinetics parameters were assigned arbitrarily and differ from the 
best-estimated values. 

Finally, the authors concluded: “In its present state the model should not be 
considered as final and ready to apply but rather as a source of mechanistic and 
kinetic information and of various mathematical techniques that may be 
variously combined in more applied and specialized model.” 

DISKIN and DISCHAIN. Another class of structural models was proposed by 
Niksa and Kertein [83]. They managed to simplify former approaches, while 
achieving good results after comparisons against experimental data. 

Their model also addressed the influence of molecular structure of coal on 
the evolution rates of volatile products during pyrolysis. That influence was 
expressed in terms of aromatic nuclei, bridges, and peripheral aromatic groups 
in the coal structure, which could be summarized as: 

• Aromatic groups are linked by bridges. 

• Peripheral groups are attached to aromatic groups. 

The correct composition in terms of aromatic groups, bridges, and peripheral 
groups is determined through laboratorial analysis for each fuel. In addition, 
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their average molecular weights can be determined as well. In the lack of further 
information, Niksa and Kerstein suggest the following molecular masses: 

• Typical bridges found in coal between 25 and 75 kg/kmol 

• Peripheral groups between 20 and 25 kg/kmol. The average molecular 
mass of released gases would fall in the same range. 

• Aromatic groups around 1500 kg/kmol 

• Tar around 750 kg/kmol 

The following mechanism was proposed: 

1. Aromatic groups decompose into free monomers and immobile 
recombination sites. 

2. These groups further decompose into char and tar. 

3. Parallel to the decomposition of aromatic groups, bridges dissociation 
leads to peripheral groups. 

4. Peripheral groups (previously present in the carbonaceous matrix and 
those from bridges) decompose into light gases. Therefore, there is a 
correspondence between the initial concentration of these peripheral or 
functional groups and the yield of gas. 


The above mechanism was given the name of DISKIN, which is a variation of 
DISCHAIN. A latter development was given the name of D1SARAY. 

Both DISKIN and DISARAY methods include the approach of distributed 
energy reaction kinetics to describe decompositions of bridges and aromatic 
units. They only differ in the method assumed for the reaction interrelation. 
DISKIN relies on a stoichiometry coefficient a sit to reduce the formulation to 
mass-action kinetics of reactions, while DISARAY includes probability 
expressions governing the network statistics for a branched array. 

To provide a good example of those models, let us show the basic equations 
in which the DISKIN model is based upon the following: 


dx 


aro 


dXbri 


dt dt 


- j k b ri exp 
0 


t 



0 


f(E) dE 


(10.40) 


f(E) = - - exp 

Oy \ 271 

dx per | A ^bri 

■ — "■^C-^per — ^bri I 

dt F dt 


( E-Eq ) 2 
2o 2 v 


(10.41) 

(10.42) 


dx m0 n ,, n dXbri 
• = -(l -fl sit )- 


dt 


dt 


‘ ^char-Tnon (•^mon "^sit) (10.43) 
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^sit _ i a a ^-bri 

, ~ ^char mon'^sit ^sit , 

dt dt 

(10.44) 

dx G _ A 

, “ *G ^per 

dt F 

(10.45) 

^tar _ ^ i a 

— ^^tar^mon 

dt 

(10.46) 

dx c har , a , a a. , 

, — ^char-^mon V-^-mon X§it ) 

dt 

(10.47) 


Here, x are the relative molar fractions defined as follows: 


• In the cases of peripheral and gases, values are relative to the initial 
moles of peripheral groups, or 


a _ -^per _ tVp er 
-^per — — 

■'‘I.per tl’fpe,- 


*G _ Hfa/Mg 

■H.per w i,per^^per 


(10.48) 

(10.49) 


• In the cases of any other species, values are relative to the initial moles of 
bridges, or 


a _ x bri _ tVbri 
•*bri — ~ 

•*Xbri ^Ijbri 

A X w,l M g 

X • —--— —--- 

1 *I,bri Wi,bri/M bri 


(10.50) 

(10.51) 


here j can indicate: aromatics (aro), tar, immobile recombination sites (sit), free 
monomers (mon), and char. 

In the above, stoichiometry leads to 

M bn 

a bri=—— (10.52) 

Mq 


Other parameters applied by that work were: 

( 20090 A 


'bri 


= 2xl0 10 exp 


-i 


/ 


(10.53) 
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&tar = 9xlQ 6 exp 


15640 A _! 


(10.54) 


^char — 10 SXp 


{ 12390 


(10.55) 



\ 7 


s 


(10.56) 


and a sit =0.25, £ 0 = 167 MJ kmol 1 ct,= 33 MJ kmol 

The starting mass fractions W/, mon W/ itar vr 7 iSit , and w /char those related to aromatic 
groups, bridges, and peripheral groups, to which the following values were 
given: w ;>aro =0.919, w /jbri =0.052, w,, per =0.029. 

Summarizing: 

• Use the initial mass concentrations wjj and the values of molecular mass 
as suggested by Niksa and Kertein [83] (M mon =M aro =M sit =1400 kg/kmol, 
M bri =75 kg/kmol, M per =M G =20, M tar =700) and Eqs. 10.49-10.51 to 
determine the initial boundary of differential equations 10.40-10.47. 

• Other parameters such as «, lt « bn (Eq. 10.52), and kinetic coefficients are 
given as above. 

• Solve the system 10.40-10.47 to obtain the release of tar and gases, as 
well the remaining char against time. 

• Obtain the mass fractions of those components (use Eqs. 10.48-10.51 
again). The total mass of released volatiles would be 

w v =w tar +w G (10.57) 

Notice that these would be a function of time. The limit value would be the one 
when the integration stops, which is the instant when any of the concentrations 
of aromatic groups, bridges, or peripheral groups drops to zero. Therefore, the 
time for completion of pyrolysis is also obtained. 

The DISKIN—and as a consequence, DISARAY—models present the 
following advantages: 

• Provides a first-order differential system of equations to solve. Despite 
nonlinear and involving integrals, these systems can be easily solved by 
commercial packages of mathematical routines. 

• Provides the amounts of gas, tar, and char produced against time. 

• Results fit well to experimental data. 

• Allows easy computations of various other parameters, such as time to 
complete devolatilization. 
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On the other hand, it does not provide the composition of the gas mixture 
released during pyrolysis. 

FG. Solomon and Colket [57] developed another class of structural models, 
which was named species-evolution/functional-group, or simply, the FG model. 
That was improved over the years and presented in Serio et al. [81], and Solomon 
etal. [78], 

As with other structural models, FG recognizes the molecular constitution 
of the solid fuel and its influence on gas and tar releases. However, in addition, 
it provides the composition of gases released at each state of the pyrolysis. This 
information is paramount for sound modeling and simulation of combustion 
and gasification processes. 

As seen in Chapter 2, the dynamic analysis of releasing of gases from 
devolatilization, such as CO, C0 2 , H 2 0, CH 4 , usually shows two or three peaks 
for each species. Therefore, each gas should present different releasing kinetics, 
which in turn, should be combinations of kinetics at each stage. 

The FG model uses the idea that functional groups are formed by tightly 
bound aromatic clusters connected by weaker aliphatic and ether bridges. 
Thermal decomposition would allow depolymerization or breakage of those 
bridges and release gases and large fragments. These large fragments were the 
precursors of tar. As heating of particles is always progressive, bridges would 
break in stages. Tougher bridges would require higher temperatures to break, 
which could explain the stepwise release of gases and tar. As mentioned in 
Chapter 2, experimentation [67] confirmed the dependence of rate constants 
for the release of tar and the thermal decomposition of the various functional 
groups on the nature of the bridging bond or the functional group. Moreover, 
the kinetics of these decompositions appeared relatively insensitive to coal rank. 
That allowed writing kinetics for staged release of individual gases and applicable 
to pyrolysis of almost any coal. The only variable would be the starting 
concentration of precursor functional group in the coal. After some development, 
the resulting kinetics was presented in Solomon et al. [85]. An adaptation of 
that work to the notation employed in the present text is shown below. 

The equations of the FG model are relatively simple and given by*: 



(10.58) 


(10.59) 


* See the notation for numbers in Tables 8.1 and 8.2. The number 398 represents tar. 
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It is also important to stress that for each gas component j the FG model sets 
three possible i reactions. Each i reaction corresponds to a different degree of 
bound toughness. Therefore, this method allows representation for staged 
released of each species, and therefore simulates the peaks observed during 
pyrolysis experiments. 

Although a generalization (j from 1 to 500) appears in the above equations, 
the FG model allows computations for H 2 (j= 19), H 2 0 (j= 20), NH 3 (/'=22), CO 
(/=44), C0 2 (/=46), HCN 0=51), CH 4 0=61), C 2 H 4 0=88)*, and tar 0=398). The 
kinetics coefficient k i%j is calculated using the following traditional Arrhenius’ 
equations: 


k\ ,19 = l.OxlO 1 * 1 exp 


^ 1,20 = 2 . 2 xlO i8 exp 


^ 2,20 =1.7x10 ' 3 exp 


kj 22 = 1 . 2 xl 0 12 exp 


ki 4 4 = 1.4xl0 18 exp 


A: 2,44 = 1 JxlO 15 exp 


^ 3,44 = 2 . 0 xl 0 13 exp 


40,500 

T 

30,000 

T 

32,700 
T 

27,300 
T 

40,000 
T 

40,500 


45,500 5 
T 


^ 1,46 = 8.1xl0 12 exp 


22,500 


(10.59a) 

(10.59b) 

(10.59c) 

(10.59d) 

(10.59e) 

(10.59f) 

(10.59g) 

(10.59h) 


* In the present adaptation of the work from Solomon et al. [85], the aliphatic group is 
represented by ethane. 
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&2,46 = 6.5xl0 16 exp 


( e^n \ 


33,850 


^3,46 - l.lxlO 15 exp 


k\ t 5 i - 1.7xl0 13 exp 


& 2 , 5 i = 6.9xl0 12 exp 


v y 
38,315 ^ 
v’ ^ y 

30,000 

T 
V 

( /i i sri/i 


42,5(30 


v r y 


^i,6i = 8.4xl0 14 exp 


30,000 
V r y 


^ 2 , 6 i = 7.5xlO u exp 


^3,61 = 3.4X10 1 1 expj - 


' 30,000 N 

r r J 

30,000 


^ 1.88 = 8.4xl0 14 exp 


30,000 


v T J 


^1,398 = 8.6xl0 14 exp 


( 27,700 ^ 
v 7 y 


(10.591) 

(10.59J) 

(10.59k) 

(10.591) 

(10.59m) 

(10.59n) 

(10.59o) 

(10.59p) 

(10.59q) 


Obviously, the temperature in Eqs. 10.59 is the average temperature of the solid 
fuel particle going through pyrolysis. The coefficient for tar coincides with the 
kinetics coefficient for bridge breaking. It is also important to notice that tar 
(here called species 398, as shown in Table 8.1) release is proportional to the 
destruction of tar precursor initially in the solid w, tar The various values of W IXj 
are therefore initial (t= 0) boundary conditions for the system formed by Eqs. 
10.58 and 10.59 and given by: 

w s ,jj=w,ij l<j<500, l<i<3 (10.60) 

w GilJ =0 l<j<500,7^398, l<i<3 (10.61) 
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Values for w UJ in the cases of Pittsburgh No. 8 bituminous coal and for North 
Dakota Zap lignite can be found, for instance, in Ref. 85. These have been 
obtained from laboratorial analysis. Therefore, any rigorous application for 
other fuels would require a similar procedure. For the specific case of tar, i >398 
is called the potential tar-fanning fraction of the fuel. The FG model sets it as 
an adjustable parameter. Later, a combination with DVC model allowed 
predictions of that parameter as well. Another suggestion is to replace the 
combination with DVC model by the DISKIN or DISCHAIN models, which 
may provide a good prediction of tar formation. 

The remaining problem concerns the boundary conditions for the above 
system of differential equations. The correct procedure for setting these requires 
laboratorial determinations of various groups for the specific fuel. 

Despite the possibility to predict the release rate of various gas species from 
pyrolysis, concentrations of important species such as C 2 H 6 (/= 100), C 3 H 6 
(/= 120), C 3 H 8 (/=!32), and C 6 H 6 (j= 242) cannot be estimated. However, as the 
original FG model mentions the whole group as aliphatic, an approximation 
such as to assume their release rate proportional to the general aliphatic group 
seems reasonable. This might be achieved after a few comparisons between 
simulation and operational data from real gasification units. 

The system of 33 first-order differential equations (Eqs. 10.49 and 10.50) 
with just initial boundary conditions is easily solvable by any commercial 
package. All solutions are monotonic asymptotic exponentials leading to fast 
and converging solutions. 

Comments The series of works by Solomon and collaborators is an example of 
serious and solid scientific research. It started in the 1980s with experimental 
investigation by carefully measuring and observing details of pyrolysis, 
especially the release of gases and tar. As described in Chapter 2, the verification 
that those releases did not occur in single peaks, even for each species led to the 
idea of staged kinetics. In addition, a careful analysis led the excellent paper 
from Solomon and Hamblen [67]. There, the conclusion that kinetics of tar and 
gases releases are relatively independent from fuel rank or composition allowed 
an important generalization [85]. These verifications were accompanied by 
theoretical considerations, which led to mathematical models that, in turn, 
were compared with experimental data. A work developed over several years 
leading to models applicable to a great range of situations. 

An example of the FG application, the solution of boundary value problem 
formed by Eqs. 10.58-10.61, for a case of bituminous coal was performed here, 
and Table 10.2 summarizes the composition of released products around 1300 
K. It should be noticed that the FG model allows determination of aliphatic 
release. However, attention is necessary at this point because some workers 
include several aliphatic species as tar. Unfortunately, there is no consensus 
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TABLE 10.2 Composition of gas from coal 
pyrolysis obtained after solution of FG model 


Species 

Mass percentage 

h 2 

0.000 

h 2 o 

16.542 

CO 

6.669 

co 2 

3.672 

HCN 

0.061 

ch 4 

0.397 

C 2 H 4 " 

39.678 

Tar 

32.981 


* Represents aliphatic components. 


regarding what is tar and the boundary between tar and other chemical 
components is a matter of choice. This is why the FG method might predict 
lower tar emissions than other methods. For instance, a simple calculation 
using Eqs. 10.23-10.28, from Loison and Chauvin [46], using the same coal, 
leads to tar concentration around 48% in the exiting gas (see Prob. 10.1 ). Despite 
the relatively low precision of their method, it is clear that the definition of 
what constitutes tar considerably influences the interpretation of model results. 

DVC and FG-DVC. The depolymerization-vaporization-crosslinking (DVC) 
model is described in Solomon and King [84] and Squire et al. [77]. This 
sophisticated structural model allows determination of devolatilization main 
pyrolysis characteristics. However, it depends on several parameters that should 
be obtained from laboratorial analysis of the solid fuel. Some of those could 
not be determined by tests and were left free and used to adjust or calibrate the 
model in order to reproduce experimental results. Moreover, DVC cannot 
determine the composition of gas released during pyrolysis. Later, Solomon et 
al. [85] overcame that by combining the FG and DVC models. This allowed 
solving the apparent problem of the FG model mentioned before, which was to 
adopt a potential tarforming fraction of fuel w ;tar without analysis or 
phenomenological basis. 

FLASHCHAIN and CPD. The FLASHCHAIN model is described, for instance, 
in Refs. 84,97, and 98, while a description of CPD description appears in Grant 
et al. [93] and Fletcher [96,99]. 

These methods allow several ramifications, and there are over 50 models 
presented in the literature. All of them depart from the assumption that a 
carbonaceous fuel can be represented by a macromolecule formed by linked 
blocks of aromatic rings. Upon heating the sample, these links sever and new 
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links may appear. Statistic rules describe the frequency of such ruptures and 
new linking. Computations of molecular weight distributions provide the 
proportions among tar, gases, liquids, and char. The models vary in: 

• Assumptions concerning the modes of link breaking 

• Definitions of ranges of molecular weights for tar, gases, and liquids 

• The statistical method employed in calculations 

Solomon et al. [94] performed comparisons between the existing models at that 
time and found that the choice of statistical method has almost no influence on 
the simulation results. On the other hand, significant differences in outputs 
arise from differences in the first two blocks of assumptions. 

Among several publications, discussions of these models can be found in 
Smith et al. [6], Bulsari [259], and Williams et al. [137], 

Commerical packages for neural network modeling are available. Carsky 
and Kuwornoo [124] describe the results generated from the application of one 
package on modeling or coal pyrolysis. 

As clearly indicated in the Preface, the present text does not intend to present 
exhaustive discussion on all aspects of combustion and gasification of solid 
fuels. The main objective is to show the most important facets of the subject in 
order to provide an introductory course to those interested in modeling and 
simulation. Deeper and more detailed descriptions of various aspects regarding 
devolatilization of physical-chemical phenomena can be found in the excellent 
papers by Niksa and Kerstein [97,98]. 

From what has been described above, it is easy to conclude that pyrolysis is 
indeed a very complex aspect of solid fuels combustion and gasification 
modeling. The stage achieved by the FG model is considered enough to allow 
reasonable to good mathematical representation of devolatilization. Therefore, 
the next part of this chapter will show how such a model can be integrated into 
the more comprehensive simulations shown in the book. It is the hope that this 
will provide a guideline to those willing to introduce further and more 
sophisticated representation of pyrolysis into their models. 

10.2.2 Adaptation to Present Model Approach 

Adapting models taken from the literature to one’s own approach for a 
comprehensive simulation might be a difficult task. Differences in units, notation 
or interpretation of notation, approach toward kinetics and stoichiometry, and 
range of applicability, are among the most common sources of mistakes. In 
order to avoid them, it is very important to clearly understand the model 
presented in the paper or text, the method by which the author obtained 
experimental results, developed equations or correlations, and assumed 
conditions or hypothesis. 
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10.2.3 Stoichiometry 

Obviously, the adaptation should ensure the coherence between the main 
program and submodels. One mandatory requirement for coherence is to respect 
the conservations of mass and energy. Therefore, correct stoichiometry of all 
reactions—including those related to pyrolysis—should be ensured. 

Tables 8.4 and 8.5 show the following reactions related to pyrolysis and 
considered by the general model given in the present text: 

• Reaction R.7, which represents the main decomposition of volatile matter 
in the original solid fuel into mataplast and char. 

• Reaction R.8, representing the decomposition of volatile into tar and 
gases 

• Reaction R.9 that allows the coking of tar 

• Reaction R.50, representing tar cracking into light gases 

It is important to remember that all pyrolysis models try to reproduce the 
processes represe nted just by reactions R.7 and R.8, while reactions R.9 and 
R.50 are considered secondary because they occur only after the release of tar. 
The approach presented here also takes into account Reaction R.49, representing 
possible combustion of tar. 

Reaction R.7 is represented by 


Fuel daf — >x v volatile+(l-Xy) char! (10.61a) 

It should be noticed that all reactants and products are taken at the dry and ash¬ 
free basis. Of course, this is just a representation to allow application of 
correlations and models from literature. To facilitate the understanding of the 
following discussion, let us represent a more detailed reaction: 

CcOF(514)HcOF(531)NcoF(546)OcOF(551)ScOF(563)^ 

'ty{CcoV( 514 )HcoV( 531 )NcoV( 546 )OcoV( 551 )ScOV( 563 )) 

+( 1-Xv)(CcoC1(514)H C oC1(531)NcoC1(546)OcoC1(551)ScOC1(563)) (10.61b) 

The indexes COFfyj, COV(/j, and COC1 (j) are the coefficients in the representative 
formulas for original fuel, volatile, and char, respectively. The numbers j related 
to species in solid matrix are given by Table 8.2. Here, all compositions of solid 
species are in dry and ash-free basis. The ultimate analysis of solid fuel allows 
the computation of original fuel composition, or (see Eq. B.47) 


COF(y') = 


w/,fu eld.j M 5 14 

Wl,5\4,d,j Mj 


j = 514,531,546,551,563 


(10.62) 
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where w tflleW j is the mass fraction (dry basis) of component j in the original fuel. 
Similar to what is discussed at Sec. B.7, the equivalent molecular mass of 
original fuel is computed by* 

M/, fuel - X COF 0') m / j = 514,531,546,551,563,824 (|()63) 

j 


As seen, the stoichiometry of reaction R.7 depends on the partition between 
volatile and char. The fraction of released volatile x v can be computed from w v , 
which in turn can be obtained, for instance, using the DISKIN model, as explained 
before, and 


Xy = 


w v/m v _ 

W V ^V+Wchar/^char 


(10.64) 


The average representative molecular mass of volatiles and fixed-carbon would 
be possible once their representative formulas (based on C, H, O, N, and S) are 
estimated. This can be accomplished after the determination of stoichiometry 
of reaction R. 8 , which can be achieved from the FG model. From Table 8.4, that 
reaction is represented as 

Volatile }Qy, \ 9 H 2 ~W?y, 2 olT> 0 +^/y, 21 fTS+^/y, 2251 PT+.. .+ 6^,398 Tar (10.64a) 

or detailed as 

Ccov( 5 i 4 )Hcov( 53 i)Ncov( 546 )Ocov( 55 i)Scov( 563 ) — ► 

LLy, yjlT-W/y, 2(jtTO - l - ^/i/, 2 lTS+4/y, 22^114;+. . . 

+ a V. 398 (CcOT( 514 )HcOT( 531 )NcOT( 546 )OcoT( 551 )ScOT( 563 )) 1 10.64b) 

For a given fuel, at a given temperature 1 and pressure, the solution of the 
boundary value problem (as defined by Eqs. 10.58-10.61) provides the mass 
fractions w Gij of individual gas species and tar from the pyrolysis. Then, the 
coefficients in reaction 10.64b would be given by 


* Of course, ash is present in the fuel and char, but not in the volatiles. Therefore, COV(824)=0. 

t The application should keep in mind that solid fuei particles injected into a combustor or 
gasifier have their temperature changing from that of feeding condition to the one found 
at a particular position where the particles finds itself as function of time. Therefore, the 
composition of gases released during that travel would vary. A correct approach to determine 
the average composition of those gases would be to soive the system of the FG model at 
each temperature, or to take time averaged integrals. To use just the temperature of the 
particle found at the steady-state condition near the feeding point might be acceptable only 
if a very fast heating rate could be assumed. 
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a v,j 


y w gjj 

i=l M ] 


500 3 

II 


w G,i,J 


j=U=l M i 


(10.65) 


Several works [61,62,67,81,82,85] suggest that primary tar composition is similar 
(except for a higher concentration of methyl groups) to that of the parent coal 
for bituminous coals and rapidly heated low-rank coal. Therefore, the first 
model indicated in Table 8.1, where tar is represented by naphthalene or c 10 h 8 , 
should be abandoned here. Moreover, to be coherent with the DISKIN model (if 
adopted), the molecular mass of tar would be 700 kg/kmol and the following 
relations would allow determination of its representative formula: 

M tar =X C OT(./)A/ i j = 514,531,546,551,563 (1Q 66) 

j 


M* 

COT (j) = —2L_ COF(i) j = 514,531,546.551,563 

^7 .fuel 


(10.67) 


These and elemental balances of reactions 7 and 8 (see forms 10.61a and 10.64b), 
allow building a system of equations for the computation of COV (j) and COC1 (j) 
(/=514, 531, 546, 551, and 563). This nonlinear algebraic system is also easily 
solved by any method available from commercial package of mathematical 
procedures. 

Despite the secondary nature of reaction R.9, it is usually important for the 
coherence of combustion and gasification comprehensive simulation. 

That reaction can be also detailed as 

CcOT( 514 )HcOT( 531 )NcOT( 546 )OcOT( 551 )ScOT( 563 ) — ► 

+CcoC 2 ( 514 )HcOC 2 ( 531 )NcoC 2 ( 546 )OcoC 2 ( 551 )ScOC 2 ( 563 ) (10.R9a) 

It should be noticed that coking tar would produce char with composition 
different from that developed by reaction 7 (or 10.61b). Of course, atomic 
balance forces that kind of coke to have the same composition of decomposing 
tar, or 


COC2(/')=COT(/') 7=514, 531,546, 551, 563 (10.68) 


For the sake of completeness, the stoichiometry of reactions R.49 and R.50 
should be discussed. These can be rewritten as 
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CcOT(514)HcOT(531)NcOT(546)OcOTf551)ScOT(563) 

COT(514) + COT(531) COT(551) + CQT(546) + ^ %3 ' 


+COT(514)CO + 


4 

COT(531) 


O2—» 


H 2 0 + COT(546) NO + COT(563) S0 2 (10.R49) 


^COT(514) ri COT(531) i ' l COT(546)'-'COT(551) J COT(563) ; 

4COT(541 )+4COT(551 )-2COT(563)-3COT(546)]H 2 
+COT(551 )CO+COT(546) NH 3 +COT(563)H 2 S 
+[COT(514)-COT(551 )]CH 4 


(10.R50) 


10.2.4 Kinetics 

From the above review of most important models for solid fuel devolatilization, 
it is possible to verify that: 

1. Pyrolysis involves heterogeneous as well as homogeneous reactions. 
However, all primary reactions are heterogeneous. 

2. All models assume pure kinetics, i.e., with no interference of mass and 
heat transfers. Trying to ensure that, all experimental tests are conducted 
with fuel samples of fine particles, which lead to almost uniform 
temperature and negligible mass transfer resistance throughout the 
particle. On the other hand, the reality of industrial application requires 
those effects to be considered, or at least the mass transfer resistances. 

The last section showed the adaptation of stoichiometry of the FG model to the 
present treatment. Again, two heterogeneous (R.7 and R. 8 ) and two 
homogeneous (R.49 and R.50) reactions should be included. On the other hand, 
the task is greatly simplified because: 

• Reaction R.7 is just a structural process occurring inside the solid fuel 
and therefore not involving mass transfer from or to particles. In addition, 
it is assumed that such process (probably composed by a series of reactions) 
does not impose a limiting rate in the releasing of tar and gases from 
devolatilization. 

• The heterogeneous reaction R .8 should be considered for kinetics because 
it represents the releasing of tar and gases. In addition, its kinetics 
combined with the mass transfers resistances are the true limiting or 
governing rates of pyrolysis process. 

• Reactions R.49 and R.50 can be classified as homogenous. Of course, 
this is also another approximation because tar is a mixture that includes 
vapor and liquid fractions. Reaction R.49 is secondary for pyrolysis; 
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R.50 is not even directly related to pyrolysis. Therefore, their kinetics 
cannot be deduced from any model for pyrolysis, FG included. The 
treatment for them would require specific information, as shown later. 

It is clear now that adaptating the FG model to the treatment shown in Chapter 
9 requires the inclusion of mass transfer effects. At this point, uniform 
temperature is assumed throughout the reacting particle. Therefore, the 
influence of heat transfer will be neglected. A possible justification for that 
would rest on the fact that pyrolysis is not a strong exothermic or endothermic 
process. It is also important to call attention for other limitations of the 
treatment shown so far for heterogeneous reactions in the case of highly 
caking or swelling coals. The blocking of particle pores during 
devolatilization would certainly require improvements to that treatment. The 
reader is invited to develop this interesting task. 

Chapter 9 showed the two limiting cases, i.e., unexposed and exposed core 
models. In the case of pyrolysis would be better represented by the unexposed 
or shrinking core, where the devolatilizing particle would be divided into two 
main portions. The outermost part or shell would consist of char, or solid already 
devolatilized, with the nucleus of fuel to be devolatilized. The exposed-core 
model would not be a reasonable representation just because in the case of 
pyrolysis the outer shell would not be formed by very fragile material, or at 
least not much more fragile than the original fuel. Therefore, that shell would 
not detach from the pyrolysing nucleus. 

As mentioned before, the heterogeneous process is represented by reaction 
R.8, because it is the only one involving gas and solid. Additionally, the FG 
model shows that it can be modeled by a first-order mechanism. In this way, the 
application of the treatment described before is almost straightforward, and the 
solution for their reaction rates can be written as 


2 Pioooj -Piooo.z 


'■ip A 


k=l 


(10.69) 


Here Pioooj is the volatile concentration in the original solid fuel (as fed to the 
bed) and Piooo ,2 is the volatile concentration at a given position in the reactor. 
The resistances are the same as given by the general unexposed core model, or 

U v , k =U uk k= 1,2,3 (10.70) 

where the right-hand-side terms are given by Eqs. 9.33-9.35. 

The kinetics coefficient to be used in the computation of the Thiele modulus 
it, as given by Eq. 9.8, would be the one for reaction R.8. By the FG model, it 
is given by the one governing tar production, or 
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k$ = 8.6xl0 14 exp 

For applications where the fuel particles are being fed into a hot environment, 
their temperature of would vary considerably. Therefore, the computations of 
devolatilization should be coupled with the comprehensive model, where the 
average particle temperature is given at each instant or position inside the 
equipment. For cases of the moving-bed system, such temperature history can 
be determined from the mass and energy balance equations shown in Chapter 
7. The equivalent for the fluidized-bed system will be presented at Chapter 13. 

Various values and forms for kinetics for pyrolysis secondary reactions, 
such as tar cracking (reaction R.50), are found in the literature [68,89,90, 
101,103,108,231]. They are well represented by first-order reactions and 
therefore depend linearly on the concentration or tar in the gas phase. Their 
kinetics are shown in Table 8.9 for tars from different sources. Since the tar 
simultaneously decomposes into light gases and suffers coking, the kinetics of 
reaction R.9 might be may be assumed similar to tar cracking. 


27700 


(10.71) 


TABLE 10.3 Boundary conditions to be used on an exercise 


Gas species j 

Reaction number j 

Wi,ij (mass fraction) 2 

H 2 (19) 

1 

0.0139 

H 2 0 (20) 

1 

0.0129 


2 

0.0129 

NH 3 (22) 

1 

0.0000 

CO (44) 

1 

0.0536 


2 

0.0225 


3 

0.0215 

C0 2 (46) 

1 

0.0000 


2 

0.0075 


3 

0.0054 

HCN (51) 

1 

0.0097 


2 

0.0247 

CH 4 (61) 

1 

0.0000 


2 

0.0214 


3 

0.0161 

C 2 H 4 (88) b 

1 

0.2220 

Tar (398) 

1 

0.4439 


a These are not actual values derived from coal analysis. Actual values can be found in 
Ref. 85. 

b Represents all the aliphatic components other than methane. 
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EXERCISES 

10.1* Estimate the composition of gas from pyrolysis of bituminous coal using 
the simple approach of Loison and Chauvin [46], i.e., by Eqs. 10.23-10.28. Use 
mass fraction of volatile (daf) equal to 0.4439. 

10.2** Using any commercially available mathematical package*, write a 
simple program to solve the system of differential equations representing the 
FG model. Use the boundary conditions given in Table 10.3 + . 

Set temperature at 1300 K to obtain the composition of released gases. 

10.3*** Try to devise possible improvements in the treatment shown for 
heterogeneous reactions for applications to pyrolysis of swelling coals. In this 
case, just assume that the particle diameter grows and no blocking of pores 
occurs. 

10.4*** Improve the model presented in Section 10.2.4 for cases where partial 
blocking of pores occurs during the pyrolysis. A suggestion for a first attack 
would be to consider correction factors to the mass transfer resistances, mainly 
on the one related to transfer through the layer of already devolatilized material 
around the core. 

10.5*** Use the proposed correlation shown in Prob. 9.10, as well as the 
considerations made in Prob. 9.11, to develop an adaptation of an unexposed 
core model for the case of spherical particle drying. If an analytical solution is 
too difficult to attain, try numerical procedures. 

10.6*** Repeat Prob. 10.5 for the case of pyrolysis. 

10.7**** Draw a block diagram for a procedure to integrate the FG and DISKIN 
models in order to provide the stoichiometry and kinetics of devolatilization. 


* Some packages for FORTRAN and other languages include mathematical libraries that 

allow solution of differential equation systems. 

t These are just fictious values given for the sake of the present problem. Boundary conditions 

deduced from actual analysis can be found in Ref.85. 
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11.1 INTRODUCTION 

The present chapter lists some of the equations necessary to complete the set to 
write the simulation program based on the model for the moving-bed combustor 
or gasifier presented in Chapter 7. They are called constitutive equations, or 
correlations. In addition, calculations to illustrate the use of most important 
equations are shown. 

11.2 TOTAL PRODUCTION RATES 

It should be remembered that all the treatment shown so far considers the 
following: 

1. The total rates of production (or consumption) of each chemical species 
j are given on the basis of volume of the phase in which it is generated. 
Therefore, Eq. 7.31 requires Rm.gj to be expressed in mass of gas 
component j produced per unit of time and per unit of gas phase volume, 
while Eq. 7.32 requires R m ,sj to be expressed in mass of solid component 
j produced per unit of time and per unit of solid phase volume. 

2. As gas components take part in homogeneous and heterogeneous 
reactions, the total production rates of gas components include 

209 
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contributions by gas-gas and by gas-solid reactions. However, solid 
components take part only in heterogeneous reactions; therefore, the 
total production rates of solid phase components include contributions 
just by gas-solid reactions. 

3. Rates of homogeneous reactions are given on the basis of volume, as 
presented in Chapter 8. However, in Chapter 9, the rates of heterogeneous 
reactions were expressed on the basis of particle surface area. Therefore, 
a coherent system should include parameters or factors to allow basis 
changes. 

From the above, the production (or consumption) rate of chemical species j 
given by Eq. 8.1 should be separated into the production from homogeneous 
(gas-gas) and heterogeneous (gas-solid) reactions. For the production from 
homogeneous ones, the rate of production of component j is given by 

60 

^hom,;' = ^ Vy-r,- (11.1) 

(=41 


and from heterogeneous reaction as 
40 

*het,=M 7 2v,- ; C (11.2) 

i'=l 


It should be stressed that the rate given by Eq. 11.1 is based on the volume of 
the gas phase, while the one given by Eq. 11.2 is based on the external area of 
solid particles. 

As gas components may be produced or consumed by either homogeneous 
or heterogeneous reactions, the total rate of production (or consumption) of a 
given gas component j is given by 


R-MXi. j - Mj 

^homj 

( clA s/ > 
/dz 

dV a / 

-^hetj 



l /dz ) 

_ 


1 < j < 500 


(11.3) 


On the other hand, solid-phase components may only be produced or consumed 
by heterogeneous reactions, therefore the total rate of production (or 
consumption) of such component j is given by 


R M,S,j 



( ) 


Mj 

/dz 

dVs/ 

^het J 


V /dz ) 

_ 


501 < j < 1000 


(11.4) 
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where A s is the available external surface area of particles, V G is the available 
volume of gas phase, and V s is the volume occupied by solid phase. * Therefore, 
the respective derivatives against the vertical coordinate z provide the available 
area or volumes per unit of the axial length of the reactor. 

It should be noticed that: 

1. Equation 11.3 includes the contributions from homogeneous (41 <60) 
and heterogeneous (l<i<40) reactions for the computation of total rate 
of production (or consumption) of gas components (Is ;'<500). 

2. Equation 11.4 includes the contributions from heterogeneous (ls« <40) 
reactions for the computation of total rate of production (or consumption) 
of solid phase components (501s ;'<1000). 

The ratios of the volume occupied by each phase, as well the area of solid phase 
per unit of bed height, are described below. 


11.2.1 Volume Occupied by Gas Phase 

For the gas phase, the ratio of its volume per length of bed height would be 
given by 


dVg 

dz 


= Se 


(11.5) 


where the void fraction in the bed is given by 

. P p.bulk 
e = 1— - - 

Pp.app 


( 11 . 6 ) 


Here, p p , bu ik is the bulk density of particles in the bed, and p Aapp the apparent 
density of partic les in the bed. Of course, the void fraction and those densities 
are functions of the position in the bed. At the feeding position (top of the bed) 
the densities are the same as the original fuel and can determined by simple 
laboratorial tests. However, as the particles travel downward the fuel goes through 
drying, devolatilization, gasification, and combustion. During the two first 
processes (and at least a good portion of gasification) the particles usually remain 
with the original diameter, but matter is removed from its interior. Therefore, 
the apparent and bulk densities change. During combustion and part of the 
gasification two main situations might occur: 


Notice that V G is the volume of gas outside the particles. Therefore, V s does not include the volume 
of pores inside the solid particles. 
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1. If the unexposed-core model prevails, the particles would retain their 
original diameter, while the density would decrease. 

2 . If exposed-core model prevails, the diameter would decrease as ash 
segregates from the reacting particle leaving the core with constant 
density. That density would be approximately that after the 
devolatilization (or partial gasification) period. The segregated ash might: 

a. Be blown off from the bed if a relatively high gas velocity is applied, 
and therefore the bed would be clear of ash particles. 

b. Remain in the bed filling the gaps between the fuel particles. This 
would occur if the gas velocity is relatively low, and it is the most 
likely alternative for moving beds. 

The experiments [210-212] showed that an intermediary situation always occurs. 
Actually, the exiting gas carries a good amount of fine ash particles. 

Despite all these possibilities, for most of the situations of moving beds, the 
void fraction does not change too much, and as a first approximation its value 
could be assumed as constant and equal to the one determined for the feeding 
position. Precise computation of diameter and densities can only be performed 
as part of the solution of the mass and energy balance throughout the bed. 

11.2.2 Area of Particles and Volume Occupied by 
Solid Phase 

The ratio of particle area per vertical length of the bed can be computed by 


^ = S(l-e)r^ = S(l-e)/ 



(11.7) 


with the equivalent for solid volume by 



( 11 . 8 ) 


The parameter /"' represents the volume fraction of carbonaceous solid in the 
solid phase. It is included to account for the possibility of the presence of other 
solids such as inert, sulfur absorbents, etc. Of course, if the other solids are 
chemically active, their consumption or production, as well as their influence 
on the consumption or production of chemical components, should be computed. 
The adoption of the exposed-core model will necessarily introduce the segregated 
ash as inert or add that ash to the other inert solid already present in the system. 
To simplify, let us imagine the usual situation of moving-bed gasifiers, where 
the carbonaceous fuel is the only solid fed into the bed. Therefore and again, 
the two basic situations might occur: 

1 . If the unexposed-core model prevails. In this case /"' would be equal to 1. 
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2. If the exposed-core model prevails. As before, this case presents two 
additional ramifications when segregated ash particles could: 

a. Be blown off from the bed, and therefore /"' would remain equal 
to 1. 

b. Remain in the bed filling the gaps between the fuel particles. In this 
case the factor /"' would become lower than 1. For instance, in a 
countercurrent or updraft gasifier, its value would be minimum at 
the bottom of the bed and would increase toward the top of the bed. 
The presence of these inert particles diminishes the available area of 
reacting particles per volume of the bed. As an example, in the case 
of exposed-core model and operations where just carbonaceous solid 
is present, it is possible to write 


r= 


Vfc 


i 


Ff 0 + Fash 


1 + 


Wish 

V& 


w ash/fc Pfc.app 


1 + 


Wfc(l ffc) Pash,app 


(11.9) 


where the mass fractional conversion of fixed carbon can be related 

to the total conversion of carbon £ 514 defined as 


/514 

by 

>-/fc 


. F5 14 
7^514,1 


( 11 . 10 ) 


F514 
F5 14,fc,I 


F514 


F514,I 


Wfc,daf 


-(1“/514) 


1 + - 


w 


Wfc.daf + w V,daf 
\ 


V,daf 


W'fc.daf 


( 11 . 11 ) 

where, w fc is the mass fraction of fixed carbon, and w v the volatile in 
the original fuel. Both are given by the proximate analysis and used 
here at dry and ash-free basis. Actually. Eq. 11.11 is an 
approximation. The rigorous calculation of the mass flow of original 
fixed carbon F SHJcJ should be performed during the resolution of 
the differential system of equations when the amount of volatiles 
release can be computed. Then, the amount of carbon remaining in 
the fixed carbon would be obtained. The density of particle with 
fixed carbon Pf C , ap p (after drying and devolatilization) can be given 
based on the original apparent density of the solid fuel p,, app/ by 


P fc.s 


J ,/(l-H’ moist -H' y ) 


( 11 . 12 ) 
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and the apparent density of ash by 

Pash,app Pp.app.I ^ash (11'13) 

where the mass fractions in Eq. 11.12 and 11.13 are those from 
proximate analysis at wet basis. 

Using Eqs. 11.1-11.5 and 11.7 allows writing Eqs. 7.31 and 7.32 in the following 
ready-to-use forms: 


dFcj 

dz 


dV G 

dz 


Rha 


aj + «het,j 


1 < j < 500 


dF S j _ dA s 
dz ~ dz hetJ 


501 <j< 1000 


(11.14) 

(11.15) 


11.3 THIELE MODULUS 


As introduced in Chapter 9, the Thiele modulus for a first-order reaction i 
involving an active component) is given by 



kj 


\ D j.N 


Y /2 


(11.16) 


This definition requires values of kinetics coefficients k ,■ with dimension of 
inverse of time, or s'. However, most of the published works report other units 
such as kmol (of reacting carbon) kmol 1 (of original carbon) Pa 1 s' 1 . This is so 
because last forms are convenient for laboratory determinations, where the 
amount of carbon remaining in the reacting solid is employed as the reference 
for the consumption rate. That remaining amount is determined just by weighting. 
In view of that, the published coefficients should be converted to the desired 
basis. Tables 8.7 and 8.8 show those coefficients, along with the factors to give 
the kinetics in the inverse of time unit, after such transformations. 

The computations of some of those factors require the value of carbon 
concentration (P 514 ) in the solid fuel. Apart from devolatilization-related 
reactions, the carbon concentration in the feeding solid fuel would be the 
equivalent molar concentration referred to as fixed carbon. For the devolatilization 
reactions, the original concentration of volatile can be computed by 


P v,i = wv.i 


P p,app,/,dry 


My 


(11.17) 
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where w v> i is the mass fraction of volatile in the original carbonaceous particles. 
The representative molecular mass of the volatile M v may be taken as equal to 
the naphthalene (Ci 0 H s ) or 128.17 kg/kmol. There are three basic reasons for 
that: 

• High concentrations of naphthalene are found in the tar released by coal 
and other fuels [37,106]. 

• The average molecular mass of tars are around the value of the 
naphthalene. 

• The average physical-chemical properties of tars seem to be well 
represented by naphthalene. 

Among other possible representations for the tar, there are: 

• Benzene (C 6 H 6 ), with high concentration in tars from coals. However, 
its molecular mass is a bit lower than the tar representative average. 

• Glucose (C 6 H 12 O 6 ), because of its sizable concentration in tars from 
biomasses. Previous work [210-212] has used that representation, but 
this choice brings difficulties to set appropriate physical-chemical 
properties. 

11.4 DIFFUSIVITIES 
11.4.1 Gas-Gas Diffusivities 

Determinations of diffusivity coefficients are not trivial tasks. Difhisivity depends 
on the temperature, pressure, nature of the involved gases, and their 
concentrations. For low concentration of one diffusing gas, the dependence on 
concentration can be neglected. 

In cases normally found in combustion and gasification, the problem is even 
more complex because a particular gas diffuses through a mixture of gases. An 
example of this is the solution found in Chapter 9 for the heterogeneous reaction 
rates, where a gas component diffuses through the gas boundary layer covering 
the particle. However, a first approximation is possible because the average 
molecular mass of the commonly present gases in gasifiers or even furnaces 
processing carbonaceous solids do not change too much from case to case. In 
this way and as just a first approximation, the following simple correlation may 
be used [260] to compute the average diffusivities of these gases: 


1 75 



(11.18) 


In any case, it is strongly recommended that more accurate and precise procedures 
to calculate diffusivities be used. These can be found in the literature [180,181]. 
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11.4.2 Gas-Solid Diffusivities 

Besides the gas-gas diffusion, some additional resistances occur when a gas 
species is moving through a gas mixture confined in the pores of a solid structure. 
The combined resistances lead to the concept of effective diffusion coefficient. 
It can be applied to computations just a correction factor on the gas-gas diffusivity 
to account for that extra resistance. 

Due to the importance in several fields—combustion and gasification among 
them—methods to estimate the effective diffusivities of gases through porous 
solids have been studied for a long time. One of the first and still most used 
correlations [261] proposes that the effective diffusivity of a gas through a solid 
be directly proportional to its porosity, or 

Aff=—e (iu9) 

Y 

where the tortuosity is approximated by 

1 

Y = -jr (11.20) 

As the pores inside the structure are not straight, the concept of tortuosity 
introduces a reasonable parameter to account for that additional resistance on 
the diffusion process. That treatment proved valid and led to reasonable 
predictions [145-147,152,210-212,214,215]. Therefore, forthe cases presented 
in the last chapters the various effective diffusivities are computed as: 

• in the shell surrounding the particle nucleus by 

Dj,A=Djti ( 11 . 21 ) 

• In the core or particle nucleus by 

D jM =Djt; 2 N (11.22) 

in the above, the void fractions for the solid matrix of the shell and the core are 
given by 


u=i— 

P p,real,I 

(11.23) 

r _1 Pp.appJ 

SN - 1 

P/7,real,/ 

(11.24) 
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Pa P/?,app,/ w as h,/ (11.25) 

which is valid for reactions R. 1-R.5. (Table 8.4). For the devolatilization main 
representative reaction R.8, the following may be used: 

Pa P/^,app,/( 1 moist,/ UV/) (11.26) 

Here, p A symbolizes the density of char or devolatilized solid. 

Finally, for the drying (R. 10) the apparent density of dried material may be 
computed by 


Pa Pp,app,X^ (11.27) 

11.4.2.1 Tortuosity Factor 

As mentioned before, Walker et al. [261] used the approximation given by Eq. 
11.20 to calculate the tortuosity of a porous structure. However, studies that are 
more recent—for example, Davini et al. [262]—have shown dependence of the 
tortuosity on parameters such as temperature. 

In the same year, Elias-Kohav et al. [263] investigated the dependence of 
tortuosity on the particle porosity. They proposed several possible models based 
on classes of porous structures. For each class, dependence between tortuosity 
and porosity is set. As an example, for the classes, which they call random 
clusters (RC) and or cluster-cluster aggregate, (CCA) the general dependence 
was written as 

Y=C" (11.28) 

where the coefficient a could vary from 1 (random cluster model) to 0.65 (cluster- 
cluster aggregate). They also showed that in some situations the RC class could 
lead to the following correlation: 

1-C* 

Y = -^ (11.29) 

where the coefficient C* is approximately equal to 0.59. 

For a class, which they called (negative cluster-cluster aggregate) (NCCA) 
the factor in Eq. 11.28 can vary from -1.5 to -2. Finally, for the diffusion- and 
reaction-limited aggregates (DLA/RLA), no simple correlation could be found 
because the dependence between tortuosity and porosity seemed too coupled 
with the reactions and boundary conditions of the particular situation. 

Nonetheless, for the objectives of most applications as well the presented 
throughout this text, the correlation by Walker et al. [261] is satisfactory. 
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11.5 REACTIVITY 

Not just the kinetics and the structure of the porous solid influence the rate of a 
gas-solid solid reaction. The presence of some chemical components, not directly 
related to the reaction in the solid matrix, may act as catalysts or poisons 
concerning the rate of a given reaction. Therefore, it is important to stress that 
reactivity is understood here as the influence only on the intrinsic kinetics. The 
other physical effects, such as resistances to mass transfers, have already been 
accounted for by the considerations and models set at Chapter 9. 

Among the reactions involved in gasification and combustion processes, the 
ones most susceptible to significant influences by catalysts are R.2-R.4 (Table 
8.4). These reactions have been extensively studied. 

Reactivity has been studied at length. However, precise accounts for its effects 
have proved difficult. Despite that, some success has been achieved by Kasaoka 
et al. [264]. After testing more than 40 different coals, they published a great 
amount of data linking the reactivity to what they called fuel ratio, defined for 
a given coal as 


mass fraction of fixed carbon in the original coal 


(11.30) 


mass fraction of volatiles in the original coal 


Based on these data, it is possible to derive a method to compute the reactivity 
[145,146] is described below: 

1. Given the reaction whose rate should be corrected (R.2-R.4), find the 
values for f rjLl , a„ and b„ in Table 11.1 concerning the reference coal. 

2. Calculate the parameter by 



(11.31) 


3. For that same reference coal, use Table 8.7 to calculate the kinetics 
coefficient k, lcl -. 


4. Using formula 11.30, calculate the fuel ratio E fr for the coal which 


reactivity is to be computed. 

5. Find the respective values of a, and b : in Table 11.1. 

6 . Calculate the parameter kf by 



(11.32) 


7. Calculate the correct kinetics coefficient using the formula 



(11.33) 
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Reaction T 

Clj 

hi 

Reference Coal 

/fr.ref 

R.2 and R.4 
ffr<3 

4.49 X 10~" 4 

-1.736 

Illinois 2 

1.32 

ffrS 3 

R.3 

3.97 x ur 5 

0.491 

Lignite b 

1.93 

ffr — 3 

1.33 X 10 

-4.454 



ffr> 3 

7.67 X 10 7 

2.152 




■ Composition of Illinois coal from Yoon et al. [215], 
b Composition of Spanish lignite fromAdanez et al. [223], 


The above value for k, may now be used to calculate the rate of heterogenenous 
reactions, using the correlations given in Chapter 8. Of course, the application 
of Eqs. 9.32 and 9.46 would depend on the particular situation at which the rate 
should be estimated. 

11.6 CORE DIMENSIONS 

As seen in previous chapters, the dimension of reacting core is essential for 
computations of heterogeneous reaction rates, either by unexposed-core or 
exposed-core models. However, once the fractional conversion / of reacting 
solid is known, the computation is straightforward and given by Eq. 9.56. A 
generalization for other gas-solid processes would lead to 

a =(/-£)'(^0 (11.34) 

It should be remembered that the parameter p takes the values 0,1, or 2 depending 
on the basic form of the particle: plate, cylinder, or sphere, respectively. The 
definition of fractional conversion depends on the process, and the following 
possibilities might arise: 

• In the case of reactions R.1-R.6, fixed carbon should be used as the 
reference component for fractional conversion computations. 

• For reaction R. 8, volatile is the reference component for conversion. As 
mentioned before, other heterogeneous pyrolysis-related reactions (R.7 
and R.9) do not require the use of models shown in Chapter 9. 

• For drying (R. 10, R.23, R.27, R.31), moisture in the respective porous 
solid is the reference component. 
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Therefore, the computation of fractional conversion is always a by-product of 
the mass and energy balances at each point of the reactor. 

11.7 HEA T AND MASS TRANSFER 
COEFFICIENTS 

The coefficients for convective heat and mass transfer allow the calculations of 
Nusselt and Sherwood numbers. These are necessary for the computation of 
the transfers between the solid surface and the surrounding gas. 

The relationships for convective heat and mass transfers are largely equivalent, 
since the following rules are followed: 

1. Sherwood and Nusselt numbers, as the corresponding parameters for 
mass and heat transfer, are defined by 


W S1 = 

D G 

(11.35) 

CL (}dp 

- , 

Ag 

(11.36) 

Schmidt and Prandtl numbers are the corresponding parameters for mass 
and head transfers, respectively, and are given by 

N Sc = 

PgA; 

(11.37) 

Npr= CG 

tk;A<; 

(11.38) 

The corresponding Grashof numbers for mass and heat 
respectively, given by 

transfer are, 


N Gt,M ~ 


2gd p |py,G,surf P j,G,<*> 

/. \ 2 

PG 

jP j,G,surf + P j,G, °° | 

W) 


(11.39) 


■'Vo = 


2 gdl 

2b,surf - 7 g,«> | 

\ 2 
P G 

|?G,surf + 2 g,oo 




(11.40) 


The above are valid for ideal gases, and the index “surf’ indicates the 
value at or near the particles surface, and °c far from it. 
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4. The Reynolds number, applied to both mass and heat transfers, should 
be computed as 


.. Uodppo 
■' v Re -- 

Pg 


(11.41) 


where the superficial velocity should be used for packet (fixed or moving) 
beds, given by 


U G = 


Fg 

Sp G 


(11.42) 


In the case of free spheres, for instance, the velocity is the fluid far from 
the particle. 

The literature on the heat and mass transfer coefficients is extensive 
[1,2,194,197,265], and several correlations can be found for each particular 
situation. For instance, in the case ofparticles in a gas percolating packed (fixed 
or moving) bed, the following are recommended[266]: 

• For 90<TV Re <5000: 

• For 5000<JVr c <10300: 

» S h=^< i85 < 


(11.43) 


(11.44) 


Flere e is the void fraction of the fixed or moving bed. 

It is important to remember that all the above may be applied to obtain the 
Nusselt number by just using the corresponding heat transfer parameters. 

For the specific case of single spherical (or near spherical) particles in a fluid 
flow, in the range 0.6<N Sc <3200 (therefore, valid for liquids as well) and , the 
following can be applied [267]: 


Nsh = A^sho + 0.347/V°ufN°s 3 c 1 

(11.45) 

where for Ag^mA^s^IO 8 : 


N ShQ = 2.0 + 0.569A®A^ 

(11.46) 

and for A Qr ,MA Sc >10 8 : 


N ShQ = 2.0 + 0.0254A®^? 77 

(11.47) 
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An alternative originally developed for convective heat transfer coefficients 
[268] can also be applied to the cases of particles in a gas flow. It is applicable 
to spherical and cylindrical particles and given by 


iv Nu = nmiNSiNi? 

Here 

P G^G^p 

Arp — - 

6« 2 |x G (l-e) 

and 

«i=0.91, « 3 =0.49 for /V Rc <50 
«i=0.61, n 3 =0.59 for A Rc &50 
« 2 = 1.0 for spherical particles 
« 2 = 0.86 for cylindrical particles 


(11.48) 

(11.49) 


Again, the above may be applied to obtain Nusselt or Sherwood numbers by 
using the corresponding transfer parameters. 

As seen, the computations require calculations of several properties for gases 
and liquids (if applied to those as well). These and methods to compute properties 
of mixtures can be found in excellent publication [134,180,181,213,270-272]. 

Finally, it should be remembered that the above empirical and semiempirical 
formulas assume no or small interaction between heat and mass transfers. For 
situations where that cannot be assumed, conjugate effects should be considered. 
This subject is beyond the aim of the present introductory text, but the interested 
reader would find excellent material in, for instance, Refs. 1 and 197. 


11.8 ENERGY-RELATED PARAMETERS 

11.8.1 Energy Production Due to Gas-Gas 
Reactions 

It should be remembered that the nomenclature (Table 8 . 1-8.3) reserved 500 
positions for the gas components (1<;'<500) and another 500 for the solid 
phase components (501<;<1000). Moreover, 40 positions were reserved for 
the gas-solid reactions (1<;'<40) (Table 8.4) and another 20 positions for the 
gas-gas reactions (41<;<60) (Table 8.5). Therefore, the rate of energy 
production or consumption due to gas-gas reactions was mentioned in Eq. 7.37 
and given by 


500 

RQ,G = X R^om, jhj,T c 


(11.50) 
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where the rate by homogeneous reactions is given by Eq. 11.1. It should also be 
remembered that the enthalpy hj of participating component j includes the 
formation value at 298 K, and sensible value computed between 298 K and the 
indicated temperature. 


11.8.2 Energy Production Due to Gas-Solid 
Reactions 


The rate of energy production or consumption due to gas-solid reactions, 
indicated in Eq. 7.38, is given by 


r Q,s - 


( dA s / 
/dz 

dv s / 

/dz 


N iooo 

R ha.jhjj s 


7 


M 


(11.51) 


where the rate of heterogeneous reactions is given by Eq. 11.2. Notice that the 
summation includes gas and solid components because they are produced or 
consumed during these reactions. The correction for available area of reacting 
solid (Eq. 11.7) against solid-phase available volume (Eq. 11.8) is necessary to 
give units according to those required for R QS . 


11.8.3 Energy Transfer Due to Mass Transfer 

The rate of energy transfers associated with the mass transfer between the solid 
and the gas phase is given by 


Ri 


h,G 


f dA s / b 
/dz 

dV G / 

/dz 


500 

X, Rhet,j (h/,7i -hjJa ) 
1=1 


(11.52) 


Since R thG is given as a function of volume of gas phase, while R hc%j are given on 
the basis of area of active solid phase, it is necessary to multiply the summation 
by the ratio between the available area of external particles of reacting solid 
and the volume of gas phase. Similarly, 


R h,S 



dV s / 

y /dz 


'500 

R^etj (hj.Ts - h / Jo ) 


/ i 


( dv a / 

/dz 

dV s / 

. /dz 


A 

R h,G 


{\ 1.53) 


It should be noticed that here the rate of energy transfer R hs is based on volume 
occupied by the active solid phase. 


11.8.4 Energy Transfer Due to Convection 

The rate of energy transfer by convection between gas and solid particles is 
given by 
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Rc,G - a SG (7s “ Tq ) 



dV G / 

/dz 


(11.54) 


The convective heat transfer coefficient can be computed through the relations 
given in Sec. 11.7. 


11.8.5 Energy Transfer Due to Thermal Radiation 

These are also called radiative transfers R r and are included in Eqs. 7.14, 7.15, 
7.37, and 7.38. 

11.8.5.1 Particles-Gas 

As explained before, in a first approach the gas is assumed as transparent to 
thermal radiation. Although this is not true for water and carbon (among others) 
dioxide, nitrogen and oxygen are transparent for a good part of the thermal 
radiation frequencies. 

11.8.5.2 Particles-Particles 

Obviously, radiative and conductive heat transfers take place between particles 
at different temperatures. These transfers would occur in all directions. In fact, 
the heat transfers in the axial (or vertical) direction are dissipative factors that 
contribute to smooth the temperature profiles or avoid sharp variations. However, 
the present introductory model considers that heat is transferred just in the radial 
direction between particles—therefore at the same height in the bed. If two 
particles were of the same type, there would be no heat transfer between them, 
due to the basic hypothesis of one-dimensional model (see Sec. 7.2.2, item F). 
In addition, in a packed bed neighboring particles maintain contact, and therefore, 
heat is also transferred by conduction among them. This is process works to 
equalize, even more, the temperature between particles at the same height. 

If the exposed core model were the dominant process, part of the generated 
particles are carried with the gas stream. The other part would probably fill the 
gaps between reacting carbonaceous ones. However, those are small and 
conduction heat transfer promptly equalizes their temperatures with the 
neighboring carbonaceous ones. 

On the other hand, if absorbent or inert particular are present, the radiative 
heat transfer (even at the same height) may no longer be neglected. Since such 
a situation is more common in fluidized beds, the correlations for radiative heat 
transfers will be presented at Chapter 15. Improvements on the present model 
for moving beds could include similar treatment (see Probls. 11.8-11.10). 

11.8.5.3 Particles and Walls 

Evidently, even at the same height at the bed, there would be heat transfer in the 
radial direction between the particles and walls. But again, the model neglects 
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this exchange due to considerations made in item 1 of Sec. 7.2.1. Actually, due to 
care on wall insulation, the rate of energy lost by the bed to the walls (and then 
to external environment) is usually negligible in most of the industrial moving- 
bed furnaces and gasifiers. The Exceptions would be cases where a water (or 
gas) jacket in inserted between the external wall and the bed interior. In this 
situation, the heat lost by convection and radiation (and even conduction of 
particles in contact with the jacket) would be considerable. Therefore, an 
improvement would be to account for that exchange by adding terms on the 
energy balances (Eqs. 7.37 and 7.38). A simplification would be to account for 
all heat exchanges between the walls and bed as by convection between gas and 
walls. This is made for the model to be presented in Chapter 13 and, again, the 
interested researcher might include similar treatment to the present model. 

11.9 A FEW IMMEDIATE APPLICATIONS 

With the objective of illustrating the use of some equations and methods shown 
so far, a few simple applications have been selected. 

11.9.1 Burnout Time 

Consider a single fuel particle suspended in a gas stream containing oxygen. 
The calculation of time required to consume a given fraction of carbonaceous 
solid fuel by combustion is an interesting problem. 

Of course, this generally constitutes a complex problem. Therefore, just for 
the sake of a simplified calculation, several assumptions would be set, such 
as: 

1. Constant composition, temperature, and pressure of atmosphere around 
the particle. This is hardly what would be found by a particle during its 
travel through the furnace (no matter the type). The surrounding gas 
composition, temperature, and pressure would change from point to 
point. 

2. Constant particle dimensions and approximate shape. This is not such 
a strong assumption, because the unexposed-core model can be 
acceptable as a model. 

3. Constant particle temperature. Another strong assumption because 
particle temperature would change from point to point. In addition, 
depending of its size and properties, the temperature might vary 
considerably throughout its radius (see Sec. 7.2.2). 

4. Constant particle properties, such as densities (apparent and real), 
porosity, etc. as with the previous assumption, this is also a strong 
assumption. 
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Despite all those approximations, the following calculations might illustrate few 
interesting points. 

The rates of gas-solid reactions, which consume components of the solid 
phase, have been deduced and given by Eq. 9.32 in the case of unexposed-core 
model or by Eq. 9.46 in the case of exposed-core model. On the other hand, the 
rate of consumption of a gas component j by a gas-solid reaction i is given by 


_ Ye jP L 

A p dt 


(11.55) 


As the reaction rate is provided in the basis of unit area of it, the correction 
should be made by multiplying the right side by the particle volume and dividing 
by its area. 

Now consider the oxidation of the carbon, which is here simplified and written 
as 


c+o 2 ^co 2 


(11.56) 


Therefore, if in this case j represents the oxygen, the same equation is valid for 
carbon. 

The concept of fractional carbon conversion, or, simply “carbon conversion” 
/is given by 


/- 1-r 


P514 


P514,1 


(11.56a) 


where the denominator is the original concentration of carbon in the particle 
and the numerator is the concentration at a given instant or position. Therefore, 
Eq. 11.55 can be written as 


n 



(11.57) 


Integration from the instant in which the carbonaceous particles are put into 
contact with the oxidant to a given instant ‘0’ leads to 


0 = 


Ye_ 

A p 


"r eg 
P514,I J — 

J r- 
0 


df_ 

fi 


(11.58) 


For a gaseous atmosphere (with constant conditions) involving the spherical 
(or near spherical) particles, Eq. 9.32 or 9.46 can be used to write 


0 = 


,2 - 

Qp,/P514,/ 
12(P _/,oo — p y'.eq ) 


3 f r 

IJ u kdf 

k=10 


(11.59) 
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Here, either the various resistances for the case of unexposed core as for the 
case of exposed core may be employed. Of course, the exposed-core particles 
should lead to smaller burning time than for the unexposed-core particles. 

Let us integrate for the unexposed-core case. Combining Eqs 9.33-9.35 and 
11.59, it is possible to write 


4/PS1V / _, 2-2(1 ~/) 1/2 - / 


12(p / co p y.cq ) N Sh Ifi.G fl/ q 



(11.60) 


and u is given by Eq. 9.56. The indicated integration can be easily performed 
using any calculator. 

As expected, 9 is zero for / equals to zero (a= 1). For fractional carbon 
conversion/tending to 1 («—>0), the burning time can be computed. 11.60 may 
also be useful for various computations, such as the residence time required for 
the particle to achieve a desired level of carbon conversion. However, it should 
be remembered that the above computation might only be applied if the 
conditions set at the beginning of these deductions are satisfied. The most 
important of them is the constant atmosphere composition, temperature, and 
pressure around the particle. Therefore, the above solution cannot be used for 
classical cases such as moving bed, fluidized bed, or suspension combustion of 
carbonaceous solid particles. Nevertheless, and as shown below, Eq. 11.60 allows 
some preliminary estimates for few cases. 

11.9.2 Boiler with a Chain or Rolling Grate 

The application of Eq. 11.60 is illustrated for the case of a boiler where coal or 
biomass particles are burned on a rolling or chain grate. A simple representation 
of the grate of such equipment is shown in Fig. 3.7c. 

Once the power output of the boiler is decided, the mass flow of coal (or 
other carbonaceous solid) can be set. For this, the efficiency of such systems 
should be known in addition to the usual level of carbon conversion. To 
exemplify, let us assume some values and criteria. It should be stressed that the 
following values, criteria, or assumptions may not be the best or even the 
recommended ones and are used here just as illustration. 

Consider a boiler that consumes F kg/s of coal. If the intended carbon 
conversion is known,* the grate basic dimensions, its velocity, and the height 
of coal layer can be calculated. For this the following steps could be used: 


* The criterion for this is not within the scope of the present course, but usual values surpass 95%. 
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1. A boiler is designed to operate with a given oxygen (or air) excess a e . 
Low air excesses would require less power input to compressor or fan, 
but would lead to lower carbon conversions. On the other hand, higher 
air excesses would lead to greater power input but might provide higher 
carbon conversions. In addition, it should be remembered that too high 
air excesses would lead to relatively low temperatures in the bed. This 
would probably lead to relatively low carbon conversions. Usual values 
for that excess in cases solid combustors are around 40%, or a,, equal to 
0.40. Therefore, if the excess level is given, the mass flow of air F air to 
be blown through the grate can be approximated by 

F m =(\+a,.) F st . air (11.61) 

where the total airflow for complete (or stoichiometric) combustion of 
carbonaceous solid is approximately given by 

fVair= 11.47(1 -w m -w^F (11.62) 

Here, w- nn and iv ;l ,h are the moisture and ash fraction in the feeding coal 
or carbonaceous solid. 

2. Assume a carbon conversion/. Usual values vary from 0.92 to 0.99 (or 
92 to 99%). Depending on the requirements of the intended equipment 
or process, other values might be employed. 

3. Assume an average temperature in the bed. Values around 1300 K are 
commonly found in the present type of combustor. However, care should 
be taken not to surpass the ash-softening temperature. The average 
temperature in the bed can be recalculated by an energy balance in the 
bed assuming a well-mixed reactor. If the layer of particles is not too 
thick, the average temperature of the bed should fairly represent the 
temperatures of particles throughout the bed. 

4. Since during their travel on the grate, the particles are maintained as in 
a fixed bed, the unexposed-core model is usually assumed because low 
stress between the particles is found in such cases. In addition, the 
superficial velocity of the gas should not surpass the minimum 
fluidization velocity. That diameter should be computed from the particle 
size distribution (see Chapter 4). It might be argued that it would be 
better for the superficial velocity not to surpass the fluidization velocity 
of the smallest particle. However, this last criterion may lead to too low 
air velocity, which would require a large grate area. Therefore, a 
compromise must be established. Of course, some particles will be 
carried with the gas and the entrainment rate is a variable of boiler design. 
The particle apparent density at the end of its journey can be, 
approximately, computed by 
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(11.63) 


Here, w aslW) vvf lx . ca rb, w v are the fractional ash, fixed-carbon, and volatile 
content in the feeding coal. 

5. Using the equations given in Chapter 4, the maximum superficial velocity 
of the air can be computed. This maximum should be equal to the 
minimum fluidization velocity of average particle size with density given 
by Eq. 11.63. It should be noticed that the gas maximum velocity would 
be found near the top layer, where it reaches higher temperatures (around 
1300 K). Therefore, the injection velocity of the air should be smaller 
than that. A fair method might assume the air injection velocity U G equal 
to the minimum fluidization velocity multiplied by the ratio between 
the air injection temperature and the top layer temperature. 

6 . With the value of air mass flow F im and its maximum allowed superficial 
injection velocity U G , the area of the grate can be computed by 



(11.64) 


where the air density should be computed at the average bed 
temperature. 

7. The minimum and the maximum residence time or time that particles should 

remain on the grate to achieve conversion / can be calculated. The 
maximum would be required by the largest particles at the top of the coal 
layer. The minimum would be required by the smallest particles at the 
bottom of the layer. Usually, the most significant value is the residence 
time for the average size particle at the top of the layer to be arrive 
conversion level equals to desired level /. The average size should be 
computed from the size distribution of feeding particles. Eq. 11.60 can 
now be used to calculate the residence time. Notice that the particle 
heating-up time and the times for drying and devolatilization are not 
included here. However, at the usual temperatures found for grate 
combustion, these times are negligible compared to those necessary for 
the consumption of the fixed-carbon. For instance, total devolatilization 
of small coal' particles at 1000 K requires just 7 min [135], while high 
levels of fixed-carbon conversion may take much longer. The example 


For a reference, Niksa [84] indicates that below 1 mm, pyrolysis yields and product distributions 
are independent of particle sizes. 
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presented ahead arrives at necessary residence time around 1 h. In any 
case, computations may be improved by considering those processes. 
To use Eq. 11.60, the following may be employed: 


• Oxygen concentration in the air surrounding the particles at the top 
of the coal layer given, approximately, by 


P02.- 


= 0.21 


a e P 

RT 


(11.65) 


• Equilibrium oxygen concentration Po 2 eq equal to zero. This is fairly 
true for carbon combustion. 

• Concentration of carbon in feeding particles approximated by 


P514,1 = 


P ;> ,14’fix-carb 

12 


( 11 . 66 ) 


This is reasonable because all other solid-phase components—such 
as H, O, N, and S —would also be oxidized. 

• Parameter a can be calculated from Eq. 9.56 assuming a near 
spherical particles, or p equal to 2. 

• D j(; equal to D 0o 0 (here oxygen is the j reacting component). As 
seen before, the diffusivity can be approximated by Eq. 11.18. 

• The effective diffusivity of the gas through porous ash and nucleus 
can be evaluated by the equations in Sec. 11.4.2. 

• Depending on the flow regime, Eq. 11.43 or 11.44 can be employed 
to calculate the Sherwood number and the mass transfer coefficient. 

• The Thiele modulus is given by Eq. 9.8. As the reaction involved 
here is R.l (Table 8.4), the reaction order n is 1, and the reaction 
coefficient is calculated by 


( 

k] = k() i exp 

V 


A 

RT 


\ 


y 


(11.67) 


where the pre-exponential and activation energy of reaction I are 
given in Table 8.7. 

8. Once the area of the grate has been computed by Eq. 11.64 and its 
length/width ratio is known*, the required velocity for the grate can be 
simply calculated by 


* Equipment manufactures set standard or usual values. Sometimes, that ratio is dictated by 
the layout of the factory where it is going to be installed. 
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9. 


Vgrate 


^grate 

e 


( 11 . 68 ) 


The height of the coal (or carbonaceous solid) layer over the grate can 
be computed by 


./grate 


/ 

Vgrate W(1 — £)p pj 


(11.69) 


Here W is the width of the grate. The void fraction of the bed can be set 
as approximately 0.5. 

10. Finally the grate load of the grate can be, approximately, calculated 
by 


Grate load = 


H}jvF 

Vgrate 


(11.70) 


where /7 H \ is the high heat value (J/kg) of the fuel. The reader should 
notice that this parameter assumes total consumption of the carbonaceous 
fuel. 


To illustrate the above, let us imagine that one intends to build a rolling grate 
boiler to consume 10 ton/h (2.778 kg/s) of coal. Let the coal properties be as in 
Prob. 4.3, with the following additional information regarding the process: 

Air excess: 40% 

Desired fixed-carbon conversion: 99% 

Average particle diameter: 10 mm 
Grate length/width ratio: 2 
Air injected at ambiance temperature 
Average bed temperature equal to 1300 K 

Calculate the basic dimensions of the grate, its velocity, and the height of the 
solid fuel on the grate. 

The following values have been obtained: 

Mass flow of airFj, ir : 38.18 kg/s 

Superficial velocity of the air (at 1300 K): 0.911 m/s 

Area of the grate: 154.7 m 2 

Length of grate: 17.59 m 

Width of the grate: 8.79 m 

Concentration of oxygen above the grate: 5.625 x 10 4 k mo I/m 5 
n=0.215 

D,c=2.410xl0- 4 m 2 /s 
D M =2.268xl0 4 m 2 /s 
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D jN =9. 64x1 O' 5 m 2 / s 

k=2.608xl0 5 s’ 1 

<5=164.5 

First term between the brackets on the right side of Eq. 11.60 equal to 
2893 s/m 2 

Second term between the brackets on the right side of Eq. 11.60 equal to 
3571 s/m 2 

Third term between the brackets on the right side Eq. 11.60 equal to 195.3 

s/m 2 

0=4696 s (or 1.305 h) 

v gratc = 3.746 mm/s 

v grat e=14 cm 

If the coal has a heat value around 31 MJ/kg (high heat value), the grate 
load would be around 560 kW/m 2 . 

Some comments follows: 

a. Despite employing a different approach, the above methodology leads 
to grate loads that agree with the value recommended by usual methods 
for furnace design. 

b. The calculation allows a verification of the relative influence of the 
various resistances influencing the rate of solid fuel consumption. This 
is shown by the values of the integrals in the equation for 0. In this 
particular case, the greatest resistance is due to the diffusion through 
the ash layer surrounding the unreacted core followed by the resistance 
imposed by the gas layer surrounding the particles. The resistance due 
the chemical kinetics combined with the diffusion through the core is 
much lower than the others are. This is mainly because the carbon-oxygen 
reaction is very fast at 1300 K. The situation would be different for 
lower temperatures or if very low oxygen concentrations were present. 
In cases of low oxygen concentration, the attacks to the carbonaceous 
core would be carried by other gases such as FEO or C0 2 . As seen, the 
above method cannot be applied for instance in cases of gasification. If 
gasification is intended, the residence time should consider the 
summation of terms where each involved reaction must be considered 
at each point of the coal (or other carbonaceous) layer. A program to 
compute the gas and solid composition profiles through the bed at various 
positions of its horizontal and vertical coordinates could provide much 
better visualization and precise computations of process variables. 

c. Of course, there are several ways to influence the value of residence 
time necessary for a desired conversion of the solid fuel. For instance, 
the required residence time can be decreased if the average particle size 
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is decreased. However (see step 5), this would lead to a decrease on the 
maximum allowed gas superficial velocity U G and, of course, leading to 
an increase on the grate area, as computed in step 6. In addition, the cost 
of grinding increases with the decrease of particle size. 

d. Another important variable for the design of equipment geometry and 
operational conditions, are the pressure losses imposed to the gas stream 
passing through the grate and bed of particles. Higher airflows lead to 
smaller grates, however increases in the pressure losses would lead to 
increasing operational costs. Even the savings in capital costs due to 
smaller or more compact equipment could be jeopardized due to 
increases in costs of additional or more powerful compressors or fans. 
The next section shows how to calculate those parameters for several 
situations. 

11.10 PRESSURE LOSSES 

The prediction of pressure losses imposed to fluids passing through equipment 
or systems is extremely important for engineering design. It allows, 
among other details, the determination of pumping or blowing power 
requirements. 

In the case of packed beds, the total pressure loss in the passing fluid is 
given by fraction lost in the distributor or grate and the fraction lost due to flow 
through the bed. 

The following sections present few methods for computation of such losses, 
which have been adapted from several texts ([134,138-140,269]. As throughout 
the present book, the correlations shown below have been developed for strict 
SI units. 

11.10.1 Pressure Loss in a Bed of Particles 

The methods to calculate the pressure losses of gases flowing through fixed 
and fluidized beds are shown below. 

11.10.1.1 Fixed Beds 

As illustrated in Fig. 3.2, the pressure loss in a gas passing through a fixed bed 
of particles is proportional to the velocity of the gas stream. This is valid in 
cases of constant temperature throughout the bed. The methods assume the 
following parameters or variables as known: 

Average diameter d p of the particles in the bed 

Bed height Z D 
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Superficial velocity U a average temperature T„, and pressure P 0 of the gas 
stream entering the bed (before injection) (Fig. 11.1) 

Average temperature 7j of the gas stream leaving the bed 


The following steps describe the method to calculate the pressure drop in a 
fixed bed of particles: 


1. If the average void fraction in the bed £ is not known, adopt it as 0.45. 
This value is easily determined by weighting a certain volume of 
particulate material piled in conditions similar to the bed. The ratio 
between those two values is the bulk density of the particles. With the 
value of apparent density of particles p app —which can be determined in 
a standard laboratory procedure—the void fraction is calculated by 


£ = 1 - 


Pbulk 

Papp 


(11.71) 


The definitions of various particle-related densities are presented in 
Sec. 4.2.5. 

2. The average temperature in the bed is calculated by the simple rule 


„ 7q + 7) 

^av= J1 y- L (11.72) 

3. For the present calculation, the average velocity through the bed is 
defined as 


bed of 
particles 


Ui> T 1f P 1 

t t t t t t 

■k 

fwr 

'mm 

. 

t t t t 11 

Uni T„, Pn 



FIG. 11.1 Scheme showing the variables for the computation of pressure loss in a bed of 
particles 
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u„=u Q ^- 

>0 
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(11.73) 


Notice that for fixed or moving beds, the above velocity should be below 
the minimum fluidization (see Chapter 4). 

4. Gas density p G , viscosity p c , as well any other property, should be 
estimated at the average temperature using the methods presented in the 
literature [180,181,270,271]. 

5. The Reynolds number is given by 


A'Re 


P< ; f,:\ p 
Rg 


(11.74) 


6. Parameter a i is given by the correlation with N Ka or 


- A'Re 



(11.75) 


7. The coefficient a 2 is given by the following correlation: 
a 2 =N Rc U ^- 

4 

8. Dimensionless parameter a 2 is given by by 

Po 

Cl'i — — 


(11.76) 


(11.77) 


where P is the average pressure in the bed. A reasonable first 
approximation is to take a 3 = 1. 

9. The dimensionless parameter a 4 is given by the Ergun equation [140], 


@4 — 


150^—^— fll +1.75^04 


(11.78) 


10. Finally, the pressure loss in the bed is calculated by 
AP d = ciaZd 


(11.79) 


* The general Ergun equation 4.9 should be employed in cases of nonspherical particles. 
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Since the SI system is used, the pressure loss will be given in Pascal (Pa). 


A few observations should be made regarding the above method: 

• It assumes a linear (or near linear) temperature profde in the bed. As 
shown by Fig. 3.5, this is not the case in gasifier or combustor. In such 
equipment, due to intermediate peaks of temperature, higher gas 
velocities are achieved than average considering just the entering and 
exit values. Therefore, the actual pressure loss through the bed is larger 
than the calculated by the above method. However, the computation 
can be substantially improved if the temperature profile is known. The 
deviation may be decreased by dividing the bed in sections where the 
temperature variation might be assumed almost linear. For instance, using 
Fig. 3.5, the section from the bottom to the peak of temperature might 
be used as a section and the rest as another. 

• It assumes that the composition of the gases through the bed does not 
vary. Actually, the composition in a combustor or gasifier changes 
dramatically as the gas stream crosses the bed. Using an average 
composition of the gas is recommended. In this case, it is believed that 
a simple arithmetic average should allow reasonable values for 
computations of pressure losses. 

• In the Ergun equation 11.78 (or 4.9) at laminar conditions (A Rc < 1) the 
term a i is the most influential, while the term a 2 is the most influential at 
turbulent conditions (A Re >1000). 

11.10.1.2 Fluidized Beds 

The Ergun equation 11.78 is also very precise in cases of fluidized beds. However, 
one should be careful because the void fraction e to be used this time is the 
average found in the fluidized bed. 

As seen in Fig. 3.2, once the superficial velocity reaches the minimum fluidization, 
the pressure loss in a fluidized bed remains the same throughout the entire bubbling 
regime. Therefore, if the minimum fluidization void fraction and minimum fluidization 
velocity were used to substitute e and U 0 , respectively, the method above would 
provide a first approximation for the pressure drop. The correct correlations for the 
void fractions at minimum fluidization conditions, as well as the average at any 
other situation, are described in Chapter 14. 

Having in mind that the fluidization is a process where the bed of particles is 
lifted by the gas stream, the pressure loss can be alternatively estimated by the 
weight of the bed (particles in the bed) distributed on the distributor plate. 
Therefore, if the mass hold by the bed is known, the computation is 
straightforward. In view of possible mistakes or approximations used in 
computations of void fractions, it is advisable to calculate the pressure loss in 
the gas phase through a fluidized bed by this second alternative. 
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Several types of gas distributors can used in pilot and industrial-scale packed 
beds. Among the most commons are perforated plate, porous plate, and 
perforated tubes or flutes. Various other designs might be considered as variations 
of those configurations. 


11.10.2.1 Perforated Plate 

A scheme of perforated plate is shown in Fig. 11.2. The computation of pressure 
loss in a gas passing through that plate can be made by the procedure described 
below. 

Referring to Fig. 11.2, there are two possibilities: // plate /c? orit “0.015 and H pU J 
4 orif >0.015. These are subdivided into cases related to the Reynolds number. 
The following steps should be taken: 


1. Calculate the Reynolds number as 


^Re = 


P(.i^-'orif4orif 

Pc 


(11.80) 


where U a df is the average velocity of the gas trough the orifices. If the 
area of the plate through which the gas may pass is called A,, and the 
total area of the plate A i, that velocity is given by 


U 


orif 



(11.81) 



plenun 

FIG. 11.2 Scheme of a perforated plate as distributor. 
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2. Calculate the ratio a t between the passage area A 0 (area of the plate 
through which the gas may pass) and the total area of the plate A or 

Ao 

«!=— (11.82) 

3. lf//piate/d O rif=0.015 and -/Vre>l 0 5 , then 

a. Determine the coefficient a 2 by the relationship 


«2 =(0.707 y/i-ai +\-a\) 2 \ (11.83) 

a[ 

4. If//piate/dorif—0.015 and 10 5 , then 

1. Use the Reynolds number, given by Eq. 11.80, to calculate parameter 
a } by 

a 3 =0.44178^ -0.217159^ +0.0574618ft, 3 -4.83879xl0" 3 fo 1 4 

(11.84) 

where 

h,=log 10 (^ Re ) (11.85) 

2. Calculate parameter a 4 by the formula 

a 4 = 5.79038 - 0.735783^ + 0.0369379ai - 5.64686£i 

+ 2.21944$ - OAOmib] + 2.72761X10 ~ 2 b\ ,, 

( 11 . 86 ) 

If the calculated value for a 4 is negative, assume it as zero. 

3. Calculate a 5 by the formula 


a 5 = 1 + 0.707i/l— 


a\ 


4. Calculate a 2 by the formula 


0-2 ~ ' 


a 4 +«3(a5 - a \) 


Cl\ 


5. If /fpiatc/dori^O.015 and N It > 10\ then 
1. Calculate a 6 by the formula 

Opiate 

a6= TV 

a ormce 


(11.87) 


( 11 . 88 ) 


(11.89) 


where /7 p i a[c is the plate thickness and 4 ori f lce is the hydraulic diameter of 
the typical orifice in the plate. 

2. For n 6 —2, calculate a 7 by the formula 
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a 7 = 1.4746 - 1.6131 a 6 + 0.6326 a\ -0.114 4 
<(, - .'~ 5 


+ 0.00964 - 0.00034 


239 

(11.90) 


If a 6 >2 or a 7 < 0, take a 7 = 0. 

3. Calculate a s by the formula 


ag = 0.1 


1 . 46^9 + 


100 


x0.25 


N) 


Re 


(11.91) 


where a 9 is the relative roughness of the internal walls of the orifices of 
the perforated plate. In the absence of a value, take the roughness as 
0 . 01 . 

Calculate an by 


«10 —{o.5 + a-jyJl—a\ j(l—di) + (1 -fli) 1 2 

5. Calculate a 2 by 

«2 =(«t0 +£Z8fl6)-V 

a\ 

6. If ffpiate/dorif-^0.015 and N rc < 10\ then: Calculate a 2 by 

1 


Cl2 = (04 +£73fi(io +£7g£Jg) 


a\ 


7. Calculate the pressure loss in the distributor as 


^tlist _ 6*2 


P gUg 


(11.92) 


(11.93) 


(11.94) 


(11.95) 


11.10.2.2 Porous Plate 

For computation of pressure loss in a gas stream through a porous plate, the 
following procedure may be followed: 

1. The porosity of the plate 8 is usually known and should vary between 
0.15 and 0.50 m 3 (ofpores)/m 3 (of plate). In the lack of a specific value, 
use 0.430. 

2. Given T, and T h or the gas temperature at positions before and after the 
porous plate, calculate the average temperature by Eq. 11.72. 

3. Given the gas velocity U 0 at T,„ the average velocity should be obtained 
using Eq. 11.73. 
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4. Calculate the gas density p c and viscosity p G at the average temperature. 

5. Calculate the Reynolds number as 


,. 1 Pt/^av ^porc 

'' Re — . 


e p c 


(11.96) 


where d poTC is the average pore diameter. Typical diameters of grains 
vary from 2* 10~ 4 to 7* 1 O' 6 m. This should be determined in the laboratory. 
If no specific value is available, use 4><10' 5 m. 

6. If N Re <3, calculate the parameter a n by the correlation with /V Rc as 


an 


180 

Nr, 


(11.97) 


7. If A^Re>3, calculate the parameter a u by the correlation with /V Rc as 


164 7.68 

a\\ --1- 


0.11 


Nr, < 

Calculate the dimensionless parameter an by 

„ 9 T\ -To 

a n =2—- 


9. Calculate the dimensionless parameter a 2 by 


(11.98) 


(11.99) 


Opiate 

a 2 ~ a l\ — -+ A12 (11.100) 

^pore 

The calculation of pressure loss is very sensitive to that of diameter. 
Therefore, a laboratory determination of the average pore diameter is 
very important. 

10. Finally, using a 2 given by Eq. 11.100, calculate the pressure loss in the 
plate by Eq. 11.95. 


11.10.2.3 Perforated lubes or Flutes 

A simplified scheme of this kind of distributor is shown in the Fig. 11.3. This 
case is composed of two main pressure losses: 

• The one due to flow inside the tubes of the flutes crossing the insulation. 
The calculation is similar to the perforated plates (Fig. 1 1.2). 
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orifices 



flutes 

plenun 


FIG. 11.3 Scheme showing the flute tubes which compose the distributor. 


• The one due to flow through the side orifices of the flute. 
The method for estimation of those pressure losses follows: 


1. Calculate the average gas velocity in each flute tube C/ flut e by a simple 
relation between the superficial velocity for the empty bed and the area 
available for gas to cross the distributor plate through the flute tubes. 

2. Calculate the pressure loss as a perforated plate. Use the method shown 
above where f/ flute would replace f/ orif and fifnme (internal diameter of the 
flute) would replace d oli{ . Therefore, the Reynolds number should be 
calculated by 


N Re-flute 


PG^flute^fluts 

PG 


( 11 . 101 ) 


At the end, the coefficient a 2 (to be used in Eq. 11.95) for pressure loss at 
the flute has been calculated. 

The Reynolds number, as calculated by Eq. 11.101, is now used for 
computations that would allow estimating the pressure loss in the gas 
through the orifices. 

3. lffV Re . flu te<4xl0 4 : 

1. Takea u =l. 

2. Calculate a u by 


fill 2 —0.1 


1 . 46^9 + 


100 


\0.25 


^Re-flute 


( 11 . 102 ) 
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where a 9 is the relative roughness of the internal walls of the orifices 
of the perforated plate. In the absence of a value, take the roughness 
as 0.01. 

3. Calculate the coefficient a [3 given by 


a 13 45 tz 12 


4. If N Re . flute >4xl0 4 : Take a n =1.5 and fli 3 =l.l. 

5. Calculate a, 4 by 

A14—1. 19 rii i 1 3 


(11.103) 

(11.104) 


6 . 

7. 

8 . 


Calculate a l5 , which is the ratio between the area of orifices in a flute 
and the cross section of the flute. 

Calculate the Reynolds number at orifice by 


*7 (^Re-flute 

fl'Re-orif ~- 

°15 

Calculate a t6 by 
a i6~l ~a\s 


(11.105) 

(11.106) 


If a i6 is less than zero, assume it as zero. 
9. Calculate an given by 


«17 


1 + 0.5fli6 +1.35 \[ci\6 


(11.107) 


10. Calculate a i 8 by 

a a = 0.44178b 18 - 0.217159(4 + 0.0574618(4 
- 0.00483879(4 

where 


(11.108) 


hl 8 =lOgl0 (^Re-orif) (11.109) 

If the fljg acquires a negative value, take it as zero. 

11. Calculate 

a 19 = 5.79038 - 0.735783a ls + 0.0369379<4 
-5.64686(> 18 + 2.27944(4 - 0.409812(4 
+ 0.027276 1(4 

If the fli 9 acquires a negative value, take it as zero. 

12. The pressure loss coefficient a 20 should be calculated by 

t220 = ( 1 1 g)tz 1 7 +n 1 9 

13. The total pressure loss coefficient should be calculated by 


( 11 . 110 ) 


(11.111) 
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a 2 =a 2 o +a\4 


U G 


\2 


+ an 


( t/prif 

U G 


( 11 . 112 ) 


14. Finally, Eq. 11.95 should be used to calculate the pressure loss in the gas 
through the flute duct and side orifices. Of course, it should be added to 
the one calculated at item 2 above. 


EXERCISES 

11.1* Calculate the rates ofreactionsR.l and R.2 (Table 8.4) by the two possible 
models (unexposed and exposed-core) under the following conditions: 

Gas composition which surrounds the particle (molar fractions): C0 2 = 0.030; 

C0=0.045; 0 2 =0.100; H 2 0=0.230; H 2 =0.35xl0 4 ; N 2 =0.595 
Solid fuel composition (wood): Immediate analysis (% mass, wet basis): 
moisture=5%; volatile=38%; fixed carbon=47.6%; Ash=9.4%: Ultimate 
analysis (mass fraction, dry basis): C=0.732; H=0.0510; 0=0.0790; 
N=0.0090; S =0.0300; Ash=0.0990 
Pressure=100 kPa 
Temperature=1200 K 
Bed bulk density=700 kg nr 3 
Particle apparent density=1200 kg nr 3 
Particle real density=2100 kg m' 3 
Original particle diameter=10 mm 
Assume solid fuel conversion as 50% 

Gas velocity=0.28 m s' 1 

11.2** For the case of the unexposed-core model, calculate the respective 
effectiveness factor. 

11.3* Repeat the computations for combustor grate design as shown in Sec. 
11.9.2, but for particle diameter twice of the used there. Compare the results for 
burning time and grate velocity. 

11.4** Write computer routines to compute the pressure losses in gas streams 
passing through perforated plates. Be as general as possible and assume the 
minimum number of variables. 

11.5** Repeat the Prob. 11.4 for the case of porous plates. Compute a case 
where ambiance air is passing through a 2 cm thick plate. Assume plate porosity 
as 0.3, grain diameter 6*10' 5 m, and superficial velocity of air equal to 1 m/s. 
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11.6** Repeat Prob. 11.4 for the case of distributor composed by flutes. Assume 
a geometry, but besides the care taken before, be sure to avoid computations 
where the space occupied by orifices in the flute tube do not surpass its available 
perimeter. 

11.7* Employing the routine developed in Prob. 11.5 and for a case where 
ambianace air is passing through the 2 cm thick plate (with 0.3 porosity), plot a 
graph of pressure losses against air velocity. Range the air velocity from 0.1 to 
10 m/s. 

11,8*** Try to: 

a. Write radiative heat transfer terms between particles and particles if 
at different temperatures. Consult Chapter 15. 

b. Include these in energy balances (Eqs. 7.37 and 7.38) of moving- 
bed combustors and gasifiers. 

11.9*** Follow the suggestion made for improvement at Sec. 11.8.5.3 and 
include terms for heat transfers between bed and walls in Eqs. 7.37 and 7.38. 

UTO**** Try to: 

a. Write basic energy equations in the axial heat transfers included in 
the model of Chapter 7. 

b. Even using simple treatment for radiative heat transfer (see Chapter 
15), include the terms of radial and axial radiative heat transfers 
between particles in those equations. 

c. Include the heat transferred by conduction between particles in the 
treatment. 
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Moving-Bed Simulation Program 
and Results 


12.1 INTRODUCTION 

This chapter presents some considerations on how to organize a model to build 
a simulation program. The example of moving-bed combustor or gasifier will 
be used to illustrate. In addition, results from simulation and comparisons against 
real operations are shown. 

12.2 FROM MODEL TO SIMULATION PROGRAM 

The basic and most of the auxiliary equations and correlations necessary for 
the model for a moving-bed gasifier have been described. The next step is to 
build the simulation program, where these equations and correlations should be 
arranged together in an orderly way. Not only that, they should work together 
without mathematical or logical contradictions, usually noticed only during 
computations. 

From a general point of view, the stage of development of computer 
software, particularly for engineering applications, is still in its infancy when 
compared with, for instance, the level of industrial production. The present 
stage of programming techniques is equivalent to the musket production [273J. 
It is still a handicraft job and there is not a standard methodology. Although 
this could sound romantic, it leads to serious consequences when efficiency, 
safety, and reliability are concerned. As an example, the inauguration of a 
large international airport in the United State was prevented for more than a 
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year due to bugs in the software developed to control its luggage distribution 
system. A sizable Brazilian ethylene production unit had to be completely 
dismantled after several unsuccessful attempts to make the controlling 
system—based on three computers—work as intended. There are numerous 
other example, including controlling systems that led to the loss of satellites, 
air traffic control systems that went more than US $100 million over budget 
and had to be abandoned after years of investment, etc. Luckily, the task 
proposed here is not so serious or complex, but every precaution should be 
taken to avoid too many problems. 

One should be aware that the development of a computer simulation program 
is a time-consuming task. Compared with the time spent with the modeling and 
with the process of collecting correlation, building up the workable computer 
program takes around 95% of the total time. This is because the development of 
a simulation program is, by no means, a straightforward job. First, the program 
should be based on a coherent mathematical structure. Second, the validation 
procedure, which is carried by comparing the computed results with actual 
experimental results, demands a good amount of effort and time. This last task 
is absolutely necessary. No matter how sophisticated and mathematically 
coherent a model, it is worthless if unable to reproduce the basic characteristics 
of the process or equipment operation within an acceptable range of deviation. 
That acceptable deviation varies from case to case of process or equipment to 
be simulated. There are no simple rules to determine what is acceptable, but it 
is possible to recognize several factors influencing comparisons between 
simulations and real operations, for example: 

• Confidentiality. Usually, pilots or industrial units are under some sort of 
commercial contract that does not allow publication of all details 
regarding geometry or operational conditions. 

• Unreliability and inaccuracy. After careful examination, it is common 
to verify flaws on reported data. Most of those are due to careless 
measurements or even mistakes or misinterpretations of the operational 
data. These seldom state the conditions in which they have been 
measured. In addition, even a supposedly steady-state operation suffers 
local fluctuations on its parameters. Let us exemplify for the case of a 
moving-bed gasifier operation to which coal is continuously fed. Several 
questions can arise. First, what is the deviation from an average on the 
composition and other physical characteristics (densities, particle size 
distributions, etc.) of that feeding coal? Second, what is the fluctuation 
in the mass rate of coal feeding into the reactor? Third, what are the 
fluctuations of other input streams, such as mass flow of air and steam 
to the reactor, their temperatures, and pressures? Other questions relate 
to measurements of at unstable conditions. For instance, during the 
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operation of a moving-bed gasifier, the position of temperature peak 
obtained in the combustion zone can easily vary 5% around an average. 
The same sort of fluctuation can be expected for concentrations and 
pressures. Added to that, the intrinsic precision of the instruments used 
during the measurements should be considered. Factors such as reliability 
and reproducibility of the measurements have to be accounted for. On 
the other hand, for most of the situations, the intrinsic uncertainty of the 
instruments is masked by the fluctuations of the measured variable 
around supposedly steady operational value. 

• Incomplete information. Most published reports do not reveal all required 
inputs to run the simulation program. 

• Precision of the correlations. As seen, even for models based on 
fundamental equations, such as those presented here, several empirical 
and semiempirical models are needed as constitutive equations to provide 
values of various parameters. These are taken from the literature. 
However, for this and any mathematical model, the correlation and 
relationships are simply representations of the physical reality, and 
therefore already affected by error. For example, most of the correlations 
for physical-chemical properties lead to deviations around a few percent. 
The problem increases in cases of chemical reaction kinetics, where 
correlations or parameters for those might be affected by deviations 
around 30%, or even higher. 

Intended application: Of course, the simulation of a satellite operation 
would require much smaller deviations than that acceptable for a coal 
gasifier. On the other hand, basic and auxiliary equations describing the 
former process are influenced by lower uncertainty than the latter. Other 
situations, can be found when small deviations between simulation and 
reality should be guaranteed. One such case is when decisions of huge 
investments are involved, for example, the selection for the best strategy 
of electric power generation unit, where deviations above 1% are 
normally unacceptable because that generally represents large volumes 
of financial resources. 

Once all this has been said, one should be eager for a suggestion concerning the 
maximum deviation value allowed in our present case of moving-bed gasifiers. 
The experience shows an average acceptable number around 5% for most 
parameters. These parameters include temperatures, pressures, compositions, 
residual particle size distributions, and mass flows. However, this should not be 
taken as an absolute rule. 


Copyright © 2004 by Marcel Dekker, Inc. 


248 


Chapter 12 


12.2.1 Simulation Strategy 

As with the strategy adopted during the mathematical modeling, the development 
of a simulation program should follow a few basic steps, such as: 

1. Chose a programming language. 

2. Write a block diagram for the program strategy, usually called program 
chart. 

3. Start writing the program. 

4. Test the program. 

12.2.1.1 Programming Language 

The choice of a language in which the program would be written should consider 
the following aspects: 

• How acquainted is the programmer with the various available languages 
usually employed in engineering and scientific programs? 

• Is the language universal enough and available in most of the main frames 
and PCs? 

• Is the language compatible with the used by auxiliary mathematical as 
well as other packages? Usually, the simulation programs need to employ 
routines or procedures to solve systems of linear and nonliner equations, 
systems of ordinary or partial differential equations, convergence 
procedures, etc. There are several available commercial computational 
libraries installed in most of the mainframes and available in PC versions. 
These libraries are written in languages such as FORTRAN, PASCAL, 
and C. To avoid incompatibilities or the necessity of translating 
compilers, it is convenient to use the same language as the one employed 
by the commercial mathematical package. 

12.2.1.2 Program Chart 

The development of a program chart is for the programming phase the equivalent 
to the development of model chart during the modeling phase. It consists of a 
block diagram where the sequential and reiterative steps of the program are 
shown, and is very helpful during the actual writing of the program. As an 
example, consider the program chart for the case of the present case of moving- 
bed simulation, as illustrated by Fig. 12.1. 

The first step of any simulation program is the data reading. In our case, the 
data are related to: 

1. Physical inputs to the equipment, such as: 

a. The mass flow, temperature, composition (proximate and ultimate 
analysis), density, porosity, heat value, and particle size 
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distribution of carbonaceous particulate solid feeding at the top 
of the equipment. 

b. The mass flow, temperature, and composition of the gas stream 
injected into the gasifier or combustor. In the case of the up-draft 
concept, the injection occurs at a point usually above the bed, while 
in the case of countercurrent, the injection is made through the base 
of the bed. Normally, this stream contains the oxidant. In the case of 
the gasifier, steam may be added to that stream and the mixture of 
injected gases are called gasification agents. As shown, steam may 
be necessary to control the peak of temperature and to promote the 
production of hydrogen. Air is the cheapest way to feed the oxidant 


Copyright © 2004 by Marcel Dekker, Inc. 






















250 


Chapter 12 


into the gasifier, but some processes use pure oxygen. In the case of 
gasification, this last alternative is aimed at increasing the combustion 
enthalpy of the produced gas. Although not very common, some 
processes use other gases as agents, e.g., carbon dioxide. 

c. If intermediate gas injections are present, the above variables should 
be described and related to the height in which each injection is 
made. 

2. Description of the equipment geometry. In the present case of a counter- 

current gasifier the following data should be available: 

a. Reactor diameter. The diameter may be constant or vary throughout 
the bed height. In the latter case, some equations described in Chapter 
7 should be reviewed because the cross section S of the reactor is no 
longer constant. Moreover, a method to describe the diameter against 
bed height should be set. 

b. Bed height z D . 

c. Description of the external and internal insulation, i.e., their 
thickness, average thermal conductivity, and emissivity. These data 
are necessary to compute the heat losses to the environment. On the 
other hand, the reactor may be considered adiabatic, at least as a 
first reasonable approximation. In several cases of good insulation, 
heat losses around and below 2% of the total energy input are 
common. 

d. Other internal characteristics. Equipment such as moving-bed 
combustors or gasifiers may include features such as water jackets 
surrounding the reactor, agitators with refrigerated paddles, etc. 
Steam or hot water might be produced by such devices, and their 
presence might not be negligible regarding energy balances. 
Therefore, their effects should be also included in the model 
equations. 

3. Control variables: 

a. Printing control. Apart from the printing of the data and the results, 
it could be necessary to print the values of several computed 
variables. This may be important to follow the progress of the 
computation and to allow the diagnosis of faults and problems, 
mainly during the phase of program development. A device for 
printing priorities may be set. It can be composed by a series of 
parameters that, for instance, instruct the program to print, or not, 
some key variables. Another useful and efficient way to follow the 
evolution of variables is the debugging procedure provided by 
several compilation programs. 
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b. Parameters to control convergences and solutions of differential 
equations. Most of the available commercial mathematical libraries 
require the definition of the maximum number of iterations, 
maximum allowed deviation, etc. 

A single block, as illustrated in Fig. 12.1, represents the step of data reading. As 
can be seen in the chart, the second step is composed by the equations and 
procedures for the preliminary calculations. 

The information and equations described in the literature are found in a wide 
range of forms and units. For instance, the ultimate analyses of the carbonaceous 
feeding are usually given in dry basis. On the other hand, water must be considered 
to describe the actual composition. Another example is the units in which the 
reader may find the values that describe the equipment geometry. The required 
transformations to the desired system could be automatically made by a simple 
routine. More sophisticated routines can be set to recognize a range of possible 
units and transform to the required system. It is advisable to use SI (International 
System) units during all computations. This system is adopted as the official one 
in most countries and is required by almost all publications. 

Unlike the first two steps, the ones described ahead depend on the specific 
model which is being developed. Before that, it is necessary to refer to the 
boundary conditions concerning the differential equations, as described in 
Chapter 7. 

12.2.1.3 Boundary Conditions 

As introduced at Chapter 7, the necessary boundary conditions of the problem 
are: 

• Mass flow of each chemical species or Fj (1 </<«, n=n G -n s ) at the basis 
of the gasifier ■=() 

• Temperature of each phase (T a and T s ) at the basis of the gasifier (z=0) 

Usually, the temperature and the mass flow of each component in the gas stream, 
which is injected at the basis (z=0) of the gasifier, are known. The problems 
start when one tries to set the boundary conditions for the solid phase. Its 
temperature and composition are not known at ■=(). On the other hand, those 
values are known at the feeding point of the solid particles in the bed, i.e., at 
z=Zd ■ This is a typical “final-boundary” value problem. The strategy used in 
this case is to assume the conditions at the basis and apply a convergence method 
to reiterate the whole solution until the final conditions are satisfied within an 
acceptable tolerance or error. This can be summarized in the following steps: 

1. Guess the values of the temperature and the mass flow of each 
component (which would allow the composition computation) of the 
solid phase at z=0. 
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2. Solve the system of differential equations. 

3. Obtain the computed values of the composition and temperature for the 
solid phase at the top of the bed ( z=Zd )■ 

4. Compare those values with the known for the solid feeding. 

5. If the absolute differences between the guessed and computed values 
are above a certain maximum value, return to step 1. A method to set a 
new guess is provided by the adopted convergence procedure. 

Although this could sound reasonable, it brings some practical problems to 
work properly. The basic difficulty is related to the number of variables to be 
converged. There are several components and one temperature to be converged. 
However, the usual methods accept just one variable as convergence parameter. 
Therefore, if the above procedure is to be implemented, it would be necessary 
to set several nested convergence loops. This certainly would lead to cumbersome 
computational procedure, with very slim chances of success. 

One method that works fairly well in several situations of combustion and 
gasification modeling [145-147,150-154,164,207-212,214,274,275] is to select 
one reference component and then set the whole convergence strategy around 
it. This procedure can be described as follows: 

1. Choose a reference chemical component typical of the solid fuel, e.g., 
carbon. 

2. Assume a fractional carbon conversion in the process. Therefore, the 
mass flow of carbon at z=0 would be set. 

3. Assume the fractional conversions of all other solids of the fuel equal to 
the carbon conversion (of course this is not applicable to ash). This can 
be assumed just for the first iteration. For the following iterations, a 
simple substitution of the last computed value works well. 

4. The solution of the differential mass and energy equations throughout 
the bed would lead to the value of the mass flow of carbon at its top. 
That value should be compared with the mass flow of carbon at the 
feeding. If the difference is above a certain tolerance, return to step ‘1’. 

The experience has shown that when carbon conversion convergence is achieved, 
convergences for all other component conversions are reached as well. 

The other variable to be converged is the temperature of the solid phase at 
■=(). However, it is possible to avoid the use of convergence procedure for this 
case. 

As shown by Fig. 3.5, the moving-bed gasifier presents a sharp peak of 
temperature not very far from the bed basis. In addition, a positive derivative 
for the solid phase at z=0 should be guaranteed: otherwise the process would 
not progress above that point. This provides a criterion to set the temperature 
boundary value, which would just require setting a minimum positive value for 
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its derivative. The greater the assumed value, the lower the height in the gasifier 
where the temperature peak would occur. Having this in mind, an appropriate 
minimum value can be adjusted by coinciding the position of the peak predicted 
by simulation to an experimentally verified. It has been noticed that, for a wide 
range of experiments with various carbonaceous solids and conditions, the 
temperature derivative at bed basis is around 100 K/m. On the other hand, the 
temperature at the top of the bed must be equal to the solid feeding temperature. 
This last information is the final test for the procedure here described and might 
help in adjusting the derivative of solid temperature at bed basis. 

The above approach allows a simplification of the convergence problem 
because it is reduced to the convergence of just one variable, i.e., the fractional 
conversion of carbon 

Figure 12.1 presents the whole procedure, where parameter ‘A' is the guessed 
value for the fractional conversion of carbon and ‘B ’ is the computed value for 
that conversion. 

12.2.2 Program Writing 

Once the strategy is set, the developer can start the actual writing of the program. 
The fundamental requirements to achieve a robust and reliable program are 
clarity and organization. When writing a computer simulation program, one 
should put herself or himself in the position of someone who is trying to 
understand the code only by reading its lines. It has been verified that time 
invested in detailed comments at each point as well as notations, references, 
and data feeding instructions, pays huge dividends. For instance, it might save 
a lot of time and effort during the development of improvements of the program. 
Moreover, among the most time-consuming tasks is the analysis of possible 
flaws in the program. That is why clarity and order greatly facilitates such 
analysis. 

The first hint is to include the following items as part of comments at the top 
of the main program: 

• Objective of the program 

• Description of its basic logic structure 

• Fundamental remarks on the used hypothesis, equations, and principles 

• List of the references for each aspect, if possible 

• List of the nomenclature and the logic behind that 

• List of the input data with their meaning and units 

• Same as above for the outputs 

The second hint is to add comments at each point of key calculations inside the 
main program as well as inside subroutines. Each subroutine should include 
the same items as described above for the main program. The developer should 
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try to maintain a uniform nomenclature throughout the program. All this might 
sound too troublesome, but comments usually take more than half of the code 
of successful programs. 

Finally, one must spend time on writing a complete user’s manual. It should 
include all the above features presented in a formal form, as required by a book. 
In addition, the manual should include examples of simulation results and 
comparisons against real operations. 

12.3 SAMPLES OF RESULTS 

As mentioned before, the model presented in Chapter 7 has been tested and 
used in design. It has been applied for cases of various woods, sugar cane bagasse, 
coal, charcoal, and charcoal pellets. The present section shows few results and 
comparisons against real operations.* 

The set below refers to charcoal updraft moving-bed gasification with the 
fundamental characteristics shown in Table 12.1. A cylindrical 0.5 m internal 
diameter vertical gasifier was employed. Its internal surface insulated by 0.15 m 
thick refractory bricks with thermal conductivity was around 0.7 W m 1 K 1 . Air 
and saturated steam was injected into the gasifier. 

The conditions shown at Table 12.2 were obtained during periods of steady 
state operation. 

The real and simulation values for concentrations for the exiting gas are 
shown in Table 12.3. 

Figure 12.2 presents temperature profiles in the bed (height measured from 
the basis) obtained from simulation compared against measured values (marked 
with black triangles) for test 1 [212], and Fig. 12.3 shows a similar graph for a 
case of wood gasification [210]. 

Just as illustrations, Figs. 12.4-12.5 present various concentration profiles 
of gases throughout for a general case of biomass gasification. Figure 12.6 
shows the evolution of tar. 

12.3.1 Comments 

As seen, reasonable predictions of real operations are possible even with a 
relatively simple model as the presented here. Particularly good agreement was 
obtained for the composition of the existing gas, which is the product of such 
processes. The average deviations remained below 5%, which was reached not 
just for the case of charcoal (with a good amount of volatiles) but also for other 


* ‘Unfortunately, other operational data cannot be presented due to contractual restrictions between 
the author and clients. Those presented here were published in open literature. However, the same 
degree of precision has been obtained in all cases. 
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Proximate analysis (%, wet basis) 

Values 

Moisture 

4.60 

Volatile 

13.93 

Fixed carbon 

79.66 

Ash 

1.81 

Ultimate analysis (%, dry basis) 

Values 

C 

86.9 

H 

3.3 

O 

6.5 

N 

1.3 

S 

0.1 

Ash 

1.9 

Low heat value (MJ kg - ‘) 

31.96 

Densities 

Values 

Particle, apparent (kg m 3 ) 

550 

Particle, real (kg m“ 3 ) 

1400 


TABLE 12.2 Basic operational conditions applied at various tests 


Operational condition Test 1 Test 2 Test 3 


Bed height (m) 

Charcoal feeding temperature (K) 
Injected air temperature (K) 

Injected steam temperature (K) 

Charcoal feeding mass flow (kg s _l ) 

Air feeding rate (kg s _l ) 

Steam feeding rate (kg s _l ) 

Average reactor int. pressure (kPa) 
Average charcoal particle diameter (mm) 


2.5 

2.5 

2.5 

298 

298 

298 

318.1 

316.9 

303.2 

431.4 

444.0 

440.7 

1.18 X 10“ 2 

1.26 X 10“ 2 

2.92 X 10~ 2 

3.87 X 10“ 2 

4.17 X 10“ 2 

8.43 X 10 -2 

4.70 X 10“ 3 

6.33 X 10“ 3 

1.64 X 10 -2 

101.6 

103.0 

102.1 

27.9 

12.7 

27.9 
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TABLE 12.3 Experimental and simulation compositions of gas from moving-bed 
gasification of charcoal (mol %, dry basis) 


Chemical species 

Run 

i 

Run 2 

Run 3 

Experim. 

Simul. 

Experim. 

Simul. 

Experim. 

Simul. 

CO 

30.0 

30.6715 

28.6 

29.4493 

28.3 

27.4835 

co 2 

4.6 

3.6759 

4.6 

4.8018 

5.8 

6.0536 

N 2 “ 

51.2 

51.1533 

49.8 

49.5017 

47.5 

49.2003 

h 2 

13.2 

13.4258 

14.0 

15.2043 

17.3 

16.0978 

ch 4 

0.6 

0.5845 

1.8 

0.5703 

0.7 

0.6393 

c 2 h 6 

n.d. 

0.0483 

n.d. 

0.0470 

n.d. 

0.0529 

h 2 s 

n.d. 

0.0004 

n.d. 

0.0005 

n.d. 

0.0005 

0 2 

0.4 

0.0000 

1.2 

0.0000 

0.4 

0.0000 

nh 3 

n.d. 

0.3726 

n.d. 

0.3508 

n.d. 

0.4067 

NO 

n.d. 

0.0657 

n.d. 

0.0650 

n.d. 

0.0633 

S02 

n.d. 

0.022 

n.d. 

0.0021 

n.d. 

0.0021 


Source: Ref. 212. 
n.d.=not determined. 

“ Obtained by difference. 


fuels [211-210]. Such results allow, for instance, applications of simulation for 
optimization of reactor operations having in mind utilization in power generation 
units or chemical or synthesis processes. 

It should be noticed that the temperature (Figs. 12.2 and 12.3) of injected 
gas rises very fast to almost equal the temperature of descending solid. The 
only departure occurs at the peaks and at the top of the bed. 

It is important to stress that due to the high coupling between energy and 
mass balances—not to mention the very high dependence between reaction 
rates and temperatures—only reasonable evaluations of temperature profiles 
would lead to reasonable predictions of gas compositions. 

Somewhat similar temperature profiles to those presented at Figs. 12.2 and 
12.3 were obtained by several researchers [144,214,215,276,277,278,279]. Apart 
from the influences of particularly differences of operational conditions, it seems 
though, that cases of coal gasification lead to larger distances between gas and 
solid maximum temperatures than for the cases of charcoal and wood presented 
here. Possible causes for that are: 

1. Ash formed over charcoal nucleus is very fragile, more so than most 
coals. Therefore, the present simulation turned to the exposed-core (or 
segregated-ash) model in the case of biomass combustion. The 
combustion rate of solid fuel in the case of exposed core is much higher 
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FIG. 12.2 Experimental and simulation values of temperatures (K) against height (m) in 
the bed for a case of charcoal gasification in moving bed (test 1). 

for the equivalent than for the unexposed (or shrinking) core [215J. 
Therefore, the combustion rates for charcoals—to which the exposed- 
core model fits better—are usually higher than for coals, to which the 
unexposed-core model is more applicable. 

2. In the case of the exposed-core model, the reacting core would be in 
closer contact with the surrounding gas than if the unexposed-core model 
were adopted. Therefore, intense heat and mass transfer between gas 
and solid would lead to closer temperature profiles. 

3. Generally, charcoal is more porous than coal char. Therefore, the mass 
transfer resistance of ash layer in the former would be lower than for the 
latter. Thus, even in cases where the unexposed-core model is applied 
to combustion of chars from biomass and from coals, the combustion 
rates would be higher for the former than for the latter. 

Regarding deviations between measured and simulated temperatures, Hobbs et 
al. [144,277] results are comparable to those achieved in by the present model. 
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FIG. 12.3 Experimental and simulation values of temperatures (K) against height (m) in 
the bed for a case of wood gasification in moving bed. 

The deviations on temperature profiles shown in Figure 12.2 and 12.3 may 
be caused by the following factors: 

1. Dissipation by radiative and conductive heat transfers in the axial 
direction. The inclusion of such terms might improve the model. 
However, one should keep in mind that it would require adding 
derivatives on that coordinate into the differential mass and energy 
balances. 

2. The upwardly traveling gas stream is carrying ash detached from reacting 
cores at combustion region. This process works as an additional heat 
transfer mechanism to above layers in the bed. The process is similar to 
energy dissipation in the axial direction. Improvements to account for 
this would require considerations on dynamics of entrainment of particles 
by gas in packet beds. 

As seen, the development of models is a continuous task. Although moving- 
bed technology has lost ground to fluidized beds (bubbling and circulating), 
new models and improvements continue to appear in the literature. For instance, 
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FIG. 12.4 Profiles of C0 2 , CO, and 0 2 concentrations in the bed for a case of charcoal 
gasification in moving bed (test 1). 


a model that includes dissipation terms (diffusion and conduction) has been 
developed by Cooper and Hallett [280]. It seems that the deviations regarding 
temperature profiles between simulation and actual operation have been 
decreased. This should encourage even newer developments. 

Figures 12.4-12.6 present concentration profiles for various gases in a typical 
simulation of biomass gasification. Similar profiles have been observed in other 
cases, and therefore the comments made here are general. 

From those figures it is possible to observe that: 

1. Fig. 12.4 shows the fast decrease on oxygen concentration near the 
combustion peak. Of course, it coincides with the surges of temperature 
(see Figs 12.2 and 12.3). 

2. The concentration of C0 2 (Fig. 12.4) peaks with temperature and then 
decreases due mainly to reaction with carbon (reaction R.3, Table 8.4). 
Flowever, one should be careful to interpret the graphs because these 
are relative concentrations which may appear decreasing when other 
gases are being produced. For instance, at regions near the top of the 
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- H20 H2 CH4 


FIG. 12.5 Profiles of H 2 0, H 2 , and CH 4 concentrations in the bed for a case of charcoal 
gasification in moving bed (test 1). 


bed, devolatilization introduces several gases in the mixture, therefore 
leading to decrease in concentrations of other. 

3. From the point where oxygen is consumed, CO production increases. 

4. As with other combustible gases, hydrogen can accumulate only after 
oxygen extinction (Fig. 12.5). It is mainly produced by reaction R.2 
(Table 8.4). This therefore leads to the consumption observed in water. 
However, a small increase in water is observed around the peak of 
combustion due to oxidation of hydrogen in the fuel. 

5. Methane is produced mainly due to devolatilization, which is therefore 
added to upwardly moving gas from the pyrolyzing descending solid. 
The point when devolatilization is completed in the descending solid is 
recognized when tar starts to be added to gas phase (Fig. 12.5 and 12.6). 

More detailed discussions, mainly regarding the role of reactions, are left for 
Chapter 16, where cases of combustion and gasification in fluidized bed are 
presented. 
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FIG. 12.6 Profile of tar concentration in the case of charcoal gasification in moving bed 
(test 1). 


EXERCISES 

12.1* Develop a block diagram, similar to Fig. 12.1, for a case of downdraft 
moving-bed combustor or gasifier. 

12.2** Based on the fundamental equations written during the solution of Prob. 
7.6, set the boundary conditions for the model of a downdraft moving-bed 
combustor or gasifier. 

12.3*** Write a simulation program for an updraft (or counterstream) moving- 
bed gasifier, which is supposed to operate under the following conditions: 

• Steady-state regime. 

• The gasifier is continuously fed with porous spherical particles of pure 
graphite. 

• Air is continuously fed through the distributor or bottom of the bed. 

• Assume, for instance, the following data: 
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Mass flow of feeding particles: 1.0xl0" 2 kg s' 1 
Mass flow of air; 3.0xl(f 2 kg s' 1 
Gasifier internal diameter: 0.5 m 
Bed height: 2.0 m 

Apparent density of feeding particles: 1000 kg nr 3 
Real density of feeding particles: 2000 kg m 3 
Global bed density: 700 kg m 3 
Operating pressure: 100 kPa 
Average diameter of feeding particles: 1.0xl0‘ 2 m 
Feeding particles are dry and volatile free. Therefore, no need to introduce 
routines or calculations regarding those processes. 

As a first approximation, assume the temperature of solid phase as 600 
K at the basis of the bed. In a second model, the student may refine 
the search for this boundary condition. 

In order to allow the combustion of CO, assume that the concentration 
of water in the entering gas is 1/100 of the concentration of oxygen. 

• Assume adiabatic rector, i.e., neglect the heat transfer to environment. 

• Use the routines developed in previous chapters or use the available 
literature [134,180,181,213] and Appendix B to set the calculations for 
the physical-chemical properties. 

Guiding steps: 

1. Write the basic equations or the mass and energy differential equations. 

2. Write the boundary conditions. 

3. Develop a simplified block diagram for the computation. 

4. Write the auxiliary equations for the chemical kinetics, equilibrium, physical 
and chemical properties, enthalpy, and heat transfer calculations, etc. 

5. Develop more detailed block diagrams for each subroutine or part of 
your model. 

6. Consult the literature [184-187] or commercially available packages 
(such as IMSL) for the convergence routines as well for methods to 
solve the systems of differential equations. 

7. Write the program. 

8. Obtain the numerical results for the concentrations and temperature 
profiles throughout the bed. 

12.4**** Improve the Prob. 12.3 program by adding a routine for computation 
of rates and composition of pyrolysis yields. For a first approximation, just use 
the Loison and Chauvin equations 10.23-10.28. Integrate that to the program 
and run for a case of charcoal. Use the input described in Sec. 12.3. 

12.5**** Repeat Prob. 12.4 using the program developed for Prob. 10.4 or FG 
combined with DISKIN model. 
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12.6**** Improve your program even further, by applying the model developed 
at Prob. 10.7. 

12.7**** Repeat Prob. 12.3 for the case of a downdraft moving-bed gasifier. 
Remember that in this case the air/steam mixture is to be injected at the top of 
the bed. 

12.8**** Apply the improvements developed at Prob. 12.4 to the program 
developed in Problem 12.7 for the case of downdraft combustor or gasifier. 

12.9**** Repeat Prob. 12.6 for the case of downdraft reactors. 

12.10**** Use the developed program to optimize the operations of charcoal 
gasifier presented in Sec. 12.3. Set the objective of maximizing the “cold 
efficiency” (see Chapter 5). Keep all conditions constant, varying just the mass 
flows of air and steam injected into the reactor. 


Copyright © 2004 by Marcel Dekker, Inc. 


13 


Fluidized-Bed Combustion and 
Gasification Model 


13.1 INTRODUCTION 

There is an impressive amount of works on modeling and simulation of bubbling 
fluidized beds. Those included several aspects of the process, but again, 
differences among models cannot be fully appreciated without basic experience 
on the subject. However, for those already acquainted with modeling and 
simulation of this sort of equipment, would find a table in Appendix F with 
main modeling characteristics and few related references in the area. 

In the present chapter, the basic aspects of a mathematical model for bubbling 
fluidized bed equipment are shown. This model can be used to simulate a wide 
range of pilot and industrial-scale fluidized bed reactors, among them boilers 
and gasifiers. 

13.2 THE MATHEMATICAL MODEL 

The superiority of a one-dimensional over zero-dimensional models is obvious. 
For the cases of processes where packed-beds—such as moving-beds—the 
convenience and usefulness of one-dimensional approach in relation to higher 
ones, such as two- and three-dimensional, have already been shown. The 
characteristics of packed bed at least provide a strong indication that modeling 
of fluidized-bed processes can be successfully accomplished at the same level 
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FIG. 13.1 Simplified diagram of the model basic structure. 


as employed for moving beds. As it will be shown in Chapter 16, that allows 
good predictions of industrial or any other types of equipment. 

Figure 13.1 illustrates the basic characteristics of the model and the adopted 
system of coordinates employed to set the system of fundamental equations 
governing the processes inside a bubbling fluidized-bed equipment, such as 
boiler, gasifiers, or any other sort of reactors. 

13.2.1 Basic Assumptions 

Figure 13.1 illustrates the model chart proposed for fluidized-bed equipment. 
The basic assumptions of the model are: 

A. There are two main phases in the bed: emulsion and bubble. The bubbles 
are free of particles. This is a very good approximation, which is confirmed 
by experimental verifications. Some exceptions may occur in cases of 
turbulent fluidization, as already explained in Chapter 3. However, most 
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of the industrial units employing bubbling fluidization technique operate 
far from turbulent regime. As an immediate consequence of the present 
assumptions, all solid species taking part in the process remain in the 
emulsion, which is therefore composed of the interstitial gas and solid 
species. Here, three possible solids will be considered: carbonaceous (coal, 
biomass, etc.), inert (sand or other), and sulfur absorbent such as limestone 
and dolomite. It is important to comment that some authors [138,142] 
refer to phases called “cloud” and “bubble-wake.” The cloud is a thin 
layer of gas with particles surrounding the bubbles. The bubble-wake is 
similar to the cloud but is a region that stays below the ascending bubbles. 
The average size of particles in the cloud and in the wake is smaller than 
the average found in the rest of the emulsion. This is relatively easy to 
understand and has been already discussed in Chapter 3. In the present 
simplified treatment, the clouds and wakes are considered as part of the 
emulsion. 

B. The equipment operates in a steady-state regime. Therefore, the feeding 
and withdrawing rates of all streams (gases and solids) are constant. As 
mentioned before, no real process operates under perfect steady-state 
regime. Fluctuations in almost all variables are inevitable. Nonetheless, it 
is always possible to assume average constant values for the inputs and 
outputs, and therefore preserve the approximation of steady state. On the 
other hand, in the special case of fluidized-bed processes, some variables 
can bring mistakes regarding steady-state considerations in, for instance, 
the level of the bed. As described in Chapter 3, the bubbles travel through 
the bed and burst at its top. Therefore, severe tubulence at that region 
should be expected, and it is impossible to refer to a constant bed level. In 
the present model, the bed level should be understood as an average value. 
Another variable that brings some problem interpretation is the average 
temperature in the bed. Usually, temperature measurements are made using 
a series of thermocouples inserted in the bed. However, the tip of a 
thermocouple may be immersed in the emulsion and the next instant in a 
bubble that is traveling upward and passes through that position. At certain 
positions in the bed, the temperatures of emulsion and bubbles may differ 
considerably. Therefore, it should be expected sharp variations in the values 
registered by that thermocouple. The reader should be aware of the 
dynamic “space” nature of the phases present in a fluidized bed. When 
the text refers to temperature in the bubble at a given height in the bed, it 
means the horizontal cross-sectional average temperature inside the 
bubbles, which at a given instant are traveling through that particular 
height. The same is valid for the emulsion as well for the solid particles. 
The average temperature measured by thermocouples in a fluidized bed 
is a very particular average between temperatures of gas in the emulsion, 
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gas in the bubbles and particles near the thermocouple position. The 
temperature average is not the common “mixed-cup” average, but a sort 
of “statistical average.” 

C. Plug-flow regime is chosen to model the gas streams passing through 
the emulsion, bubble phase, and freeboard. In the case of the emulsion, 
this assumption is similarly justified as in the case of gas through the 
moving bed of particles. As shown by Fig. 13.2, particles circulate in 
both directions, upward and downward. Therefore, it is possible to 
imagine, at least as a good first approximation, that the overall influence 
of their movement on the gas flowing regime would be negligible. The 
approximation of plug flow for the gas in the bubble phase is also 
reasonable. This is easily understood if the bubbles could be imagined 
flowing in a separate vertical chamber. Mass and energy transfers occur 
between the emulsion and bubbles through an imaginary continuous 
interface. The total area of that interface equals the total external area 
of bubbles present, at a given instant, in the bed. The justification for 
the approximation of gas plug-flow regime in the freeboard also follows 
the reasoning as in cases of packed beds. However, this approximation 
becomes increasingly ruder for positions far from the bed surface. On 
the other hand, as the amount of particles found in the bed is much 


upward global movement 



downward global movement 
(F h =S G h ) 


FIG. 13.2 Typical circulation paths of particles in a bubbling fluidized bed. 
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higher than the found in the freeboard, it is easy to recognize that most 
of the processes and transformations occur in the bed. Condition, for 
instance, a boiler where almost all combustion, or oxygen consumption, 
occurs in the bed. Therefore, it is reasonable to assume that a somewhat 
crude model for the freeboard would exert little influence in the total 
deviation of simulation when compared with measured values. This is 
not so in the case of circulating fluidized beds, where the process can 
be understood as occurring almost all in the freeboard. The particles 
leaving the bed flow through the freeboard, carried by the gas stream. 
However, heavier particles return to the bed. Thus, the flow of particles 
in the freeboard can be imagined as a plug flow with decreasing mass 
rate. Actually, the particles return to the bed following a path nearer the 
walls. This is due to the smaller upward gas velocity found at regions 
near the wall, which imposes less resistance to the flow of descending 
particles. That is why a good simulation of the freeboard (specially in 
the case of circulating fluidized-beds) would require a two-dimensional 
model. 

D. As mentioned before, the one-dimensional model is chosen and any 
variations are assumed to occur only in the vertical or axial z direction. 
This assumption can be seen as consequence of assumption C. 

E. No second-order terms of the transport equations are considered. 
Therefore, it is assumed that the mass transfer by diffusion and the energy 
transfer by conduction in the axial direction are overwhelmed by the 
convective transfers. This is a reasonable approximation due to the high 
circulation rate of particles as well as high mass flows of gases in that 
direction. 

F. Homogeneous composition for the solid particles throughout the bed is 
assumed. This is justifiable due to the high circulation rate in the bed, as 
demonstrated in Chapter 14. Particles with low concentration, say in 
carbon, are quickly substituted by others with average higher 
concentrations. The same reasoning is valid for other components in the 
solid phase, therefore assuring the present approximation. Despite 
assuming uniform composition for each solid phase in the bed, the same 
is not imposed for the temperatures. This may seem a contradiction. 
Nonetheless, the temperature of a particle exerts strong influence on the 
heterogeneous reaction rates taking place inside the particle, as well as in 
the homogeneous reactions of gas layer around it. The situation is more 
dramatic for the cases of combustion and gasification where oxygen-rich 
gas stream is usually injected through the bed base. There, the fast 
exothermic combustion reactions tend to increase the temperature of the 
particles faster than they can the replaced by cooler ones. An increase in 
the temperature of the solid carbonaceous particles near the distributor is 
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also verified experimentally in combustors and gasifiers. As seen, it is 
more important to be less relaxed toward approximations of homogeneous 
temperature than toward homogeneous concentrations. 

G. To verify the effects of drying and devolatilization of the carbonaceous 
solid near its feeding point, these reactions and processes are allowed to 
proceed only near that point. The starting and finishing points for these 
processes are computed taking into account the kinetics or release 
processes. The same is applied to the cases of limestone and inert drying. 

H. The gas-solid reactions are described by one of two possible basic models: 
unexposed and exposed core. 

I. The gas phases are considered transparent concerning radiative heat 
transfer. Heat transfer between all phases, as well as between these 
phases and internal surfaces (walls and tubes), involves convection, 
conduction, and radiation. However, the present approximation does not 
introduce any major deviation because the gas layers between the 
particles are relatively thin. On the other hand, the radiative heat 
transfers between particles are accounted for. Different from moving- 
bed combustors and gasifiers, fluidized beds operate with sand (or other 
inert) and/or sulfur absorbent (limestone or dolomite). At certain axial 
positions in the bed or freeboard, it is possible to find considerable 
differences between temperatures of carbonaceous and the above solid 
particles; thus intense radiative heat transfer would occur. In addition, 
radiative heat transfer occurs between solid particles and immersed 
surfaces in the bed or in the freeboard. This is common in cases of 
boilers, where banks of tubes for steam generation are usually inserted 
into both these regions. 

J. The momentum equations to describe phenomena related to the 
fluidization dynamics are avoided and dynamics will be described by 
empirical and semiempirical correlations, as presented in Chapter 14. Such 
phenomena include, for instance, the rate of particle circulations in the 
bed, entrainment, bubble behavior, etc. This approach is assumed because 
fluidization dynamics is too complex and impossible to properly treat 
under a one-dimensional modeling. 


13.2.2 Basic Equations 

The basic differential equations describing mass and energy balances for 
components and phases are shown below. They can also be found elsewhere 
[145,146], but under different forms. 

At this stage, there is no need for detailed demonstration based on the 
fundamental continuity equations and the balances refer to equations equivalent 
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to the presented in Chapters 6 and 7 for the gas at each phase (emulsion and 
bubbles). In this way, it is possible to write the following: 


• The mass balance in the emulsion gas phase can be described by 


dz 


3 

I 

m=l 


R 


het,SE,mJ 


dApE,m 

dz 


\ 

+ ^hom,GE 
7 


dVpE 

dz 


+ Gmgegb./ 


dA B 

dz 


1 < j < 500 


(13.1) 


This equation is similar to Eq. 11.14, but involves several possible solid 
phases and another gas contained in the bubbles. The index m refers to 
the particular solid phase (m= I for the carbonaceous solid, m=2 for the 
limestone, and m=3 for the inert). The first term of the right side ( R ha st:. m j) 
is the contribution to the variation on the mass flow of gas component j 
due to the production (or consumption) by gas-solid or heterogeneous 
reactions. The second term (^hom,GEj) is due to the gas-gas or homogeneous 
reactions and the third (Gmgegb;) represents the mass transfer of component 
j between bubble and emulsion phase. Of course, each term has to be 
multiplied by differential areas or volumes in order to correct the basis of 
the calculation to the same reference as the left side. Equations and 
correlations that allow computations of the involved parameters are 
described in Chapters 14 and 15. Among those, there are the area of gas- 
solid interface the volume occupied by the gas in the emulsion Vge, 
and the interface between bubble and emulsion A B . The absence of second- 
order derivatives of mass flow should be noticed. This is due to 
simplification E, described above. 

• The mass balance in the bubble phase described by 


= tfhon-uGB,., ~ - Gmgegb,; 1 < j < 500 

dz dz dz 


(13.2) 


This equation is similar to the previous one. However, due to assumption 
A above, there is no term involving the production or consumption of 
component j due to the heterogeneous reactions. 

• Due to simplification F the mass balance should refer to the total 
conversion of solid as in a well-stirred reactor, or 

a dj = i -^~ 50i<;<iooo (133) 

'ID,; 
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where, due to simplification F, the mass flow F LDj of component j leaving 
the bed is given by an average computed throughout the entire bed, or 

Fld.j = F\D,j - X f Rhet,SE,m,j -^^-dz 501 < j < 1000 (13.4) 

m=l z=0 dz 


The energy balance for the emulsion phase is described by 


Fqe c ge 


<lTpy: _ dVp e 
dz dz 


-RqGE + X (^CSEGE,m +^hSEGE,m) 

m =1 


+(^CGBGE + ^MGBGE ) .'? B 77~ - ^CGETD ~ ^GEWD 
dVpf/dz 


(13.5) 


where 


500 

Fge=If gej ( 13 .6) 

;=1 

Rqoe represents the rate of energy generation (or consumption, if negative) 
due to gas-gas chemical reactions, /^csege,™ is the rate of convective heat 
transfer between each solid species m and the emulsion gas. The gas 
leaving the solid phase m and entering the emulsion gas (or vice versa) 
carries energy (enthalpy). As these phases are not necessarily at the same 
temperature, the mass transfers into an energy transfer as well and is 
symbolized by rate Rhs E oE,m■ Term R C gbge represents the rate of heat transfer 
by convection between the emulsion gas and the bubbles. This term and 
the next are multiplied by the volume ratios between bubble and emulsion 
due to the form that these exchanges acquire. These are detailed in the 
next Chapters 14 and 15. 7? M gbge is the rate of energy carried from the 
emulsion gas to the bubbles (or vice versa) due the mass exchange between 
these phases. /?cgetd represents the heat transfer by convection between 
the emulsion gas and the tubes immersed in the bed. Of course, no such 
term would appear in the equation if no tubes were immersed into the 
bed. Rgewd symbolizes the rate of heat transfer between emulsion gas and 
the bed wall. Again, each term has to be multiplied by differential areas 
or volumes in order to correct the basis of the calculation to the same 
reference as the left side. The above equation can be compared with Eq. 
7.37 or 7.38. It is easy to see that the term multiplying the whole right 
side in Eq. 13.5 is equivalent to the void fraction (of emulsion gas in the 
reactor) times the horizontal cross-sectional area occupied by the emulsion. 
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This will be even clearer ahead after the deductions of derivatives of 
volumes and areas of phases against the reactor axial coordinate. 

• The energy balance for the bubble phase is governed by 


T'gbQjB = 


dTg b 
dz 


4VgB 

dz 


[~^QGB - ^CGBGE “ ^hGBGE ~ ^CGBTd] 


(13.7) 


where 


500 

7 7 gb=X jF gbj (13.8) 

;=i 

The first term in the right side of Eq. 13.7 (Rqgb) represents the rate of 
energy generated or consumed due to homogeneous reactions occurring 
in the bubble phase. R CGBGE and R hGBGE have already been explained above 
for Eq. 13.5. R CGBTD stands for the rate of heat transfer by convection 
between bubbles and tubes eventually immersed in the bed. 

• Rigorously, the energy balances for the solids cannot be described by a 
differential equation in the same way it was possible for the case of 
moving bed (Chapter 7). This is due to assumption F, which models the 
circulatory motion of particles as almost random. Nonetheless, a global 
or overall energy balance is possible to set, and it would be used to 
determine the average temperatures of each solid in the bed. That 
average temperature can be used as well to set boundary conditions for 
the solution of the differential equations. Section 13.3.2 presents the 
details on how these are described. Despite that, and as introduced in the 
considerations for assumption F, the model assumes an ill-stirred 
process that allows taking advantage from the fact that a plug-flow 
model for the gas in emulsion provides its composition and temperature 
at each height (or axial position). This is because the particles moving 
either up or down in the bed meet gas and mass and heat is exchanged 
between them. Therefore, the transfers may be quantified at each point. 
However as above described, and to maintain the mathematical and 
physical coherence of energy conservation laws, the average 
temperatures of particles in the bed are dictated by the overall energy 
balances (Sec. 13.3.2). Consequently, if the temperature profiles of 
solids could be found, their averages should match the ones computed 
by overall balances as well. That would be ensured by an iterative 
procedure, as explained in Chapter 16. On the other hand, as it will be 
detailed in Sec. 14.4, if higher superficial velocities for the injected gas 
into the bed are employed, the circulation rate of particles increases. 
This promotes intense stirring of solids and the temperature of each 
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particulate phase would approach homogeneity, or would experience 
little variation throughout the bed. Therefore, the derivative of 
temperature for each solid phase should be inversely proportional to the 
circulation rate F Hm of that solid m in the fluidized bed. To conciliate or 
combine all above considerations, the following equation has been 
proposed [145,146]: 


Fn.mCSE ,i 


dTsE _ dVsE,r 
dz dz 


-[-^QSE,m “(^CSEGE.m + ^hSEGE.m ) 


d\\ ge / dz 
dVsEjn/dz 


3 

- ^RSETD.m “X ( ^RSESE,m,n + ^CSESE,m,n )] ^^ni <3 
n =1 


(13.9) 


For each solid species m (l=carbonaceous; 2=limestone; 3= inert) present 
in the bed, it is possible to verify the following: 

• The derivative of temperature in the left side would decrease for increases 
in the circulation rate of the solid F Hm . Therefore, this proposal accounts 
for the effects of stirring, with variable degree of intensity, on the 
temperature profiles of solids. 

• Equation 13.9 is the counterpart of Eq. 13.5; therefore, the energy balance 
regarding the various effects of exchanges with emulsion is respected 
and one should follow the explanations given there to understand the 
meaning of each term. However, unlike the gas phase where only 
homogeneous reactions take place, the first term in the right side of Eq. 
13.9 (f?QSE, m ) represents the rate of energy generation or consumption due 
to gas-solid or heterogeneous chemical reactions. In addition, R R sEm,m 
symbolizes the rate of heat transfer due to radiation between the solid m 
and the surfaces of tubes eventually immersed into the bed. The radiation 
and conduction heat transfers between different solid species are accounted 
for by f?RSESE, m ,„ and R CS ESE, m ,n, respectively. 

• The integrity of energy conservation is preserved. Another way to 
illustrate the coherence of computing a temperature profile by Eq. 13.9 is 
to refer to Fig. 3.10, when temperature profiles are computed for a case 
of combustor. The upper curve shows the temperature profile of coal 
particles. The overall average temperature of carbonaceous particles in 
the bed would be an intermediate point on that curve. If the bed operates 
with relatively low circulation rates, the particles near the bottom 
(height=0) would reach higher temperatures. This is mainly because they 
would have more time in contact with rich oxygen gas stream, which is 
being injected through the bed distributor. At the same time, their 
convective heat transfer to the gas is lower due to relatively low velocities 
between particles and gases. To compensate or maintain the same 
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average, the temperature of others particles, located at higher positions, 
would be lower than those near the distributor. If the circulation 
increases, the temperature of coal particles at the bottom (-;=0) would 
decrease and therefore the temperature of others at higher positions 
would increase. The totally flat temperature profile would be reached for 
infinite circulation rate. However, no matter the situation, the energy 
conservation law is not violated since the overall balance is respected. 
Actually, the present approach allowed reasonable considerations 
regarding the temperature profiles of individual solid species [ 145,146J. 
Most one-dimensional models for fluidized beds assume constant 
temperatures or flat temperature profiles (see Appendix F). That 
assumption is based on experimental measurements of temperatures in 
bubbling fluidized combustors or gasifiers, which showed little 
variations throughout the bed. This happens because any thermocouple 
inserted at any point in the bed would be able to measure an average. The 
present model shows considerable differences between various phases at 
various points in the bed, while the computed average remains almost 
constant, therefore agreeing with experiments as well. Of course, Eq. 
13.9 is a proposition or model. However, it explains several aspects of 
pilot and industrial operations, such as: 

The average temperature at points very near the distributor surface 
were almost the same as the values measured throughout the bed. 
This occurs despite cold air (or gas) being injected through the 
distributor. 

Technical staff from National Coal Board Research Center* (United 
Kingdom) reported that agglutination of particles started near the 
distributor. This is an indication that if the temperature of solid fuel 
were to surpass the ash-softening one, it would occur at points where 
higher temperatures are usually found. 

As it will be shown in Chapter 16, the present model is able to reproduce 
experimental data reasonably well, not just for average temperatures, 
but also for flow and compositions of gas from the equipment. This is 
a good indication of reasonable modeling because chemical kinetics 
strongly depends on temperatures. As will be shown, most of the 
chemical reactions between fuel and gases (mainly oxygen) occur at 
points near the distributor. 

Actually, only a two- (or three-) dimensional approach, where the 
momentum transfer equations are included, allows rigorous differential 
energy balances for the solid phases. That would provide an 


* Personal communication with the author. 
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approximation for the path of particles in the bed and allow estimation 
of temperature profiles of each particle with more precision. As shown 
in Chapter 14, the two-dimensional approach for particles circulation 
is not too difficult. However, the increase in mathematical complexity 
seems not justifiable due to already good results obtained by the one¬ 
dimensional attack, as will be demonstrated in Chapter 16. Finally, it 
is important to remember that, as with the model for moving beds, the 
present model also assumes that if ash is leaving the carbonaceous 
solid, it will be incorporated into the inert solid phase (m= 3). This ash 
would be generated during the consumption of carbonaceous solid if 
the exposed-core model were applied for the heterogeneous reactions. 

Mass balances for the components in the freeboard are given by 

dFp j Ji, dApp dVn f 

' - X (Rbt%SF,m.j - J 2 ) + ^hom.GF.j —— l< j < 1 000 ( 13 . 10 ) 


dz 


m =1 


dz 


dz 


As seen, the model of plug flow for the solids in the freeboard allows 
writing the above equation. As before, the indexes m from 1 to 3 refer to 
the solid species. The last term (Rimm oi j) concerns just the gas phase. It 
should be remembered that just one gas phase flows though the freeboard 
space. Equation 13.10 is similar to Eq. 13.1, but it also includes 
components of solid phases. This is possible due to assumption C, which 
states that solid particles flow in the axial direction (upward as well 
downward) in the freeboard. The term F f indicates the net flow in the 
upward direction. As mentioned in Chapter 3, the mass flows of solids 
tend to decrease for higher positions due to the disengaging process. The 
equations and correlations, which allow the computation of the decay of 
particle mass flow, are shown in Chapter 14. 

• Energy balances for gases in the freeboard are given as 




dv< GF 
dz 


3 

-■^QGF + X (^CSFGF.m + ^/iSFGF.m ) 
m=1 


_ ^CGFTF - ^GFWF 


(13.11) 


where 

500 

f gf = X Ffj 
j =1 

Equation 13.11 is similar to Eq. 13.5. 


(13.12) 
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Energy balances for the solids in the freeboard are given as 
dTsF,m dVsF, m 


FsF,m c SF,n 


dVg F / dz 
dVsv m /dz 


dz, 


dz 

3 


- [-WqSF.m ~(i?CSFGF,m + ^hSFGF.m ) 


-%SFTF,m -X(^ RSFSF .m,/i)] 1 < m < 3 


(13.13) 


n =1 


where 

Fsp ’ m = Ff -J (13.14) 

j-m comp 

Equation 13.13 is similar to Eq. 13.9. 


13.3 BOUNDARY CONDITIONS 

The sets of differential equations concerning the bed section (13.1-13.9) should 
be solved from the surface of distributor (z,=0) to the top of the bed (z=z D ); Eqs. 
13.10-13.14 from that last position to the top of the freeboard (z=Zf)- 


13.3.1 Boundary Conditions for Gases 

As the conditions of the gas stream injected through the distributor (z=0) are 
known, the total gas flow rate F a its composition W a j , and temperature T a are 
easily set, as follows: 

W’GEj.i-O = W C.B ■/.<:“(> = w Gj,z = 0 — J — 500 (13.15) 

and 

Ton, z=o=T gb ,/.=o = Fq-,-o (13.16) 

It should be noticed that an approximation is made here because the temperature 
of gas mixture T Gz=0 is assumed equal to the average of gas in the plenum. 
Actually, the temperature of the gas increases a little when it passes through the 
distributor plate or system (Fig. 13.3). 

The mass flow rates of gas components injected into the emulsion and bubble 
phases are given by 

Fgej,z =o = Fgf.,z=o w gj,z=o 1 — j — 500 (13.17) 

and 

Fgbj,z=o — Fg,m=o — Fgej,i=o 1 — j — 500 (13.18) 

The part of the total entering flow of gas (F Q ,- a ), which goes to the emulsion 
phase (f’ G i;, z =n) is determined by fluidization dynamics. The part going to the 
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FIG. 13.3 Scheme to illustrate the method used to set the boundary conditions for the 
temperatures of solid phases. 


bubble phase is simply given by the difference between those two values. This 
is a topic of the next chapter. 

Naturally, for the freeboard, the boundary conditions are taken as the ones at 
the top of the bed (z=Zd)- Therefore, once the system of differential equations 
related to bed section is solved, the conditions for the freeboard are set by 

Fgfj,z=z d = ^GE j,z=z D + F C Bj,z=z D 1 — j — 500 (13.19) 


The temperature of the gas phase entering the freeboard is given by a simple 
“mixed-cup” temperature of the gas leaving the bed from the emulsion and 
from the bubble phase, or 


t gf,z 


■ T + : 


^gb c gb(7gb , z — d -T ) + Tge c ge<Tge. 


z=zp 


-T ) 


^Jfif'GB +^GEQjE 


(13.20) 


It should be noticed, that 

• This model (Eq. 13.15) allows any composition of the gas injected into 
the bed through the distributor. Usually air is employed in combustors, 
and mixtures of air and steam in gasiffers. However, there are several 
processes employing pure oxygen, oxygen and steam, carbon dioxide, 
etc. 

• Also, preheated mixture of the injected gas (Eq. 13.16) can be used. 

• The total mass flow F GiZ=0 at the given temperature and composition would 
determine the superficial velocity of gases at the distributor surface. Of 
course, that should be equal or superior then the minimum fluidization 
value (see Chapter 4). The average characteristics of particles in the bed 
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would depend on the whole simulation. They would be computed after 
each iteration or solution of the differential system through the bed. This 
is better described in Chapter 16. 


13.3.2 Boundary Conditions for Solids 

The most difficult boundary conditions to set are those concerning the 
temperature of the various solids at the base of the bed. A solution is described 
below. 

Consider the region of the distributor through which the mixture of gases is 
injected into the bed (Fig. 13.3). After being injected into the plenum, the gas 
mixture passes through the distributor plate (see configurations in Sec. 11.10.2) 
and enters the bed. For boilers and gasifiers, this stream is usually at a lower 
temperature than the bed average. The same happens between the bed and the 
distributor surface and the bed average. Therefore, heat is transferred between 
the bed and the distributor surface. That rate of heat transfer is equal to the rate 
transferred by conduction inside the distributor insulation plate. Therefore, it is 
possible to write 


disu °.(j Q ^_o -T c plenum ) - OiD-dist<TAav ~Td,z=0 ) 
•^dist 


(13.21) 


The various involved parameters are described below. 

1. is the average thermal conductivity for the distributor block between 
the temperatures at the distributor surface 7 A?=0 and for average of the gas 
phase in the plenum T G , plemim . Notice that 7 GiP i enum is not the average 
temperature of gas at the surface of distributor T GtZ=0 because the gas usually 
(at least in most cases of combustors and gasifiers) heats up when traveling 
through the distributor plate, or any other device. 

2. The heat transfer coefficient between the bed and the distributor surface 
a D -dist can be found in the literature [281] and detailed at Chapter 15. In 
fact, it is assumed that this coefficient also includes the contribution due 
to the heat transfer by radiation. 

3. The average bed temperature T D m is given from a zero-dimensional energy 
balance using Eq. 5.4 without the power term. It should be performed 
after each iteration or solution of differential system (Eqs. 13.1-13.9) 
throughout the bed. The energy balance should take into account the 
enthalpies (sensible plus formation) of all bed entering and leaving streams, 
including: 

a. Gases injected through the distributor or at any other point of the bed. 

b. Solids fed into the bed. In the cases of solid fuels, the formation enthalpy 
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is not known. A good approximation is to apply the concept of 
representative formation enthalpy (based on L HV ) as shown in Sec. B.7 
(Appendix B) to compute the total enthalpy of injected fuel. If the fuel 
is preheated, the sensible enthalpy should be added. 

c. Gas and solid streams leaving at the top of the bed. Notice that the 
withdrawal of energy due to flow of solids entrained to the freeboard 
may be neglected. This is because, in normal operations, almost all 
those particles return to the bed. The temperature of gas leaving the 
bed and entering the freeboard can be assumed equal to the average in 
the bed. This is justifiable due to the flat profiles for temperatures in 
the most part of the bed (see Fig. 3.10). 

d. Solid withdrawn from overflow pipes or through the bottom of the 
bed. As with the gas stream, the temperatures of those streams can be 
approximated by the average in the bed. The energy carried by exiting 
flow of unconverted solid fuel should be accounted. The simulation 
would provide the conversion not just for carbon, but also for each 
component of the fuel. Therefore, the composition of residue can be 
calculated, and its // HV (and L HV ,' see Eq. B.41) calculated by formulas 
listed in Appendix B. In any case, the following approximation gives 
reasonable values: 


1 h \!Y Ircsiduc ( l-l [V (original fuel 


( 1 -/ 514 ) 


This would allow application of representative formation enthalpy for 
the residue (Eq. B.45, Sec. B.7). 

e. If the case, fluids entering and leaving tubes immersed into the bed. 
The heat rate Q would be just the lost (or gains by heating by electrical 
devices or other) to walls. 

It is important to stress that, as discussed above for setting energy balances 
for solids in the bed, the above procedure provides the closing condition 
to ensure respect for the overall energy balance. 

4. The temperature of the distributor surface (7 Hz=0 can be computed from 
Eq. 13.21. However, it should also coincide with the average that consider 
the contribution from all phases at the bed base, or 


l D,z =0 


■-T + 


( T c ,z=o ~ T )Fg, z =oCg {T m , z =o - T )F Hn 

_ mg1 _ 

3 

Fg,z= 0 c G T Ffj m C m 
m= 1 


(13.22) 


In the above, T Gz=0 is assumed equal to 7 ap i enum . This, usually, does not 
introduce measurable errors in the overall simulation. Eq. 13.22 allows 
estimating the temperature of the carbonaceous particles at bed base (’=()). 
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Here, is the circulation flow of particle type m [l=carbonaceous, 
2=limestone (if any), 3=inert (if any)]. The correlations for computation 
of circulation rates are shown ahead. 

Equations 13.21 and 13.22 determine the parameters for an iterative procedure 
until the computed values of distributor surface T Dzf0 converges. 

The temperature for each solid phase at the bed base (j=0) can now be 
estimated. As inert and limestone (or any other sulfur absorbent) particles do 
not introduce significant energy generation or consumption, it is assumed that 
at bed base (z=0) their temperature is the same as the surface of the distributor. 
Usually, the two extreme temperature values are the one of carbonaceous 
particles and the temperature of the injected gas stream. The temperature of the 
inert (or sulfur absorbent, if present) should be an intermediate value of these 
two. Therefore, this allows setting the temperature for carbonaceous fuel at the 
bed base (T„ 1=u=0 ). 

Due to the simplification F of homogeneous composition for each type of 
solid in the bed, it is necessary just to set the mass flow rate of particles at the 
top of the bed or at the base of the freeboard. They are given by 
m 

f SPJ,z=z d = X F y.m,l.z=z D W PLD,/ 1 < m < 3, 501 < /' < 1000 (13.23) 

1=1 

Here, the first term in the summation represents the upward mass flow of particle 
kind m measured at the base of the freeboard (or at the bed surface). This is 
called entrainment flow at that position. The phenomenon of entrainment is 
explained in Chapter 3. 

EXERCISES 

13.1* Point where and how the influences of the following factors would be 
included in the overall energy balance for the bed. 

a. The bed is surrounded by a water jacket where liquid water enters and 
steam or hot water leaves. 

b. The steam generated at the water jacket is injected with the gas mixture 
into the plenum and them into the bed. 

c. The bubbling fluidized bed is used to transfer heat to an immersed bank 
of tubes, where reaction is taking inside the tubes. 

13.2* Develop a block diagram to compute the boundary conditions for solid 
phases (T m ^ 0 ). 

13.3** Write a routine to compute the boundary conditions. Assume the 
following inputs as known: 
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• Mass flows, temperatures, and compositions of all injected gases and 
feeding solids into the bed 

• Carbon conversion in the bed 

• Mass flows, temperatures, and compositions of the gas leaving the bed as 
well solids leaving the bed through overflow or bed bottom 

13.4** Include terms of diffusion and conduction transfers in the axial (vertical) 
direction in the equations of Sec. 13.2.2. 

13.5*** In the case of including dissipative terms (thermal conductivity and 
diffusivity), set the boundary conditions for the solution of resulting system of 
differential equations. 

13.6** Write the differential equations of momentum transfer in the bed. Do 
not include dissipative term (or viscosity). 

13.7**** Write the differential mass and energy equations if a two-dimensional 
approach were to be used for modeling of a fluidized-bed combustor or gasifier. 

13.8**** Include the equations of momentum transfer to the (two-dimensional) 
approach given in Prob. 13.7. Neglect the interference of tube banks. A possible 
solution is proposed in Sec. C.2 (Appendix C). 

13.9**** Try setting the boundary conditions for the complete two-dimensional 
model of a bubbling fluidized bed. 
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Fluidization Dynamics 


14.1 INTRODUCTION 

Any model of fluidized-bed equipment requires information regarding its 
dynamics. Since the present model does not include the momentum equations, 
such information should be given through empirical or semiempirical 
correlations. They would provide methods or equations to describe: 

• Dynamics of the bubbles. This item includes, for instance, the rate of 
growth of the bubbles in the bed, their pattern, their shape, information 
regarding the wake following the bubble, etc. Another important question 
is: What is the fraction deviated to the bubble phase from the gas injected 
through the distributor? In addition, there are factors that could disturb 
the behavior of the bubbles such as their breakage in the region of tube 
bank that is, eventually, immersed into the bed. Equations that determine 
the bubble size are particularly important because predictions of slugging 
flow should be made to avoid operational problems. For instance, slugging 
flow starts if the bubble diameter is more than 60% (approximately) of 
reactor internal diameter [282], 

• Dynamics of particles. This item includes, for instance, the path and 
velocity of particles in the bed and in the freeboard, the rate of circulation 
(or turnover) in the bed, the rate of fines generated by attrition between 
particles, mass flows of particles at each height of the free-board, etc. In 
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addition, some operational situations may lead to segregation of the lighter 
particles from the rest of the bed. Those lighters one tend to float on the 
surface of the bed. The correlations to recognize this problem should be 
implemented into the program. If not, it might render false all predictions 
by the simulation, which assumed perfect mixing. Actually, it also might 
cause terrible problems if those simulation results are applied to set 
operational conditions. As an example, let us imagine a bed with wood 
chips and sand. If the fluidization is not vigorous enough, the wood chips 
might float at the bed surface. Therefore, the fuel would not be mixed 
inside the bed and its combustion would be concentrated near the bed 
surface. The temperature there might increase above the ash-softening 
one and agglutination of ash may start, leading to bed collapse. The reverse 
is also dangerous, i.e., the inert or sulfur absorbent segregated at the bed 
top, with the fuel near the bottom. 

• Despite the complexity of above phenomena, the correlations presented 
ahead are relatively simple. 

14.2 SPLITTING OF GAS INJECTED INTO A BED 

As described in Chapter 13, the gas coming from the plenum passes through 
the distributor and enters the bed. At that point, part goes to the emulsion phase 
and the rest forms bubbles. The splitting ratio between the emulsion and bubble 
phases is among the important information for any model of bubbling fluidized 
bed. A simplified model for this is the two-phase theory [283]. It assumes the 
emulsion phase to be always at the “minimum fluidization condition.” Therefore, 
from a condition of minimum fluidization, any excess of gas injected through 
the distributor would be diverted to the bubble phase. 

Following that theory, other researchers [138,142] verified that, for positions 
above the distributor, the emulsion departs progressively from the minimum 
fluidization condition. Therefore, the void fraction found at the emulsion at 
points far from the distributor is higher than the values at positions near the 
base of the bed. They created a model called the three-phase theory, which 
assumes most of the emulsion at minimum fluidization condition, while the 
layers coating the bubbles with a void fraction are higher than in the minimum 
fluidization situation. They called these layers “clouds.” Actually, the presence 
of clouds can be verified in experiments. However, the present model uses a 
simplification, which is described as: 

1. The clouds are part of the emulsion. 

2. The two-phase theory is adopted at the distributor f-=(>). 

3. The two-phase theory is abandoned for positions above the distributor. 
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and the mass transfers between emulsion and bubbles dictate the mass 
flows of gas through each of these phases. 

Therefore, the above method preserves the experimental verification of the two- 
phase theory for points near the distributor, while maintaining the integrity of 
mass and energy balances shown in the last chapter. The two-phase theory is 
used just for the boundary condition. 

This approach proved to be a very reasonable model and computations 
showed how the void fraction if the emulsion deviated from the minimum 
fluidization value [145,146,152], 


14.2.1 Quantitative Description 


The quantitative description of the model for the fluidization dynamics starts 
with the definition of the emulsion gas velocity as 


U E =-^~ 

pGE'S'i 


(14.1) 


At given height z in the bed, U E is the average velocity in the emulsion. That 
velocity may vary considerably throughout the bed. This is even more noticeable 
in cases of combustors and gasifiers. The main reason rests on sharp variations 
in the gas temperature, at points near the distributor. 

At a given height in the bed, the total mass flow of gas is given by the 
contributions from emulsion and the bubbles, or 

Fg = Fge+Fqb (14.2) 

Similarly, the bed cross-sectional area S is divided into the portion occupied by 
the emulsion S E and the bubble S B phases, or 

S=S E +S B (14.3) 

Now, if the two-phase theory is applied at the base of the bed, it is possible to 
write 

U EiZ= o=U m f^o (14.4) 

It should be remembered that, mainly for reacting systems, the gas properties, such 
as temperature, pressure, and composition, change with the height z. Therefore, 
changes occur even for the minimum fluidization velocity. The equations that allow 
the computation of that parameter are presented in Chapter 4. 

Actually, it is impossible to maintain minimum fluidization regime throughout 
the bed for a reactor where the temperature of the gas increases with the bed 
height. This is true, even if at the base of the bed the injected flow is exactly that 
necessary for the minimum fluidization condition. The decrease on the gas 
density leads to increases on the superficial gas velocity, therefore departing 
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from the minimum fluidization velocity. This is the case for all combustors and 
most of the gasifiers. 

The fractions S E and S B of the cross-sectional area S at a height z of the bed, 
which are respectively occupied by the emulsion and by the bubble phases, are 
deduced below. As the volume occupied by the bubble phase is due to the bed 
expansion from the static condition, it is possible to write 

S B Z D =S(Z D -Z D , st ) (14.5) 


therefore. 


S E =S^£L 
ZD 



(14.6) 


The bed expansion factor indicates the ratio between the bed at a given situation 
and the respective volume at minimum fluidization. A good correlation [178], 
valid within a wide range of conditions, is given by 


/b 


exp 


= i+ 


1.032(t/-f/ lrf ) a57 p£° 83 

0.166rr0.063 jO.445 
P P U mS d D 


(14.7) 


which is valid for d D < 0.0635, and 

i/I ii A(tt 77 \0.738 *1.006-. 0.376 

_ 1 i 14.314(1/ -U m f) dp p P 

■' bex P .,0.126^0.937 (14.8) 

PGA U mf 

which is valid for c/ ;) >0.0635. 

Again, the superficial velocity U, among other variables, changes with the 
height z in the bed, mainly due to the temperature and composition variation. 
Therefore, the factor / bcxp is, also, a function of the vertical or axial coordinate. 
Similarly, the area occupied by the emulsion phase S E and occupied by the 
bubble phase S B may present sharp variations with z as well. The normal 
tendency is an increase in the ratio S,/S E with z due to the basic increases in 
the difference between the local gas superficial velocity and the minimum 
fluidization velocity (U-U m f). At a height z, the gas superficial velocity U is 
given by the total volume flow passing through that position divided by the 
total cross-sectional area of the equipment. On the other hand, the velocity of 
the gases through the bubble U B and through the emulsion U E is computed by 
the ratio between the respective volume flows and cross-sectional areas S B 
and S E . These values can be calculated at each point during the solution of the 
differential mass and energy balances. 
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14.2.2 Void Fractions 

Void fraction is defined as the fraction of the total volume, which is occupied 
by gas, therefore: 


• The total void fraction in the bed in given by 


e = 


Vg 

V 


(14.9) 


where V is the total volume of the fluidized bed and V G is the volume of 
the fluidized bed, which is occupied by the gas (or void of solids). 

• The void fraction caused by the presence of bubbles in the bed is 
given by 
V B 

e B =y (14.10) 


As the bubbles are assumed free of particles, V B is the total volume 
occupied by the bubbles in the bed. 

• The void fraction in the emulsion is given by 

Vge 

~ ~ (14.11) 


where V GE is the volume of the bed, which is occupied by the gas belonging 
to the emulsion phase and V E is the volume occupied by the emulsion 
phase (gas plus solids). 


From the above and since 

V G = F b + Vqe 

it is possible to write 

V B Vgp Vqe Ve Vg 

e = +-VA = e b = e b + e e — 

V V V E V V 

V-Vb /, n 

- - — - -£fl+E£!l-Efi) 


(14.12) 


(14.13) 


or 


Efi -1 - 


1-e 

1-e E 


The two-phase theory is adopted at the base of the bed; therefore 

^E,z =0 E m f.7 = fl 


(14.14) 


(14.15) 
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An empirical correlation for void fraction at minimum fluidization is described 
[179] by 


£mf 


xt/3 


140a 


(14.16) 


Equation 14.16 is an approximation valid for some systems. It should be stressed 
that it is an empirical relationship and no universal relation really exists between 
void fraction and sphericity. 

The determination of average sphericity of particles is a standard laboratory 
procedure. In the lack of better value, the number 0.7 can be adopted for most 
of the mixtures of particles found in a steady-state operation. 

One should be aware that, except at the base of the bed (z=0), the void fraction 
in the emulsion e e is different from the respective value at minimum fluidization 
Enf. The computation of the void fraction in the emulsion can be made by the 
following correlation [284]: 


t' /: — £mf 


Ue 


si/6.7 


(14.17) 


Finally, from the definition of bed expansion factor, it is easy to see that 


8 = 1 - 


1 £ mf 
fbexp 


(14.18) 


Relations to estimate void fractions in the freeboard section are presented in 
Sec. 14.9. 


14.2.3 Volumes and Areas 


The mass and energy transfers coefficients or parameters are based either in 
area of transfer interface or volume of involved phase or phases. Therefore, 
several differential ratios of areas and volumes of these phases should be correctly 
defined. Below, a list of such ratios, as well as forms emphasizing the real 
meaning of local differentials in relation to the bed height, is presented. 

14.2.3.1 Volume Ratios 


The differential volume of the reactor is simply given by 


dV_ 

dz 


S 


(14.19) 
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The ratio between the differential volumes occupied by the emulsion against 
the bed height is given by 


dv GE _ d\ GE dV E dV 
dz d\ r £ dV dz 


-£ E (1-£ B )S 


and the equivalent for the bubble phase by 
dV GB _ dV B _ dV B dV 
dz dz dV dz 


■ £[jS 


(14.20) 


(14.21) 


The differential volume of particle species m per unit of bed height is given by 
dV RE, m _ dV pE, m dV ]pe dV E 


dz 


d \pe dV E dz 


= / m a-E£)(l-e B )5 


(14.22) 


14.2.3.2 Bubble Area-Volume Ratio 

The ratio between the surface area and bubble volume is simply given by 
dAe /dz _ dAg _ Ag_ _ nd'k _ 

dV B ~ V B ~ *4/ “ d B (14.23) 


<v/ B / 

/dz 


14.2.3.3 Area Ratios 


Using the above relations, the available surface area of bubbles per differential 
unit of the bed height is given by 


dAg dAg dAg 6 

dz dV B dz d B B 


(14.24) 


The available external surface area of a particle kind m per unit of bed height is 
given by 


_ <MpE, m dV pE,m afVpE dV^__6_ S',, w, 
dz dV p E , m dV p E dV e dz d m Jm E ' " B 


(14.25) 


Relations to estimate available are of particles in the freeboard section are 
presented in Sec. 14.9. 


14.3 BUBBLE CHARACTERISTICS AND BEHAVIOR 

While the bubbles rise through the bed, their diameters increase. That increase 
is due to: 
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• Decrease in the static pressure for higher points in the bed 

• Coalescence process between bubbles 


Various correlations describing the bubble diameter with the vertical position 
“z” are found in the literature. One that is widely used [285] follows: 


dg ~dg max (^B.max ^B,min)® x P 0.3 

d D 


(14.26) 


where the maximum attainable diameter is provided by 

d B . max =2.59g- Q2 [5(C/-(/ m f)] 0 ' 4 (14.27) 


The minimum diameter (or diameter at ~=0) depends on the type of distributor. 
That for perforated plates is given by 

d B , min=1.38£-°' 2 


S(U-U m f) 

«orif 


(14.28a) 


and for porous plates by 


dB ,min - 3.77 


(U-Umf) 

8 


(14.28b) 


Other correlations [286], such as 

^8=0.430 ((/-t/ mf )°- 4 (z+0.1272) 0,8 g~ 02 (14.29) 

can be applied as well. This equation produces, for most of the cases, result 
similar to one obtained by correlation from Mori and Wen [285]. However, Eq. 
14.29 does not consider the maximum size of a stable bubble and options on 
the distributor design and characteristics. 

An improvement over the above equations was introduced by Horio and 
Nonaka [287], The authors used the same equations for the maximum (Eq. 
14.27) and minimum (Eq. 14.28a,b) bubble diameters. However, they added a 
series of considerations on the rate or frequency of bubble formations combined 
with the rate of bubble coalescence to obtain the following correlation for the 
bubble size: 


\fdB -\fdi 


\ 1-Cl)/C2, 


J3,eq 


•Jde ,min yJdB.eq 


i-B +nT^3 

^jdB,n lin VCt 


rt+ci)/c2 


= exp 


-0.3 


z-zp 

do 


Here z 0 is the reference position at which the bubbles are generated 
parameters C) are defined as 


(14.30) 
and the 
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Ci 


2.56 xlO -2 
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C 2 



max 

dp 


\0.5 
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C 3 =0.25d D (Cj+Cj) 2 


dg.tq = 0.25dp 


-Ci + 


C, 2 +4^ ,max 


\0.5 


n2 


(14.31) 


(14.32) 

(14.33) 

(14.34) 


Compared to previous works, the Horio and Nokada correlations lead to smaller 
bubbles, as well as a gentler rise of their diameters against the bed. It also 
agrees better with experimental data. 

The velocity of bubble rise can be computed [142] by the correlation 

U B =U-U mt +0JU (gd B y 12 (14.35) 

The most important conclusions drawn from the above equations are: 

• The bubble size is a strong function of the height in the bed z or vertical 
distance traveled by the bubble. 

• The bubbles tend to a maximum stable size. If the bubbles surpass that 
maximum, they brake into two or more bubbles. 

• The bubble size is a strong function of the difference between the actual 
superficial velocity of the gases and the minimum fluidization velocity. 
Therefore, even if at the bed base (z= 0) the bubbles are very small, they 
may present a fast increase due to the increase on that difference. As 
explained before, this is the normal process in combustors and gasifiers. 
Hence, if a small average bubble size is intended throughout the bed, a 
good strategy is to preheat the gas injected through the distributor. This 
is particularly interesting in cases of gasifiers where the amount of 
oxygen transferred from the bubbles to the emulsion increase with 
available specific area of interface between these phases. As the oxygen 
is consumed very fast, its concentration drops to zero at points nearer 
the distributor. Therefore, a larger upper section of the bed is left as 
reducing regions. In addition, as the ascending velocity of the bubble 
decreases with its size, smaller bubbles have larger residence times in 
the bed. This leads to even higher total mass transfers of oxygen between 
bubbles and emulsion. 
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In a fluidized bed, the particles circulate in a fast rate. Figure 13.2 illustrates a 
possible situation where path of two basic streams are shown. Of course, this is 
a very simplified scheme, for the bed presents a great amount of such streams 
toroidlike shapes. With increase of superficial velocity of gas in the bed, these 
toroids can split in two, four, eight, etc., as illustrated by Fig. 14.1. 

The circulation flow of particles is given by the summation of all upward 
flows. A similar and equal mass flow is obtained from the summation of 
downward movements. The parameter which describes the mass flow rate a 
particulate solid species m (m= 1 to 3) in the bed is represented by the symbol 
F Hm . If this value is divided by the cross sectional area of the bed, the circulation 
rate G Hm (which is a flux) can be computed. Of course, in the present model 
both and G Hm are functions of the height in the bed. Usual values for the 
circulation flux are in the range of 10 2 to 10 3 kg nr 2 s' 1 . Therefore, it is easy to 
imagine the reasons for the homogeneity or low variation of temperatures and 
concentrations solid phases in a bubbling fluidized bed. 

As seen in Chapter 13, the rate of particle turnover or circulation inside a 
fluidized bubbling bed is an extremely important factor. It has strong influence 
on the mass and heat transfer rates between the various phases in the bed—gas 
in the emulsion, gas in the bubbles, and particles such as carbonaceous, 
limestone, inert—as well as between these phases and the internal tubes and 
the equipment walls. For instance, low circulation rates could lead to the 
development of high-temperature spots, which might be above the particle ash¬ 
softening point. In such situations, agglomeration of particles may take place 
and the process could follow two routes: 

1. Formation of lumps with a stable maximum size. These lumps drop to the 



FIG. 14.1 Splitting of circulation routes due to increases in gas velocity through a 
fluidized bed. 
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bottom of the bed because their minimum fluidization velocities are 
above the actual gas velocity in the bed. Indeed, some industrial systems 
provide continuous or automatic removal of lumps from the distributor. 

2. Continuous and fast growth of lumps, leading to the total collapse of the 
bed. This is called “bed-melting”, and is one the most equipment-damaging 
problems of fluidized beds. The melting mass of solids usually adheres 
to the reactor internal refractory walls, which may force the replacement 
of that refractory lining. 

Another important aspect of the circulation rate of particles is its strong influence 
on the rate of erosion and corrosion of tubes and walls in the bed [288,289]. 

As seen, precise correlation for the circulation rates for individual particle 
solid phases improve the precision and extend the range of applicability of a 
model and the derived simulation program. 

14.4.1 Background 

The famous experimental work of Talmor and Benenati [290] showed the average 
circulation rate of particles as 


G H =785(U-U m f)exp(-6630d p ) 


(14.36) 


Therefore, the difference between the actual fluidization velocity and the minimum 
value has a strong influence on the circulation rate of particles in the bed. 

The dependence on the average particle diameter gives some insight on the 
problem. It shows that for two beds with the same difference between actual 
and minimum fluidization velocities, the bed with larger particles (therefore 
less dense particles) would present a smaller circulation rate. However, as the 
expression above is empirical, the exponential dependence on the average particle 
diameter imposes strong limits for extrapolations or applications to cases of 
diameters outside the range of experimental determinations (67-660 pm). 

An attempt [145,146] to apply the above equation in order to predict the rate 
of circulation of individual solid species m in a multiple-particle bed has led to 
the following relationship: 


G H , m = p,„( 1 -EnrfX U- C/ mf )exp(-6630t/,„)/,„ 


(14.37) 


Of course, this is a strong simplification of the problem. However, it responded 
well in cases where the average diameters d m of each solid particle species m 
were not too different from each other. On the other hand, Eq. 14.37 led to poor 
results, including failures in the solution of the differential equation system, 
when used for conditions somewhat different from the experimental range of 
the work by Talmor and Benenati [290]. This occurs in cases when particles 
with very different diameters or densities are present in the same bed, e.g., in 
mixtures of sand particles and biomass chips or pellets. In addition, the 
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exponential dependence on the diameter led to very low rates for relatively 
large particles and therefore predicting very high temperature derivatives (Eq. 
11.9) at some critical points in the bed. 

Geldart [139] wrote an excellent review of the subject and proposed the 
following semi-empirical relationship 


G h =P p ( 1 -EnrfX U-U (Cj+0.38C 2 )C 3 


(14.38) 


It can be applied to a broader range of average particle diameters than Talmor 
and Benenati’s equation. The coefficients CjC 2 , and C 3 depend on fluidization 
parameters and on the characteristics of fluidized solid particles. Therefore, as 
with the previous adaptation, a possible one has been tried for the above work: 


Gn.m—Pmi 1 "£mf)( U- U m f) ( C| _ m +0. 3 8C 2 m )C 3 , 


(14.39) 


Unfortunately, applications of the above equation to beds of multiple particle 
species led to large deviations between simulation and experimental values of 
operational parameters. 

Gidaspow and coworkers [4,291-295] developed the complete solutions of 
the system of partial differential equations, which describe the dynamics of 
particles and gases in isothermal fluidized beds. Their solutions for the velocity 
field seem to compare well against measurements. On the other hand, for a 
mixture of various different kinds of particles, the system of differential equations 
increases considerably. The application of such an approach in a comprehensive 
simulation would consume very large computational time. In addition, it must 
be remembered that in order to apply to furnaces and other reactors, those 
systems should be rewritten for nonisothermal beds. The additional coupling 
with mass and energy balances would greatly increase the mathematical- 
numerical problem. Therefore, use of such a system as an appendix of any 
comprehensive simulation program would be cumbersome. 

Soo [296-298] reduced the number of momentum equations by assuming 
reasonable simplifications, which allow fast computations. At the same time, he 
proposed an ingenious set of solutions for the velocity field that implicitly satisfy 
the continuity equations. His results brought new insights to the hydrodynamics 
of the bed as well as the interplay between particles and bubble movements. In 
most cases, model and experiment results agree. However, it seems that under 
certain conditions, the lack of convective terms in his momentum equations could 
have led to not very good comparisons against some experimental measurements 
[299]. In addition, his attack considered just one solid species. 

The works of Soo were critically reviewed latter [274,300], as noted below. 

14.4.2 A Review of Soo’s work 

Consider a fluidized bed, with radius equal to r a and height Zd- The basic 
equations for the mass and momentum continuity as given by Soo [297] are 


Copyright © 2004 by Marcel Dekker, Inc. 


294 


Chapter 14 


m 

9(f«C,r) 


r du G , z " 


dr 


{ dz ) 


f 1 ! 

d{ru pj ) 

+ 


r 

dr 


dz 

V / 

L J 


\ / 


0 p p (Xp^UQ z UpS^ + \\,p 


’i d 

*^ u p,z 
r —-—■ 

+ 

d 2 U p , z 

r dr 

dr 

\ / 


dz 2 

\ / 


-P P g 
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The necessary and sufficient boundary conditions follow. 

• One for u Gil in the radial direction: 

«G.r Oo, Z)=0 0<Z<Z D 

• One for u G: in the axial direction: 

Ua,z(r, 0)=m Gj , z=o 0<r<r 0 

• One for u pr in the radial direction: 

UpA r 0 . z)=0 0<z<z D 

• Two for u pz in the radial direction: 

Upjr<>, z)=ii p , z , w 0<z<z D 


du 


P,z 


dr 


r =0 


0 <z<zd 


(14.40) 

(14.41) 

(14.42) 

(14.43) 

(14.44) 

(14.45) 

(14.46) 

(14.47) 

(14.48) 


• Two for u p , z in the axial direction: 

u P Ar, 0)=0 0<r<r 0 (14.49) 

UpAr, Z D )=0 0 <r<r 0 (14.50) 

It should be noticed no entrainment of particles to the freeboard is allowed here. 

Added to the above, Soo [297] imposed the following conditions for u Gz in 
the radial direction: 


ugJ r 0 , z)=u a , iW ()=z.=Zd 

d“G,z 


dr 


r=0 


= 0 0 < Z < Zd 


(14.51) 

(14.52) 
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Although not necessary for a solution of the continuity and momentum 
differential equations, the above additional conditions are acceptable from the 
physical point of view. Moreover, they permit the inclusion of more terms in 
the series proposed by Soo as approximated solutions and given by: 


/ 

u G,z = M G,-,-=o + sin 
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nz 
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Jn =0 
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( 14 . 53 ) 
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(14.54) 
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(14.55) 


(14.56) 


The great advantage of these forms is that they intrinsically satisfy the continuity 
equations 14.40 and 14.41. Additionally, they allow simple interpretations of 
the movement of particles in the bed. For a possible situation. Figure 14.2 
illustrates the axial velocity field of particles as given by Eq. 14.55. 



FIG. 14.2 Possible axial velocity field of particles in a bed, as predicted by Soo [118], 
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Despite the above advantages, when the proposed solutions are substituted 
into Eq. 14.42, the following equation is obtained: 
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(14.57) 


The inverse relaxation time a p is used by Soo, among other authors, to simplify 
the problem of momentum transfer between the gas and particulate phases. 
That relaxation factor can be better understood as the momentum (linear) transfer 
coefficient from the fluid to the particle. Nevertheless, the use of such simplified 
treatment brings incoherence to the originally proposed solution (Eqs. 14.53- 
14.56) because it prevents coefficients a n and C„ to be set as constants. Soo 
[297] smoothed the deviations by assuming the following approximation: 


a r 


g 


u G,z,z =o + Cq - ao 


(14.58) 


which represents an application of Eq. 14.57 for an inviscid flow at the center 
of the bed {z=zj 2, i-O). Following this, he assumed an equality, or at least a 
closeness, between the values of the maximum velocities of the particle and the 
gas phases, or C Q -a 0 «u Gzz=0 . This allowed the relaxation time to be represented 
solely as a function of the initial gas velocity. However, this imposed a value for 
the relaxation parameter a p that has little to do with its actual physical 
significance. Fortunately, the values for the average circulation rate of particles 
are not too sensitive to the inverse relaxation time [274,300]. Moreover, the 
values generated by Eq. 14.58 are of the same order of magnitude as 


150|4 G (l-e) ; 1.75p G « G> , ,sup 

pp£ dp £ Ppdp 


(14.59) 


This last is just a combination between Eq. 14.43 (neglecting the gravitational 
influence) and Ergun’s [140] equation. 

The application of boundary conditions to the proposed solutions leads to: 

C^B^-AB^ (14.60a) 

Cj=0 (14.60b) 

C 2 -B l a 2 -^B 2 a A (14.60c) 


C 3 =-25B 2 a s 


(14.60d) 


Copyright © 2004 by Marcel Dekker, Inc. 























Fluidization Dynamics 


297 


C 4 — B\Ci 4 
d'^ = B\G^ 

OQ = ~ u p,z,W 

«!=() 


_L^l A 

20 b 2 5 


UG,Z,W 

20 fi 2 


^2 U p,Z,W 


1 Bi 14 
-- + 14 

3 Bi 


Ug,z,W 

3B 2 


fl 3 =0 

CI 4 — — u p,z,W 


/ ^A_ + 21 V 3 “G,i,W 
4 B 2 


~ Mp,z,W 

where 


/ 

' J_B\_ 56 ' 
,15 «2 + 5 ^ 


4B, 


7ug,z,w 

\5B 2 


By =1 + 


b 2 = 


£z)PpOCp 

F/> 


4) Pp*^p 


(14.60e) 

(14.60f) 

(14.61a) 

(14.61b) 

(14.61c) 

(14.61d) 

(14.61e) 

(14.6 If) 

(14.62) 

(14.63) 


These values differ from those obtained by Soo [297]. 

For the sliding velocities, Soo [296-298] suggests the analogy with rarefied 
gas. However, the work of Geldart [139] provides a simpler equation, or 

rr \ 55Xl0~ 6 

u p,z,w ~(Ug, z -Ug,zM> —- (14.64) 

Up 


A discussion on interpretations of the apparent viscosity of bed is presented 
elsewhere [274,300]. It led to a choice of the equation to compute the mentioned 
value and is given by Saxton et al. [301 ] as 


2 x 10 5 ' 5 ( 1 - 8 ) 4' 5 

' U/) ^ 1 + 3.04 X10 5 dp 5 ) t/g^ 5 


(14.65) 
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Using Eq. 14.55, the average particle circulation rate at each axial position in 
the bed can be computed by 


G h = 2(1 — e)p ; 
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(14.66) 


and the overall average in the bed by 

1 z 'l 4 5 

Gh, av = — |Gh4z = — (l-e)p P 2_ ( 
n „=0 


r .. 


V r °2 


n + 2 


(14.67) 


where r, is the real root for u pz within the interval 0 <r<r 0 . As mentioned, 
depending on the condition, the velocity u pz may acquire upward or downward 
direction in the region 0<r<r„ and typical axial velocity profiles are illustrated 
in Figure 14.2 [274,297,300]. Usually, there is just one real root r, (0<r,<r n ) for 
u pz . However, if more real roots are found, the integration in Eq. 14.66 should 
be repeated for each interval where u pz points in the same direction. Since all 
particles remain in the bed, the result will be the same no matter if positive or 
negative fields of velocity are chosen. 

The above solution assumes just one particulate species. An approximation 
for application to cases of beds with several solid species has been made [274] 
and can simply be expressed as 

G„ im =f m G,i (14.68) 

At the same time, all properties should consider average values for particle 
diameter, as defined in Chapter 4. A reasonable definition for average apparent 
density of particles in the bed can be written as 

P„=Lp m (14.69) 

Figure 14.3* illustrates the application of Equation 14.68 for a bed with three 
species of particles. 

Of course, Eq. 14.68 is a crude approximation, which does not properly take 
into account the momentum transfers between particles of different species, 
nor computes more realistic average properties of the bed. However, it is much 


* Figure 14.3 does not clearly show the circulation rates for particles of inert solid due to its very 
low fraction in the bed. 
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FIG. 14.3 Typical circulation rates of particles (carbonaceous, limestone, and inert) against 
the axial position (distance from the distributor) in a fluidized bed. 


better than the previous approximations. Applying the same level of Soo’s 
work, a suggestion to improve the attack for beds with several particulate 
species is presented in Sec. C.2 (Appendix C). 

It is important to observe that the circulation flux of particles in the axial 
direction (Eq. 14.66) shows maximum values for positions far from the base 
and top of the bed. 

The computed values of the average circulation rates compared well against 
the predictions from semiempirical correlations [139,290]. Obviously, these 
comparisons can be made only within the range of applicability of those 
correlations. 

It is important to pay attention to the approximation used by Soo and 
expressed by the momentum equations 14.42 and 14.43. They do not consider 
a separated treatment for the bubble phase. Actually, Soo [297] used the above 
results to show that the flow pattern of the bubbles is a consequence of the 
movement of particles and not the reverse. 
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14.5 ENTRAINMENT AND ELUTRIATION 

The phenomena of entrainment and elutriation have been explained in Sec. 
3.4. As seen, the fundamental phenomenon that influences the particle-gas 
disengaging is the momentum transfers. The terminal velocity of the particle in 
the gas stream can be used as a parameter for correlations. Roughly speaking, 
particles whose terminal velocities are higher than the gas superficial velocity 
tend to return to the bed while those with terminal velocities lower than the gas 
superficial velocity tend to be carried by the gas stream. Note that this is not 
mandatory and the difference between the terminal velocity and the gas average 
velocity is a probabilistic parameter. 

Kunii and Levenspiel [138] present the following correlation between 
entrainment rate F Y,m,b elutriation rate F Xm h and height in the freeboard (z-z D ): 

FY.rnJ = FX,m,l + ( F Y ,m,U = Z£> ~ Fx.rn.l) exp[ —fl r (Z — Z D )] (14.70) 

Of course, it is valid for heights below the transport disengaging height (TDH) 
(see Sec. 14.5.1). 

One should remember that there is a particle size distribution for each kind 
of solid species in the bed. As seen in Chapter 3, a distribution is represented by 
several levels. Each level associates a range of particle size (represented by the 
average size of particle of that range) to a mass fraction. Therefore, at a vertical 
or axial position z in the freeboard F Y,m,l represents the rate of entrainment of 
size level / of the distribution of particle species or kind m. 

The entrainment at the top of the bed (or bottom of the freeboard) is 
given by 

-9 2 2 5 0 5 ~Uc,mf) 2 '* 

Fv.m4,z=ZD =3.07x10 S~d(j z=ZD p c g ~ — fm w m,l (14.71) 

M-c? 

Here U G should be understood as the axial component of the superficial velocity 
of the gas. 

The rate of elutriation F Xml is given [149] by 

Fx,m,i=X m ,iW mi i (14.72) 

where 

X m ,l=p m (\-Z F: m,l)(.U G-^T, m ,l)S (14.73) 

The difference of velocities between the gas phase and the terminal of the 
particles should be computed at each position z in the freeboard. It is also 
important to stress that the mass fraction w m[ of particles kind m at level / 
(therefore, with size d mi ) is the not the one at the feeding position, but the value 
found in the bed at steady-state condition. 
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The void fraction in the freeboard is estimated by 
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(14.74) 


The coefficients a e are given by the following relationships: 
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(14.75) 


(14.76) 


(14.77) 


Several discrepancies have been observed on the reported correlation and values 
for the parameter a y in Eq. 14.70. Wen and Chen [ 149] could not find a correlation 
to determine this parameter. Their experimental work, as well as the published 
ones, showed that its value might vary from 3.5 to 6.4 nr 1 . They maintained that 
“since the value is not very sensitive in the determination of the entrainment rate, 
it is recommended that a value of 4.0 m 1 be used for a system which no information 
on entrainment rate is available.” On the other hand, Lewis et al. [302] reported 
values from 0.4 to 0.8 s- 1 for the product between a Y and U c . Walsh et al. [303] 
found the same product to be between 2.7 and 3.7 s' 1 These values contradict a 
graph presented by Wen and Chen where the scattering of the characteristic length 
for the decay of particle flow a Y against the gas superficial velocity U c cannot 
ensure the validity of the above correlation. In view of that, and based on the 
values of calculations against experimental values, it is recommended that above 
suggestion by Wen and Chen [149] should be followed. 


14.5.1 Transport Disengaging Height (TDH) 

The concept of TDH is an approximation because, from the rigorous point of 
view, there is always a decrease in the upward flow of particles, no matter how 
high the freeboard. The gas velocity is not uniform throughout the freeboard 
cross section and layers near the vertical walls present lower velocities, which 
allow fine particles to “slide down.” Nevertheless, from the practical point of 
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view, it is possible to find an approximated definition [149] and set the TDH as 
the height at which the entrainment rate is within 1% of the elutriation rate and 
therefore is given by 


Ztdh - Id "*-l n 

a Y 


r Py,z=z D ' 

0.0LF* 

V 


(14.78) 


14.6 PARTICLE SIZE DISTRIBUTION 

A very important part of any model dealing with processes with particulate 
solids is the determination of the size distribution at steady-state condition. 

As the particles are fed (usually continuously) into a fluidized bed, several 
phenomena contribute to the modification of the original distribution of sizes. 
These effects are: 

• Reduction of size due to chemical reactions, mainly for the carbonaceous 
particles when the exposed-core process is the mandatory mode 

• Increase on the average size due to the entrainment, which carries the 
fine particles to the freeboard 

• Decrease of the average size due to generation of fines by attrition between 
particles and between particles and internal surfaces (tubes, walls, etc.). 

To provide a method to estimate the mass fraction w mJ of particles of kind m at 
level / (from now on called m,I class) at steady-state condition in the bed, a 
mass balance for that class should be made in the bed region. This balance 
should take into account the combined effects of all interfering factors mentioned 
above. 

For a bed where no heterogeneous chemical reactions take place, the mass 
balance for particle class m,l is given by 

WmJpLD.m + U m ,l ~ w l,mjFl, m + T m J + l 

+ (Fy, mJ ^ ZD - F YjnJ ' Z = ZF ) + F Km I (14J9) 

The left side represents the losses of the bed for particles class in, l, and the right 
side the gains. The first term in the left is the loss of that m,l class due to the 
streams leaving the bed due to: 

• Forced withdrawals such as by overflow to keep the bed height as constant. 

• Flow to the freeboard 

The second term in the left of Eq. 14.79 represents the rate of loss of class m,l 
to an inferior level “m,l- 1” due to attrition. The first term in the right side 
represents the gain of particles m,l due to feeding into the bed. The second 
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represents the gain of particles m,l due to the attrition of particles m,l+ 1, or from 
the above size level. The third term (between parenthesis) represents the net 
return of particles from the freeboard. In other words, those particles class m,l 
that have not left the system at the top of the freeboard. The last term represents 
the eventual, forced recycling to the bed of particles collected by the cyclone 
(or other cleaning system). 

In the case that chemical consumption affects the particles of type m, the 
first term of the right side should consider that loss. This is the typical case of 
carbonaceous solids when the exposed-core model is adopted. In this situation, 
it is recommended just to replace the feeding rate F Um by the leaving rate of 
class 77i,/ from the system, F Lm . A good approximation is to multiply F lm by the 
fraction of carbon conversion to obtain F L m . 

The mass flow of particles belonging to class m,l that leave the bed can be 
computed by 

F Y D,m = F Lm + F Km + F Y . m , z = z D — F Y ,mj.=z F (14.80) 

The mass flow of particles recovered by the cyclone system and recycled to the 
bed can be computed by 

Fa :,m,i = F y ^ z=zf r\ cym f K (14.81) 

A method to compute the cyclone efficiency (for each class m,l) is presented in 
the next section. The factor f K represents the imposed recycling ratio, or the mass 
fraction of the collected by the cyclone, which is actually reinjected into the bed. 

The rate of production of fines due to attrition can be computed [304] by 

= ® m M D (U G - U mf )f n w mj wij (14.82) 

The parameter w s Rm j is the sum of mass fractions of all particles class m, l, which 
have diameters below d mJ , or 

4mijc 

X (14.83) 

k—l+l 

The upper value l mm is the maximum size found among particles kind m. M D is 
the total mass of solids hold by the bed. Once again, all these values are referred 
at steady-state condition in the bed. 

For the sake of simplicity, the solid friability coefficients ©,„ have been taken as 
constants. However, other works [305-307] show that they are not truly constants. 
In particular, Vaux and Schruben [307] provide a relationship between the rate of 
production of fines and the time from the start of operation. It is known that the 
production rate of fines decreases asymptotically with the time and approachs a 
constant value. That limit situation characterizes a steady-state condition. 
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For bituminous coal and limestone, the friability constants are found in the 
literature [304] as 9.11x10 6 m 1 and 2.73x10 6 m' 1 , respectively. From the above 
discussion, it is very likely that these values correspond to a steady-state 
condition. 

The friability factor for the inert (sand) can be assumed as 7.30xl0 6 m *. As 
described elsewhere [145], this value was calculated from the information found 
on the abrasion coefficients for that solid. Usually, a simple linear rule should 
be enough to estimate the value. 

Equation 14.79 implies that a recurrence or iteration procedure should be 
used to compute the particle size distributions for each solid m in the bed. The 
following method can be employed: 

1. Of course, the maximum size in the distribution, corresponding to the 
highest level / max , cannot increase its mass fraction due to generation of 
fines. Therefore r,„ imax+1 is equal to zero. Knowing that, use Eqs. 14.79- 
14.82 to calculate the new w m/max . 

2. Use Eq. 14.82 to compute F mimax . 

3. Proceed to the immediately below / max -l, and use Eq. 14.79 as well the 
above calculated values to compute H' m ,/ max .i and r„, ;max .,. 

4. The process is repeated until /= 1. 

14.7 RECYCLING OF PARTICLES 

The entrainment and elutriation processes wash fine particles from the system 
(bed plus freeboard). Therefore, the residence times in the system for larger 
particles tend to be higher than for smaller ones. In the case of carbonaceous 
solid fuel, the mechanism usually leads to lower carbon conversions for smaller 
particles when compared with the bigger ones. Normally, this is not desirable 
and a method to increase the residence time of fine particles is to recycle the 
part collected by the cyclone to the bed. Despite that, recycling of fines is not 
always convenient because it leads to a decrease in the average size of particles 
in the bed. If the same rate of gas injection into the bed is maintained, increases 
in the distance between actual gas velocity and the minimum fluidization will 
occur. Large bubbles will appear and even slugging flow might be reached. In 
addition, increases in the void fraction in the bed will be observed. If the bed 
height is maintained, the overall residence time of particles in the bed will 
decrease. 

As seen, the recycling of particles should be made with care. A method to 
control these effects is to select a partial recycling. 

The balance of particle size described above contains the term representing 
the flow of particles recycled from the collecting system. However, the collecting 
efficiency for each particles class ml should be known. 
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There are several methods for the computation of efficiencies, and a simple 
but fairly precise approach is suggested by Leith and Meths [308], which 
describes the cyclone efficiency as 


hey ,m,l ~ 1 2Xp 


2( flcy-Pcy ,m,l ) 


l/(2«cy+2) 


(14.84) 


Here the parameter a cy is a function of the cyclone geometry, which for a wide 
range of standard commercial designs fluctuates around the value 50. The 
parameter B cyml is related to the terminal velocity of the corresponding particle by 


B, 


cy ,m,l 


MT,mjMcy,G 


gd { 


( n c y T1) 


cy 


(14.85) 


The gas inlet velocity n cy G is calculated using the fact that standard cyclones 
have a square cross-sectional entrance with area given by 

gentry = 0.125J? y (14-86) 


Finally, the coefficient n cy is given by 


«cy 



(39.4d cy f 14 

2.5 



283 

V 


\0.3 


(14.87) 


Here, the value d cy is the representative diameter of the cyclone (internal in the 
cylindrical section) and the temperature T cy is the average temperature throughout 
the cyclone. 


14.8 SEGREGATION 

As mentioned before (Sec. 3.4.1), good operations of bubbling fluidized 
combustors or gasifiers, should avoid the phenomena of particle segregation. 

A set of convenient relations that allow the prediction of those processes 
have been published by Nienow et al. [309], Based on that work, a procedure to 
determine the various parameters and, possibly, install in a complete simulation 
program is described as follows: 

1. After the solution of the system presented in Chapter 13, the complete 
conditions of steady-state regime have been determined, among them, 
the average diameter and density of each solid species m (carbonaceous 
=1, sulfur absorbent=2, inert=3). The values computed at the middle of 
the bed would be acceptable. 

2. Create a subroutine to compute the minimum fluidization velocity for 
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each of those particulate species, U mfj „. The composition, temperature, 
and pressure of the emulsion gas at the middle of the bed can be used. 

3. Name as m H (or heavy) the solid species with the highest minimum 
fluidization velocity, and as m L the one with the lowest. 

4. Compute the mixing-take-over velocity, i.e., the superficial velocity of 
gas in the bed at which the segregation would be destroyed, as 



f \ 

1.2 

( A" 

lt \o — It * 

^mf ,mn 

+ 0.9 

P m H 


^ w mf ,mi 


{ 9 m,. J 




( \ 

14’ 

2.2f 0 ' 5 

1-exp 

ZD 


m H 


, dD > 



l r , \0J 

'rmtf &rriH 

tym L d mL 

(14.88) 


here f mH is the average mass fraction of the heaviest species in the bed. 
Similarly, all other values concerning densities, sphericities, diameters, 
minimum fluidization velocities are the average values computed in the 
bed. A good approximation is to take the values at the middle of the bed. 
The term inside the exponential (bed height over bed diameter) is called 
aspect ratio of the bed. 

5. Compute the reduced gas velocity by 

f \ 


^reduc" 


It It to 
U — U m f 


exp 


v“ t0 J 


(14.89) 


6. Finally, compute the mixing ratio by 

1 


^ralio 


\ — g “reduc 


(14.90) 


The mixing ratio is also the ratio between the mass fractions of heaviest species 
(which tend to sink) at the top and at the bottom of the bed. In well-mixed 
beds, that ratio tends to 1. Segregation is likely to occur if the ratio is equal or 
below 0.5. 


14.9 AREAS AND VOLUMES AT FREEBOARD SECTION 

Similar to the bed section, area and volume relations are necessary for 
computations regarding the freeboard section. 

As the solution of differential equations for the freeboard (Eqs. 13.10-13.14), 
the mass flow of gas and each solid species (m =1 to 3) is computed. Therefore, 
the void fraction at each point would simple be given by 
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(14.91) 


The available surface area of each solid species can be calculated by 


^PF.m 6 jr 

— - — = ~ — f m (l-£ F )SF 

dp,m 


(14.92) 


Note that the cross-sectional area at the freeboard might differ from the area at 
the bed section. Actually, many fluidized-bed designs allow larger diameters at 
the freeboard section to facilitate disengaging of particles. The average particle 
diameter d pm and mass fraction of each solid would vary according to the 
position in the freeboard as well. They can be estimated through the relations 
related to entrainment as seen before. 

Obviously, 


dV F 

dz 


= £ pSf 


(14.93) 


14.10 MASS AND VOLUME FRACTIONS OF SOLIDS 

The mass fraction of particles kind m (/,„) among all other solid species (/;;= I to 
3) is easily calculated after each iteration through the bed using the computed 
values of remaining mass, or 

f _ ^ [ I ).n> 

Jm ~ — 

I F LD , m (14.94) 

m =1 


where F LDm can be obtained by adding all mass flows of component j (f’ LDj ) 
belonging the solid species m, as computed by Eq. 13.4. The volume fractions 
can be calculated by 


FLD.m/ 



(14.95) 


For the freeboard, they can be computed at each position, and given by 
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FsF.m 


m ~ 



(14.96) 


and 


fm 



(14.97) 


14.11 FURTHER STUDIES 

The area of fluidization dynamics is among the most studied. Major works and 
reviews [138,139,142,143,282,310,311,312] are wonderful sources for those 
interested in deeper and more detailed aspects of this field. 

EXERCISES 

14.1* Compare the profiles of bubble diameter, throughout the bed height, obtained 
by the various authors mentioned in this chapter. Use the following data: 

Bed internal diameter: 0.5 m 
Bed height: 2 m 

Average temperature in the bed: 1000 K 
Distributor is a porous plate 
Average particle diameter: 0.1 mm 
Average particle apparent density: 2000 kg/m 3 
Air is passing through the bed. 

14.2* Referring to the model based on the Soo’s work [296,297], as described 
in Sec. 14.4.2, make a suggestion for the boundary condition of particle velocities 
at the top of the bed. 

14.3** Develop a computational routine to calculate the mixing ratio in a 
bubbling fluidized bed (geometry is known). Follow the route described at Sec. 
14.8. Assume that average values of the following parameters at the middle of 
the bed are known: particle densities, sphericities, mass fractions, gas 
composition, temperature, pressure, and superficial velocity. Develop routines 
to compute other necessary parameters. 
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15.1 INTRODUCTION 

As seen, fluidized-bed reactors involve a great amount of phenomena, including 
transfers of energy and mass in almost all possible forms. The present chapter 
introduces the basic methods to allow computations of parameters related to 
these as well as other phenomena. 

15.2 MASS TRANSFERS 

These transfer processes take place between the following phases: 

• Bubbles and gas in the emulsion 

• Solid particles and gas in the emulsion 

• Solid particles and gas in the freeboard 

As can be noticed, no direct mass transfer is considered between the particles 
and the gas in the bubbles. This is due to the assumption that bubbles are free 
of particles. Despite that, the effects of such eventual exchanges are not 
discharged because transferences are indirectly computed through the interstitial 
gas in the emulsion. 

15.2.1 Bubbles and Gas in the Emulsion 

The mass flux of each chemical species j between bubbles and emulsion can be 
computed by 


309 
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(15.1) 


Among the various available correlation for the coefficient for the mass transfer, 
there are: 

1. The one presented in Kobayashi and Arai [313], and given by 



(15.2) 


This correlation was applied in several works [229,314,315]). 

2. The one presented in Kunii and Levenspiel [138], which is an 
improvement over the above correlation and accounts for the effects of 
the bed dynamics and mass transfer properties. Their correlation is 
described as 


1 



(15.3) 


This equation is based on the three-phase model. The mass transfer 
between the bubble and emulsion (BE) is given by a mechanism of 
resistances, which considers the mass transfer between bubble and cloud 
(BC) and between cloud and emulsion (CE). These individual mass 
transfer coefficients are given by 


n ,25 



(15.5) 


and 



(15.6) 


Most of the parameters involved in these relationships have been intro¬ 
duced in Chapter 9. The above formulation is used in several math¬ 
ematical models [316-319]. 

3. Sit and Grace [320] verified that the above correlation underestimated 
the mass transfer in the regions near the distributor where intense bubble 
interaction or coalescence takes place. Strong evidence for this comes 
from the conclusions by other workers [318,319,321], As assumed in 
the present model. Sit and Grace included the clouds around the bubbles 
as part of the emulsion. Their correlation is recommended because it 
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reproduces the experimental data without any additional correction. It 
is given by 


¥be 


2I/ m f | 12 ( D G e ni fi ! B 

d B dl' 2 { n 


xl/2 

/ 


(15.7) 


15.2.2 Solids and Gas in the Emulsion 


As shown before, the mass transfer of gaseous components from and to reacting 
solid particles depends, on three basic resistances. Among those resistances, 
there is the one offered by the gas boundary layer covering the particle. 

The coefficient of mass transfer between phase formed by particles kind m 
and the emulsion gas is given by 


VSEGE.m 




AjPge 

dm 


(15.8) 


Therefore, the determination of the Sherwood number for each particle is an 
important point in this calculation. Despite that, several mathematical models 
set strong simplifications regarding this parameter. Overturf and Reklaitis [318], 
for instance, assume the Sherwood number as a constant equal to 2. Other works 
do not even mention the adopted value or correlation. 

Among the various works presented in the literature, the one by La Nause et 
al. [322] seems to be the most appropriate for a relatively easy application to 
models of fluidized-bed equipment. It can be used to predict the mass transfer 
rates for a wide range of temperature and fluidization conditions and is given 
by 


T^Sh jn ~ 2£mf + 


nD G 


f 2 


(15.9) 


which is valid for particles smaller than the average, or djd pm < I. For particles 
larger than 3 times the average in the process, the number can be computed by 


T^Sh.m — 2£mf + 


Ad m (U m f +£mf(' , s) 


1/2 


nD G 


(15.10) 


For the intermediate region, the following formula may be adopted: 

Ash,m = fl Ash ,m,Eq,13. 9+(l-a)lVsh ,/n.Eq, 13.10 (15.11) 


here 
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3 d m j d PAy 

a =- 

2 


(15.12) 


15.2.3 Solids and Gas in the Freeboard 

The correlations shown in Sec. 11.7 can be used for computations of the 
Sherwood number related to the mass transfer between gas and solid particles 
in the free-boards. As always, the average properties for the gas phase should be 
computed at each vertical position in the freeboard. The composition and 
temperature are dictated by the differential mass and energy balances. 

15.3 HEAT TRANSFERS 

As shown before, the fluidized-bed processes involve a wide range of possible 
heat transfers among the various phases and as well as among the phases and 
surfaces immersed in the bed or in the freeboard. The most important heat 
transfers occurring in the bed are between: 

Gas in the bubbles and gas in emulsion 

Gas and solids in the emulsion 

Solids and solids in the emulsion 

Solids and solids in the freeboard 

Solids and gas in the freeboard 

Gas in the bubbles and immersed tubes in the bed 

Gas in the emulsion and immersed tube in the bed 

Gas and tubes in the freeboard 

Solids and tubes in the bed 

Solids and tubes in the freeboard 

Bed and distributor 

Bed and internal reactor wall 

Gas in the freeboard and internal reactor walls 

External reactor wall and the environment 

Internal wall of the tubes in the bed or in the freeboard and the fluid 
flowing inside them 

Relationships that can be applied at each case are presented below. 

15.3.1 Bubbles and Gas in the Emulsion 

A specific method to calculate the heat transfer by convection between gas in 
the bubbles and gas in the emulsion has not been found. Therefore, as suggested 
in Kunii and Levenspiel [138], as well as other works, an analogy with the 
equivalent mass transfer can be assumed to give 
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«CGBGE = 



(15.13) 


where the average values of properties should be computed for the local cup- 
mix conditions between emulsion and bubble gas phases. The above correlation 
can be used to compute the heat transfer between those phases as 



(15.14) 


Again, the area-volume ratio should be introduced and the relations presented 
in Chapter 14 can used for its computation. 

15.3.2 Solids and Gas in the Emulsion 

For each solid type m, Eq. 13.5 shows two terms related to heat transfer between 
gas and solid particles. The first CRcsege,™) is due to convection and the second 
(RhSEGE,m) is related to energy transfer due to mass transfer between the phases. 
The method for computation of the second term (RhSEGE,m) is similar to that 
shown in the case of moving beds and given by Eq. 11.53. Of course, it should 
be applied for each type m of solid in the fluidized-bed. 

The heat transfer by convection between the solid particle m and the gas in 
the emulsion can be given by 



(15.15) 


where 



(15.16) 


The Nusselt number for this situation is defined [268] by 


Nfi u,m — 0-3Nlie,m 

which is valid for /V rem <l 00. Here, 


(15.17) 



(15.18) 


For A rc m =100, the Nusselt number is given [323] by 



(15.19) 
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15.3.3 Solids and Solids 

15.3.3.1 Heat Transfer by Radiation 

The thermal radiative transfers between the various solids in the bed is a complex 
problem. There are several methods to compute such heat exchanges, among 
them the flux method [199-206,324-326]. This powerful method allows the 
inclusion of terms related to radiative transfer in the differential energy balances. 
On the other hand, the complexity of the mathematical treatment increases 
significantly and is out of the scope of this introductory text to modeling. In 
addition, having in mind the degree of assumed, or implicit, approximations 
used at the present level, a simpler approach can be applied to compute that 
heat transfer. After comparisons with applications of the flux method, at least in 
cases of fluidized bubbling bed, this approach has proved to be quite reasonable 
[207-209,275,328]. It assumes the following: 

1. The gas layers between the particles are transparent. 

2. A particle kind m is surrounded by all sorts of particles present in the 
bed. Therefore, the other particles of type n take a certain fraction of its 
total surrounding viewed area. That area fraction is assumed to be the 
same as f" n which is given by 



where A„, is the total external area of particle from solid type m in the 
surrounding position at which the calculation is being performed. 

3. All particles behave as “gray bodies.” 

These assumptions lead to the following equation: 


Q(Xp 4 E,m -?PE,n) dApfjjn 


^RSESE, m,n = 



(15.20) 


e ' m £ ' n fn fn 


where m and n indicates the possible particle types present in the bed, and s’ 
their emissivities. A simple deduction for the radiation heat transfer between 
gray bodies can be found in any text in the area [194-197], 

A similar equation is applicable for the radiative heat transfers in the free¬ 
board. 

The computation of heat transfers by radiation is one aspect of the model 
that may be improved with relatively little effort. 
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The processes of heat transfer by convection between the various solid particles 
can be treated by an analogy with gas-solid convective transfer. This is possible 
because, from the macroscopic point of view, the fluidized bed of particles can 
be treated as a fluid. In this way, the referred heat transfer is computed by 


-RcSESE ,m,n 


«SESE„ 


i,nfn(T[ 


PE,m 


T?E,n ) 


dApE,m 

dVsE,m 


(15.21) 


where m and n indicate the possible kind of particles present in the bed. 
The heat transfer coefficient is given by 

Y-0.56 

(15.22) 


a CSESE.m,n -4.51x10 2 d m \„ 2 


U 


which has been adapted [145,146] from the work by Delvosalle and 
Vanderschuren [284] in order to allow the calculation of the coefficient between 
particles of different diameters or sizes. Therefore, the definition of an “average” 
diameter d mn is necessary. A possible formula is 



(15.23) 


15.3.4 Tubes and the Bed 

The heat transfer between the surface of the tubes and the bed is accounted for 
by the three terms: 

1. Convection with the gas in the emulsion < Rcgetd) 

2. Convection with the gas in the bubbles (Rcgbtd) 

3. Radiation with the particles in the emulsion (K R si:m) 

The convection between particles and tubes is indirectly computed by the 
convection between emulsion and tubes. This is because the empirical 
correlation does not separate these phenomena. 

The models presented in Chapters 7 and 13 neglect transfers by radiation 
from or to gases. This is justifiable due to the small thickness of the interstitial 
gas layers between particles. This assumption was proved reasonable [207- 
209,275,327], at least in the bed region of combustors and gasifiers. 

15.3.4.1 Convection Between Tubes and the Bed 

The heat transfer by convection between emulsion interstitial gas and tubes is 
described as 
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(15.24) 


and the equivalent for the gas in the bubbles by 


ftf'GBTD - « BOTD ( TgB ~ ?WOTD ) 


dAp TD 
dV( GB 


(15.25) 


The heat transfer coefficients can be found in the literature [329], which shows 
the rule for splitting the total heat exchanged between bed and immersed tubes 
into the parts derived from each phase in the bed. The expressions presented 
here have been adapted to match the hypotheses that the heat transfer by 
convection between tubes and bed is accomplished by the gas in the emulsion 
and in the bubbles. For the emulsion phase, they are given by 


«eotd - a ' 


mf 2 

B 2 (\ + B X ) 


(erfc B 2 exp /f> - l ) 


2 B 


1/2 


1 + 5, 


(15.26) 


where 


a'= 2 


j^tnfPmHhnf(^G j- j mf) 

TtdoTD 


1/2 


U B 


U G -U mf + V B 


(15.27) 


By - 

B 2 = 


U G -U mf 


0-35 (gd D ) 

a* 

^“G.av 

^film 


1/2 


(15.28) 

(15.29) 

(15.30) 


Here the film thickness for inclined tube has been taken as an average between 
the relative to the horizontal and vertical values as 


hfjlm — d 


■p, av 


COS(tTD) t I-CQS(Itd) 

4 10 


(15.31) 


The definitions for physical properties at the minimum fluidization condition 
(index mf) and average gas temperature and composition, used for the 
computations of physical properties, are described as follows: 
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^mf ~ ^G,a 


1 £mf 


0.04 + 


kc.a' 


■ + 0.1pG ,av c G,av dp ,av ^Anf 


(15.32) 


Pnif Pp(l“^mf) 

C|Til = Cv 


(15.33) 

(15.34) 


= 7’* + 


X c m F m (T m -T *) 

m =1_ 

5 

X ^ in 

k =1 


(15.35) 


where the index m designates each phase [1 for carbonaceous solid, 2 for 
limestone (if any present), 3 for inert solid (if present), 4 for emulsion gas, and 
5 for gas in the bubbles]. The enthalpy reference temperature T* is 298.15 K. 
The mass flows F k for solid phases should be interpreted as the circulation 
flows F Hk . 

For the bubble phase, the following correlation can be used: 
4A. m fpG.av^G,av^mf 


«BOTD 


ttdoTI) 


15.36) 


In the above equations, the average for gas properties (c G , p G , \ G ) at each vertical 
position z should be computed between the respective conditions of gas phases 
in the emulsion and in the bubble. The specific heat for solid (c s ) is the mass 
average (or using /„, as weighting factor) value taken among all solids in the 
bed. 

The overall coefficient for the heat transfer between tube and bed can be 
computed [329] by 

ctoTD = ctEOTD( 1-0.71 25 £ b )+cx B otdO .7125e b (15.37) 


At each vertical position z, the temperature at the external surface of the tubes 
in the bed can be calculated with the aid of the tube internal and external heat 
transfer coefficients as 


C(OTDTG.av + OCjTDTfl 

Twotd =- (15.38) 

a OTD + OCjTD 

Here, T fl is the average temperature of fluid inside the tube. It should be 
computed at each position of the bank immersed in the bed. 


15.3.4.2 Convection Between Internal Tube Wall and Fluid 


A method to compute the heat transfer rates between the fluid flowing in the 
tubes and its internal surface is presented here. Any method should take into 
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FIG. 15.1 Diagram for computation of heat transfer coefficient between fluid and internal 
surface of tube. 


account the various possibilities of the thermodynamic state of the flowing 
water inside the tubes: compressed liquid, vapor-liquid mixtures, and 
superheated steam. Of course, usually a large portion of the tube length is used 
for nucleate boiling. However, the other stages—pure liquid and pure steam 
convections—are important as well. Convergence procedures will be involved 
in computations of heat transfer between tubes and bed. The diagram shown in 
Fig. 15.1 illustrates a simplistic example. 

The equations referred there are listed below [330]: 


Nnu,JT = ( 


3.66 3 + 1.61 3 j 


>1/3 

M-fi 

) 

^ fljWT , 


>.0.14 


(15.39) 


where 


yV NUiJT =0.0214(iV^ 5 -ioo)a& /5 


1 + 


dn 

Lt 


>2/3 


(15.40) 
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Anu.jt = 0.012(^ e 87 ~280) TVp/ 5 


1 + 


dyv 

L t 


\2/3 


(15.41) 


Eq. 15.40 should be used for where A Pr less than 1.5; otherwise use Eq. 15.41. In 
addition, 


Bfi 


N Pr -c fl 


Bfl 


'Vpe - Arc (Vpr 


4jt 

L t 


(15.42) 

(15.43) 

(15.44) 


For the case of nucleate boiling, it is possible to apply[331] the following: 

^NujT=l-917xl0 3 (r JWT -r fl )exp(2.3022xl0- 7 f , JT ) (15.45) 


Finally, the heat transfer coefficients for the interior surface of the tube can be 
computed by 


«JT - 


NnuJT^H 

dj 


(15.46) 


The method shown in Fig. 15.1 should be repeated at each point in the tubes. 
Here, the condition of the fluid (water) can be found by integration of heat rate 
transferred from the bed to the fluid. That integration should start at the bottom 
of the tube bank until position z . The total power input is then compared with 
the necessary to take the flowing liquid water from its injection temperature to 
the saturation. Before that region, the pure convection would be governing 
process. After that, boiling would take place. Once the total amount of transferred 
energy surpasses the necessary for complete evaporation of the flowing water, 
the process would return to pure convection between tube walls and steam. 

The reader is encouraged to improve the above simple method. For instance, 
by including procedures to account for the effects of two-phase flows inside the 
tube. Of course, there is a vast literature on the subject of correlations for 
relationships for such calculations. Among those, there are comprehensive 
publications [196,332] that summarize very useful correlations. 

15.3.4.3 Radiation Between Tubes and the Solids 

An approximate calculation of the rate of heat transfer by radiation between the 
solid particles and the surfaces of the tubes immersed into the bed can be made 
using the following simplified equation 
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%SFTD.m = fm OEdTD ( T,i - TwOTD ) ^° Tt ? - 1 < m < 3 

V ' dV, SRr 


(15.47) 


where the equivalent bed-tubes emissivity can be computed by 

1 


£dtd - 


^S + ^TD 1 


(15.48) 


Of course, this is a simplification at the same level made for the computations 
of heat transfer by radiation shown before in this text. 


15.3.5 Tubes and the Freeboard 


15.3.5.1 Convection Between Tubes and the Gas Flowing Through the 
Freeboard 

The rate of heat exchange per unit of freeboard volume is given by 


^CGFTF - a GOTF <TgF “ ^WOTF ) 


dAp if 
dV gf 


(15.49) 


The coefficient can be approximately calculated by the use of classical following 
correlations: 


• In the case of vertical tubes: 


«gotf = 0.330A^ e 6 Td iVp r /3 

(15.50) 

• In the case of horizontal tubes: 


«GOTF = 0.648iY^ e 6 Tl yVpr 3 

(15.51) 


Here the Reynolds number /V RuTd is based on the tube outside diameter while 
Nrc.ti refers to the tube length (of one pass). 

In the case of inclined tubes, an average based on the inclination angle can 
be used to find and average between the two above limits. 

The procedure to determine the tube wall temperature is similar to the one 
shown above for the case of tubes immersed into the bed. 

15.3.5.2 Radiation Between Tubes and the Solids 

As a first approximation, a computation similar to the one shown for the case of 
radiative transfers between bed and tubes immersed in it can be applied here. 
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For a well-designed boiler or gasifier, the losses to the ambiance are negligible 
when compared to the power or total rate or energy entering or leaving the 
process. Usually, these losses are around 1 to 2% of the power input due to the 
fuel (mass flow of fuel times its heat value). However, to maintain the generality 
of the present text, these calculations are shown later. 

The computations assume the existence of an insulation, which covers the 
entire external surface of the equipment and represents the main resistance for 
the heat transfer to the ambiance. Therefore, the internal surface of the reactor, 
at each height z would be kept at the cross section average temperature of the 
phase, which is in contact with that wall. Thus, the overall heat transfer 
coefficient between the external wall (OW) and the ambiance can be estimated 
by a relatively simple method [333], given by 


«0W = 1.9468(2ow -T amb ) 1/4 (2.8633 Mamb + 1) 1/2 


+ 5.75x10 


7^4 rpA 

7 OW 4mb 

Tow “ T’amb 


(15.52) 


Here the velocity M amb represents the average wind velocity at the site where the 
equipment is installed. If that information is not provided, the value of 2 m/s is 
usually adopted. 

In order to be applicable to the differential equations, the above coefficient 
must be calculated at each point of the reactor height. To accomplish this, an 
iterative computation is necessary to find the reactor external wall temperature 
Tow- The equation to provide the convergence test is the one equating the heat 
flux by conduction and by convection combined with radiation, or 

A,- 

<7ow = a ow(Tow ~T amb ) =-(7j W -Tow) (15.53) 

-'-ins 

where x ins is the insulation thickness. For the bed section, the surface internal 
temperature 7’, w may be assumed as equal to the temperature of the emulsion 
gas at point or height. For the freeboard section, it is equal to the gas phase 
temperature at each height. 


15.3.7 Bed and Distributor Surface 

As shown in Chapter 13, the overall rate of heat transfer between the bed and 
gas-distributor surface is very important for the determination of boundary 
conditions of solid phases. 

One correlation that has worked well [145-147,150-154,183, 207- 
209,274,275] was developed by Zhang and Ouyang [281]; it provides the 
Nusselt number at the distributor surface as 
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(15.54) 


Here, all properties or condition for gases (G) and solids (S) refer to the averages 
of respective phase at j=0. The gas velocity u G is the average superficial value 
at that position. The above relation is valid for 


3 < ^p,avPG,av«G < ^ 

M ( ;.a\ 


(15.55) 


15.4 PARAMETERS RELATED TO REACTION RATES 

The parameters related to reaction rates are: 

1. Rates Rhet.sE.mj indicated in Eqs. 13.1 and 13.4 

2. Rates R homGEj indicated in Eq. 13.1 

3. Rates R honiGB , indicated in Eq. 13.2 

4. Rate R QGE indicated in Eq. 13.5 

5. Rate R QGB indicated in Eq. 13.7 

6. Rate R QSEm indicated in Eq. 13.9 

7. Rate Rhet.sF.mj indicated in Eq. 13.10 

8. Rates R hom . G F.mj indicated in Eq. 13.10 

9. Rate R QGF indicated in Eq. 13.11 

10. Rate R QSFm indicated in Eq. 13.13 

These terms should be treated similarly to the methods introduced in Chapter 
11, for the case of moving-bed reactors. Of course, the reference to the respective 
phase should be respected. 
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Fluidized-Bed Simulation Program 
and Results 


16.1 BLOCK DIAGRAM 

As illustrated in Chapter 12 for the case of moving-bed reactors, the task of the 
building program that combines the model equations into a coherent structure 
is not trivial. Among the various suggestions presented there, the development 
of a block diagram for the simulation strategy is a simple but effective tool to 
help in the task of writing a program. Fig. 16.1 presents an example for the 
present model of fluidized-bed reactor. Of course, the reader is encouraged to 
imagine other possibilities, as well as to improve on it. 

The basic steps of such strategy are: 

1. Read the data. The basic information usually necessary for a simulation 
would be: 

a. Control parameters that include the classification of the equipment 
(boiler, gasifier, reactors, etc.), indices to set the level of printing, 
tolerances for the numerical solutions of differential equations, 
guessed values for the minimum and maximum expected fixed-carbon 
conversion, and the maximum deviation allowed for that conversion. 
As seen, the model imposes solutions for a relatively large and 
nonlinear system of differential equations. In addition, the boundary 
conditions require guessing on the carbon conversion, and an iterative 
process should be set. 
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Z data / 

reading / 


first-trial 
solid-phase 
temperatures 
at z = 0 


convergence 
for solid-phase 
temperatures 






preliminary 


assume 

calculations 


carbon 

conversion 






preliminary 
overall energy 
balance 




set boundary 
conditions for 
gas phases 


solve system 
mass & energy 
differential eq. 
in the bed 


solve system 
mass & energy 
differential eq. 
in freeboard 



set boundary 
conditions for 
freeboard 


FIG. 16.1 Simplified block diagram showing the simulation strategy. 


There are several commercially available mathematical libraries. 
These provide a great variety of methods for convergence procedures, 
as well as for integration of systems of differential equations. 
Normally, the tolerances for integration of differential equations are 
suggested by those commercial packages. In the case of maximum 
deviation for the fixed-carbon conversion, it is recommended to use 
values around 1%. Greater values would lead to large or unacceptable 
imprecision in the overall mass and energy balances. Smaller values 
may lead to much longer computing times. One should be aware that 
errors accumulate during the numerical solution of the differential 
equation systems. Therefore, there is a coupling between the degree 
of tolerance asked for the solutions of differential equations and the 
other sought for the convergence of carbon conversion. A compromise 
between computer processing time and precision should be found. 
Therefore, ideal values for tolerances are always a matter of 
experimentation. 

b. Parameters to describe the nature, composition, and physical 
properties of the feeding carbonaceous solid, among them the 
ultimate and proximate analysis, apparent, bulk, and true densities, 
heat value, etc. 
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c. Parameters to describe the nature, composition, and physical properties 
of the feeding sulfur absorbent (such as limestone and dolomite) and/ 
or inert. 

d. Mass flow of incoming solid and gas streams. Chemical compositions, 
temperature, and pressure need to be provided. 

e. Description of the basic geometry of the equipment, such as 
equivalent diameter at the bed and freeboard sections, bed, and 
freeboard heights. 

f. If applicable, details of the geometry and characteristics of the tube 
banks immersed in the bed and in the freeboard. Moreover, water or 
gas jackets might be present, and details regarding their geometry and 
flows, temperature, pressures, or injected fluids should also be 
informed. 

g. Details of the gas distributor system design. 

h. Positions of the solid feeding points and of additional gas injection 
points (other than the distributor at the bottom of the bed). 

i. Insulation characteristics (average conductivity, thickness, emissivity) 
in the bed and freeboard. 

j. Basic shapes that describe the feeding solids (spherical, cylindrical or 
plates). 

k. Description of the particle size distribution for each feeding solid. 

2. Preliminary calculations may include: 

a. Transformation of the data into the basis necessary for the solutions of 
differential mass and energy balances throughout the bed and the 
freeboard. 

b. Setting of guessed values for conversions of components in the solid 
phases (other than the informed for fixed carbon). 

c. Application of default values for data not provided or unknown by the 
user. 

d. Application of global devolatilization routines to evaluate the 
composition of the fixed carbon. 

3. Assume a fixed-carbon conversion. The first two (minimum and 
maximum) values have already been set. The program may automatically 
set similar conversions for the other components in the solid fuel. 

4. Use the conversion of components in the solid (or liquid) fuel and the 
basic model for the heterogeneous reaction model (unexposed or exposed 
core) to compute the average particle size distribution in the bed for each 
solid species. For this a reiterative process involving computations of 
average fluidization conditions, first values for rates of attrition, and 
entrainment of solids should be performed. 

5. Set of the boundary conditions (at z=0) (see Sec. 13.3) for the system of 
differential equations that describe the mass and energy balances. 


Copyright © 2004 by Marcel Dekker, Inc. 


326 


Chapter 16 


a. Set conditions for the gas phases (bubble and emulsion). 

b. Perform the overall energy balance in the bed, as explained in Sec. 
13.2.2. 

c. Estimate the temperatures of each solid species through the use of the 
heat transfer between distributor surface and bed. 

6. Solve the system of differential nonlinear equations from z=0 to z 
=Z D . The solution would be performed for the minimum and maximum 
fixed-carbon conversions informed as data by the user. 

7. Verify if the fixed-carbon conversions are above the minimum and 
below the maximum assume fixed-carbon conversion. If not, usual 
commercial routines automatically stop the processing and ask the user 
to start again with new minimum and maximum values of fixed-carbon 
conversions. Otherwise, the computation assumes an intermediate 
value for the fixed-carbon conversion and returns to step 4. Each time 
at step 4, the last computed conversions of other solid species are taken 
as the new guessed values. The process is repeated until convergence is 
achieved. Once the convergence for fixed carbon is reached, the 
convergence for conversions of other solid species is usually achieved. 
If not, the program should inform the user and provide instructions to 
set more stringent criteria for the maximum deviation of fixed-carbon 
conversion. 

8. Use the conditions of flows, compositions, and temperatures at the top of 
the bed as the boundary conditions for the system of differential mass 
and energy balances in the freeboard (from z=z D to z=Zf )■ 

9. Solve the system of differential mass and energy balance in the free¬ 
board. 

10. Perform last computations for presentation of the results. 

11. Print results. 

16.2 SAMPLES OF RESULTS 

As in Chapter 12, some results from simulation and comparisons against real 
operational data are illustrated below. 

The data presented here are from open literature and have appeared in other 
publications. In any case, some details of equipment geometry are either not 
published (see comments in Sec. 12.2) or not available. As mentioned in Chapter 
12, lack of information might jeopardize comparisons between real operation 
and simulation results. Despite that they have been used because the purpose of 
the present section is just to illustrate comparisons between simulation and real 
operations and to comment on important aspects of bubbling fluidized-bed 
boilers and gasifiers. 


Copyright © 2004 by Marcel Dekker, Inc. 


FIuidized-Bed Simulation Program and Results 


327 


Comparisons have already been made applying former versions of the 
simulation program for fluidized beds [145-147,150-154,183,207-209,274- 
275]. However, and naturally, the program has evolved during the years. Since 
its first working version [145,146], the simulation code has been almost 
completely rewritten and several aspects, not considered in that first version, 
have been added. The most important improvements are listed in Sec. D.2. In 
most of cases precision has increased, but exceptions have been found. This 
shows that sophistication not always leads to better results. 

16.2.1 Babcock & Wilcox Pilot Rig 

The first set of conditions is from a pilot boiler by Babcock & Wilcox Co. The 
geometry and data are reported in open literature [238,367]. 

Several test have been carried out on that unit, but in only one (test 26) could 
a complete mass balance be found. This same test was used by others researchers 
for comparisons [318,319], 

16.2.1.1 Plant Description and Simulation Inputs 

The details of the unit can be found in the report. Therefore, just the more 
important features are described here. A scheme is shown in Fig. 16.2, where: 



FIG. 16.2 Scheme of Babcock & Wilcox pilot unit. 
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TABLE 16.1 Particle size distributions of coal and limestone (test 26, Babcock & 
Wilcox unit) 



Coal 

Limestone 


Diameter tp.m) a 

Mass percentage 

Diameter (p.m) a 

Mass percentage 

59 

6.40 

112 

4.45 

107 

2.85 

223 

1.05 

219 

4.95 

444 

7.35 

444 

8.80 

890 

43.00 

890 

20.40 

1845 

43.15 

1175 

36.55 

2900 

1.00 

2845 

9.85 



4825 

10.20 




■ Average inside the slice to which the respective mass fraction is indicated. 


• The combustor is a vertical furnace with insulation wall of 114 mm of 
Babcock & Wilcox 80 firebrick. An atmospheric pressure water jacket 
surrounds the entire enclosure. The present simulation considers heat 
transfer between jacket and bed as well (see Probs. 16.1 and 16.2). 

• The distributor is made of 38 mm carbon steel plate at which 188 (25 mm 
diameter) stainless steel pipes or flutes (3 cm long) are installed. Each 
flute has eight 4 mm radial holes, through which air is injected into the 
bed. The present simulation allows the introduction of all these aspects of 
distributor geometry. These are considered in calculations regarding bubble 
(see Chapter 15) and pressure losses (Chapter 4). 

• Subbituminous coal and limestone feeding system consists of a silo 
with rotary valve. From that, the particles are pneumatically transported 
with air and injected into the furnace. The present version allows for 
specific location of feeding, as well as for intermediate gas (any 
composition) injection into the reactor (furnace or gasifier). These are 
introduced as intermediate boundary conditions into the solution of the 
differential mass and energy balances, as described in Chapter 13 (see 
Prob. 16.3). 


TABLE 16.2 Composition of feeding limestone 
(test 26, Babcock & Wilcox unit) 


Component 

Value 

Moisture 

0,4% 

CaCOj 

93.85% (db) 

Other (assumed as inert) 

6.15% (db) 


Copyright © 2004 by Marcel Dekker, Inc. 










Fluidized-Bed Simulation Program and Results 


329 


TABLE 16.3 Selected real operation data used as simulation inputs (test 26, Babcock & 
Wilcox unit) 


Data 

Value 

Bed and freeboard equivalent internal diameter 

1.118 m 

Bed height (average) 

0.700 m 

Freeboard space 

2.742 m 

Position of the first tube in the bed a 

0.330 m 

Coal and limestone feeding position 3 

0.305 m 

Moisture in feeding limestone 

0.40% 

Feeding coal apparent particle density 13 

1400 kg/m 3 

Feeding coal real or skeletal density* 3 

2100 kg/m 3 

Feeding limestone apparent panicle density* 3 

2300 kg/m 3 

Feeding limestone real or skeletal density* 3 

3000 kg/m 3 

Feeding coal HHV (db) 

30.84 MJ/kg 

Temperature of injected air 

305 K 

Pressure of injected air (absolute) 

102.1 kPa 

Sphericity of coal and limestone feeding particles* 3 

0.7 

Coal feeding rate 

5.850 X 10~ 2 kg/s 

Limestone feeding rate 

1.215 X 10~ 2 kg/s 

Feeding rate of air c 

0.6952 kg/s 


a Measured from the distributor surface. 
b Most probable value due to lack of precise information. 

c There is some uncertainty if small amount (around 0.6% mass) of fuel gas (probably for pilot 
flame) was injected continuously or not into few distributor orifices. The present results assume that 
no fuel was injected. 


• Cooling system of this pilot unit is provided just to control the bed 
temperature and not for steam generation. It consists of six serpentines 
of 38 mm (IV 2 in, schedule 40) tubes. It makes 10 passes into the furnace 
and is partially immersed in the bed. The tubes are assembled in a 
staggered 114 mm square pitch and cooled by recirculating subcooled 
water at 1273 kPa (abs), approximately. Water, at 100°C, is forced into 
the tubes at 11.4 m 3 /h to ensure that no boiling occurs. It leaves between 
127 and 138°C. 

The proximate and ultimate analysis of employed coal are found in the table at 
Prob. 4.3. Other more important operational and simulation input conditions 
are summarized in Tables 16.1-16.3. 

16.2.1.2 Real Operational and Simulation Results 

The following real operational conditions are compared with those obtained by 
simulation. 
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TABLE 16.4 Composition of the gas leaving the freeboard 
(stack gas) (test 26, Babcock & Wilcox unit) 


Molar %, dry basis 


Component 

Real operation 

Simulation 

C0 2 

13.8 

13.8702 

CO 

0-0.9 

0.0001 

o 2 

3.9 

4.7911 

n 2 

81.2 

81.1893 

NO 

0.03 

0.0607 

so 2 

0.08 

0.0515 

h 2 

n.d. 

0.0000 

h 2 s 

0-2.4 X 10~ * 1 2 * 4 

0.0000 

NHj 

n.d. 

0.0000 

n 2 o 

n.d. 

0.0372 

HCN 

n.d. 

0.0000 

ch 4 

n.d. 

0.0000 


n.d.=not determined. 


• Composition of gas collected at the top of freeboard. The real and 
simulation data are shown in Table 16.4. 

• Temperatures at each position or height in the bed and in the freeboard of 
various phases are presented in Figs. 16.3 and 16.4, respectively. 
Experimental values (black triangle) have been measured at the middle 
and top of the bed as well as at the top of freeboard. The average 
temperatures at each position were computed according to Eq. 15.35. 

• Other operational and simulation results are presented in Tables 
16.6-16.8. 

Some selected figures obtained from the simulation are presented below. 

16.2.1.3 Discussion of Results 

The most important aspects of operation and simulation results follow: 

1. Tables 16.4 shows that the simulation manages to reproduce the 
composition of stack gas with relatively small deviations. 

2. Despite a few points of average measured temperatures, Figures 16.3 
and 16.4 show agreement with computed values. It is important to 

notice the large differences of temperatures among various phases 

near the distributor (z=0). The reasons for these have been explained 
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FIG. 16.3 Temperature profiles in the bed obtained by simulation (test 26. Babcock 
Wilcox unit). 



HEIGHT(m) 


~ GAS — CARBONAC. — ABSORBENT — INERT 


FIG. 16.4 Temperature profiles in the freeboard obtained by simulation (test 26. Babcock 
& Wilcox unit). 
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TABLE 16.5 Compositions of sulfur absorbent at several positions (test 26, Babcock & 
Wilcox unit) 


Component 


Mass percentages (w.b.) 


Feed 

Average in the bed 

Top of freeboard 

Real operation 

Simulation 

Simulation 

CaCOj 

93.475 

1.00 

0.000 

0.000 

CaO 

0.000 

51.44 

50.001 

50.004 

CaS0 4 

6.125 

47.56 

49.999 

49.995 

Moisture 

0.40 

nil 

0.000 

0.000 


in Sec. 3.4, but it is important to stress the importance of insight only possible 
due to simulation. Thermocouples inserted in the bed or even attached to 
distributor surface always manage just to measure the average temperature. 
That average (including the computed one) does not vary too much 
throughout the bed, which leads to the false impression that fluidized beds 
are completely isothermal. Models eventually assuming that may fail to 
achieve reasonable predictions, not to mention predicting possible bed 
melting or collapse (see Sec. 3.4). For instance, due to the relatively high 
temperature of solid fuel near the distributor, a good part of the combustion 
reactions and carbon conversion occur near the distributor as well. In the case 
of furnaces this is not too critical because oxygen is in excess. However, as 


TABLE 16.6 Process parameters. Part 1 (test 26, Babcock & Wilcox unit) 


Process parameter 

Real operation 

Simulation 

Mass flow of flue gas (kg/s) 

0.790 

0.750 

Mass flow of solids leaving freeboard (kg/s) 

0.013 

0.019 

Minimum fluidization velocity* (m/s) 

n.d. 

0.402 

Superficial velocity* (m/s) 

n.d. 

2.148 

Carbon conversion (%) 

95.8 

98.61 

Mass hold in the bed (kg) 

n.d. 

374.5 

Average residence time of particles 

n.d. 

88.3 

(based on feeding rate) (minutes) 

TDH (m) (measured from the bed surface) 

n.d. 

1.610 

Mixing index 

n.d. 

0.988 

Erosion rate of tubes immersed in the bed (p,m/h) 

n.d. 

0.37 

Half life of tube wall (days) 

n.d. 

869 


n.d.=not determined or reported. 
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TABLE 16.7 Process parameters, Part 2 (test 26, Babcock & Wilcox unit) 


Process parameter 

Real operation 

Simulation 

Ca/S ratio 

2.2 

2.287 

Calcium conversion 

28.09 

24.57 

Sulfur retention (%) (based on fed sulfur) 

58.7 

56.19 

Static bed height (m) 

n.d. 

0.385 

Pressure loss across distributor (kPa) 

n.d. 

3.00 

Pressure loss across the bed (kPa) 

n.d. 

3.84 

Energy rate input into the equipment (MW) 

n.d. 

1.655 

Energy rate transferred to tubes (MW) 

n.d. 

0.311 

Rate of energy transferred to water jacket (MW) 

n.d. 

1.026 

Mass flow of steam produced in the water jacket (kg/s) 

n.d. 

0.500 


n.d.=not determined or reported. 


it is demonstrated later, it is crucial in the case of gasifiers, where 
almost all oxygen is consumed at very narrow regions near the 
distributor. 

3. The prediction of favorable conditions for bed collapsing is only 
possible by comparing the maximum values of carbonaceous and inert 
(if ash is added to that phase) against ash-softening temperatures. For 
the majority of fuels, ash-softening conditions occur above 1300 K 
[8]. Actually, that temperature depends on the ash composition and 
environment conditions. Lower softening temperatures are found for 
iron-rich ashes at reducing atmosphere around the particle [8]. 
Roughly, it is possible to say that at oxidizing conditions the minimum 


TABLE 16.8 Process parameters. Part 3 (test 26, Babcock & Wilcox unit) 


Process parameter 


Real operation Simulation 


Percentage of total energy input transferred 
to external ambiance (%) 

Temperature of tube wall in the bed (K) a 
Overall heat transfer coefficient by convection 
between bed and tubes (W m~ 2 K~’) a 
Temperature of tube wall in the freeboard (K) a 
Overall heat transfer coefficient by convection 
between freeboard and tubes (W m 2 K -1 ) a 
Overall heat transfer coefficient by convection 
between jacket and bed (W m 2 K 1 ) a 


n.d. 

0.80 

n.d. 

311.4 

n.d. 

132.5 

n.d. 

300.8 

n.d. 

5.7 

n.d. 

434.4 


n.d.=not determined or reported. 

* Condition at the middle of tube bank or middle of jacket height. 
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fusion temperatures are around 1500 K for ashes with more than 20% 
as iron and 1700 K for ashes with less than 5% as iron. For reducing 
conditions these figures change to 1300 and 1600 K, respectively. 
Fortunately, as simulation shows, maximum temperatures of fuel and 
ash occur near the distributor where oxidizing conditions prevail. This 
is even the case of most gasification processes. However, if the 
predicted temperature of fuel or inert (which in this case is the 
segregated ash from original fuel) reaches values above the ash¬ 
softening limit, the possibility of bed collapsing is high. A mitigating 
factor is the time or length of space where the particles remain under 
such high temperatures. Crudely speaking, if those temperatures are 
maintained during regions (z coordinate) below twice the particle size, 
it is possible that no collapse will occur. This is so because the high 
circulation carries particles from hot to cooler regions above the 
distributor, thus avoiding melting. In some cases, even if two or more 
particles agglomerate, there is a possibility that shock or attrition 
against other particles might disintegrate the agglomerate. Nonetheless, 
bed collapsing due to particle agglomeration is not unusual. Anyhow, 
at least the simulation allows one to be aware of the possibility of bed 
collapsing as well as to apply the same simulation to set the conditions 
in order to do it. 

4. Table 16.5 also demonstrates good agreement between real operation and 
simulation regarding aspects of sulfur absorption by limestone. 

5. As expected, there is little variation of particle sizes in the bed (height 
<0.7 m) when compared with the freeboard (Fig. 16.5)*. Actually, the 
particles near the distributor are smaller than the respective average in 
the bed (Fig. 16.6)7 It should be remembered that the temperature of 
gas (in this case air) is rapidly heated as soon it is injected into the bed 
at z=0 (Fig. 16.3). Therefore, due to expansion, the same happens with 
its upward velocity, and higher velocities carry away fine particles 
from the local position. This is why particles tend to be smaller at 
regions with lower temperatures. Of course, the circulation due to 
fluidization counteracts that. Nevertheless, if the temperature 
increases too fast, the entrainment in the bed surpasses equalization 
due to circulation. Furthermore, the presence of the distributor surface 


* The ash segregated from original coal is represented here as inert. 

t The integration precision has to be compromised with processing time. As 10' 6 m was used as 
integration step, no variation is computed below that. However, this does not bring any loss in 
accuracy. 
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FIG. 16.5 Average particle diameter of each solid species throughout the bed and free¬ 
board (test 26, Babcock & Wilcox unit). 
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FIG. 16.6 Average particle diameter of each solid species in logarithmic scale for height 
in the bed (test 26, Babcock & Wilcox unit). 
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constrains the free circulation of particles, and low circulation (Fig. 16.8) 
near the distributor adds to the above effect. 

As explained before, large particles in the freeboard tend to return to 
the bed. This is also shown by the decreasing upward flow of each 
particulate species in the freeboard (Fig. 16.7). Thus, smaller particles 
are found at higher positions in the freeboard. There is almost no 
variation in the sizes of ash particles (which are represented here by 
inert) because the gas velocity in the freeboard is always well above the 
terminal velocity of these small particles. In is also interesting to 
observe that particle sizes do not vary significantly above a certain 
position in the freeboard, or around 2.4 m, which is the computed value 
for TDH (transport disengaging height) if referred to distributor 
surface. 

6. Another important aspect regarding the circulations of particles (Fig. 
16.8) is the high value around the middle of the bed and low value 
near its top and base. This is predicted by the treatment shown in Sec. 
14.4.2. As seen by Eq. 13.9, the rate of circulation has great influence 
on the temperature distributions of solid phases. The temperatures tend 
to vary less, or present smoother profiles, at regions of high 
circulations. This coincides with the observations made at Chapter 13 



FIG. 16.7 Upward mass flows of solid particles in the freeboard (test 26, Babcock & 
Wilcox unit). 
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FIG. 16.8 Circulation fluxes of particles in the bed (test 26. Babcock & Wilcox unit). 


regarding high temperatures for the carbonaceous fuel near the 
distributor. 

7. Figure 16.9 shows the evolution of bubble diameter and velocity. Notice 
a 10-fold increase on bubble sizes from their initial value at the distributor. 
However, the presence of the tube bank (lowest tube at 0.3 m) ended the 
bubble growth. Furthermore, bubbles break when they encounter the 
restriction of space between neighboring tubes. Equation. 14.35 links the 
velocity of a bubble to its size. 

Another important point is that bubbles remain cooler than the rest 
of other phases (Fig. 16.3). Despite the heat exchange with emulsion, 
this happens here due to contact with tube banks, feeding of solids, and 
presence of water jacket. On the other hand, due to intimate contact 
with burning particles of coal, the gas at the emulsion remains 
relatively hotter than the gas in the bubbles. Actually, the temperature 
in the bubbles should be somewhat higher than predicted here because 
heat transfer between bubbles and emulsion occurs by convection and 
radiation, and the present model neglects radiative absorption by 
gases. 

8. The void fraction in the emulsion and the total (emulsion plus bubbles) 
are compared against the minimum fluidization condition at 
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FIG. 16.9 Bubble diameters and velocities throughout the bed (test 26, Babcock & 
Wilcox unit). 
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FIG. 16.10 Void fractions in the bed region (test 26, Babcock & Wilcox unit). 
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Fig. 16.10. The same graphic is present using logarithmic scale at Fig. 
16.11, which facilitates observing that, due to the rapid increase in the 
gas temperature, the conditions fast depart from values near the minimum 
fluidization at the distributor. Figure 16.12 shows the void fraction in the 
freeboard. 

9. Concentration profiles of various gases and main reaction rates are 
shown in Figs. 16.13-16.29. The first group concerns the concentration 
profiles of CO, C0 2 and 0 2 in the emulsion and bubble phases in the bed, 
shown by Figs. 16.13 and 16.15. Of course, the rate of oxygen consumed 
in the bubbles tend to be lower than the emulsion. The average in the bed 
and profiles in the freeboard is shown by Fig. 16.15. Since this is a boiler, 
there is an excess of oxygen throughout the entire system (Fig. 16.15). 
As expected, concentrations of carbon monoxide remain very low, while 
carbon dioxide increases with the height in the bed. Figure 16.13 shows 
the increase in oxygen consumption near the feeding region, which can 
also be observed by rates of homogeneous reactions in emulsion (Fig. 

16.27) . Part of gases from pyrolysis is also consumed in the bubbles (Fig. 

16.28) . It is important to notice that, due to differences in temperatures 
(Fig. 16.3), rates of combustion in emulsion are almost 100 times fast 
than in bubbles. Most of CO is produced due the heterogeneous reactions 
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FIG. 16.11 Void fractions in the bed region using logarithmic scale at abscissa (test 26, 
Babcock & Wilcox unit). 
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FIG. 16.12 Void fraction in the freeboard (test 26, Babcock & Wilcox unit). 
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FIG. 16.13 Concentration profiles of CO, C0 2 , and 0 2 in the emulsion (test 26, Babcock 
& Wilcox unit). 
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FIG. 16.14 Concentration profiles of CO, C0 2 , and 0 2 in the bubbles (test 26, Babcock 
& Wilcox unit). 



FIG. 16.15 Concentration profiles of CO, C0 2 , and 0 2 throughout the bed and freeboard 
(test 26, Babcock & Wilcox unit). 
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FIG. 16.16 Concentration profiles of H 2 0, H 2 , and CH 4 in the emulsion (test 26, Babcock 
& Wilcox unit). 


a 

i 


z 

o 

w 

o 


u. 


o 

s 


0.08 



— H20 H2 — CH4 


FIG. 16.17 Concentration profiles of H 2 0, H 2 , and CH 4 in the bubbles (test 26, Babcock 
& Wilcox unit). 
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FIG. 16.18 Concentration profiles of H 2 0, H 2 , and CH 4 throughout the bed and free¬ 
board (test 26, Babcock & Wilcox unit). 



FIG. 16.19 Concentration profile of tar throughout the bed and freeboard (test 26, Babcock 
& Wilcox unit). 
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FIG. 16.20 Concentration profiles of S0 2 and NO throughout the bed and freeboard 
(test 26, Babcock & Wilcox unit). 



FIG. 16.21 Rates of main heterogeneous reactions in the bed (test 26, Babcock & 
Wilcox unit). 
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FIG. 16.22 Rates of main heterogeneous reactions in the freeboard (test 26. Babcock & 
Wilcox unit). 
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FIG. 16.23 Rates of tar oxidation in the bed (test 26, Babcock & Wilcox unit). 
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FIG. 16.24 Rates of tar oxidation in the freeboard (test 26. Babcock & Wilcox unit). 
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FIG. 16.25 Rates of sulfur absorption by CaO in the bed (test 26, Babcock & Wilcox 
unit). 
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FIG. 16.26 Rates of sulfur absorption by CaO in the freeboard (test 26, Babcock & 
Wilcox unit). 
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FIG. 16.27 Rates of main homogeneous reactions in the emulsion (test 26, Babcock & 
Wilcox unit). 
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FIG. 16.28 Rates of main homogeneous reactions in the bubbles (test 26, Babcock & 
Wilcox unit). 

in the emulsion (Fig. 16.21). Because of equilibrium, this and other fuel 
gases are not completely consumed in the emulsion and a fraction 
migrates to the bubbles. On the other hand, due to the relative low 
temperature and therefore low combustion rates, these fuel gases might 
accumulate in the bubbles. This is why, shift reaction (CO+H 2 0) is 
relatively important in the bubbles. Another significant contribution for 
increases in reaction rates at the bubbles is their breaking when meeting 
the tube bank (z around 0.3 m). This is understandable due to the increase 
on available interface for heat and mass transfer between bubbles and 
emulsion. Little variations are observed in the freeboard section (Fig. 
16.15). 

10. Concentration profiles for H 2 0, H 2 , and CH 4 are shown in Figs. 16.16- 
16.18. The sudden increase in water around the fuel and limestone-feeding 
region (z=0.3 m) can be observed. Drying and devolatilization introduce 
water, not to mention the fast combustion of rich-hydrocarbon volatiles. 
Hydrogen and methane remain very low due to the strong oxidizing 
conditions. 

11. The introduction of tar due to feeding coal pyrolysis is clearly observed 
at Fig. 16.19. As seen, its oxidation starts in the bed (Fig. 16.23) and is 
completed in the freeboard (Fig. 16.24). 

12. The rates of heterogeneous and homogeneous reactions in the free-board 
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(Figs. 16.22 and 16.29) are relative low, if compared with the rates in 
the bed (Figs. 16.21 and 16.27). This justifies some models that neglect 
processes in the freeboard. Nevertheless, the entrainment and heat 
transfers in that region are important parts of the operations of boilers 
and gasifiers. 

13. The generation and absorption of S0 2 can be studied by observing Figs. 
16.20, 16.25, and 16.26. Notice, that in this particular case, the rates of 
sulfur absorption remain important during a good portion of the freeboard. 
Therefore, that section of the equipment plays an important part on the 
cleaning process of flue gases from combustion. 

14. Finally, it is important to stress that, although a large pilot, this is not an 
industrial boiler. No steam is generated in the tubes immersed in the 
bed or freeboard. Phase change occurs only inside the water jacket 
around the entire furnace. The simulation computes heat transfers and 
temperatures at all positions of tube banks and jacket, and some 
information is given in Tables 16.7 and 16.8. However, boiling takes 
place only in the jacket, and it is opportune to illustrate few aspects of 
that process. Fig. 16.30 shows the temperatures of water inside the 
jacket and at the wall separating it from the bed. It is valuable to stress 
that just makeup water is injected into the jacket (due to natural 
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FIG. 16.29 Rates of main homogeneous reactions in the freeboard (test 26, Babcock & 
Wilcox unit). 
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FIG. 16.30 Temperature profiles of water inside the jacket and the wall separating jacket 
and furnace (test 26, Babcock & Wilcox unit). 

circulation). Therefore, apart from a very narrow region near the bottom 
(where cold water enters in the jacket space), nucleate boiling occurs at 
the whole internal wall of the jacket. This is why the average temperature 
inside the jacket remains almost constant. In addition, the heat transfer 
coefficients for boiling (on the side of water) are much higher than those 
by the fluidized bed and wall convection on the side of furnace. Thus, the 
average temperature of the wall separating the jacket and the bed tend to 
remain near the one found inside the jacket. This is even more valid for 
the wall separating the jacket interior and the freeboard (’>0.7 m), because 
the heat transfer between furnace and respective wall is much lower for 
the freeboard than for the bed region. 

16.2.2 IGT RENUGAS UNIT 

During the 1980s and 1990s, the Institute of Gas Technology (Illinois) developed 
the RENUGAS process for gasification of biomass. A sizable pilot operating 
under pressurized bubbling fluidized bed was employed to develop the 
gasification process for various biomasses, including woods and sugar cane 
bagasse. 

Several tests where performed using mixtures of oxygen and steam and some 
conditions and results of those experimental tests have been published [368J. 
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TABLE 16.9 Proximate analysis of wood 
(tests T12-1 and T12-2, IGT) 


Fraction 

Percentage (wet basis) 

Moisture 

4.94 

Volatile 

79.39 

Fixed carbon 

14.90 

Ash 

0.77 


One of these cases, to which more detailes are given, is used here for comparison 
against simulation results. 

16.2.2.1 Plant Description and Simulation Inputs 

The main geometry and operational conditions for tests T12-1 and T12-2 are 
presented in Tables 16.9-16.11.* As seen, the pilot unit operates underpressure, 
and this provides a good opportunity to verify the simulation performance in 
such cases. 

An unusual aspect of the operations is that nitrogen was injected into the 
process just for sealing purposes. Of course, this led to a dilution of the produced 
gas as well as loss in efficiency. Obviously, it was not applied in the industrial 
version of the RENUGAS process. 

Another aspect of the pilot operation is that a certain amount of inert (sand) 
was put in the bed before operation started. This is a common procedure on startup 
of bubbling fluidized beds, and used at the IPT unit (Institute of Technological 
Research in Sao Paulo) and probably during IGT operations as well. The bed of 
just sand is heated, usually by burning gas injected through the distributor 


* Unfortunately, a few data or details were not available in the publication [386] and are assumed 
from most probable values. 


TABLE 16.10 Ultimate analysis of wood 
(tests T12-1 and T12-2, IGT) 


Component Percentage (dry basis) 


C 

48.4 

H 

6.31 

N 

0.21 

O 

44.23 

S 

0.03 

Ash 

0.82 
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TABLE 16.11 Operational data used as simulation inputs (tests T12-1 and T12-2, IGT) 


Data 

Value 

Test T12-1 

Test T12-2 

Bed internal diameter (m) 

0.292 

0.292 

Bed height (average) (m) 

1.59 

1.59 

Freeboard internal diameter (m) 

0.451 

0.451 

Freeboard space (m) 

4.56 

4.56 

Wood feeding position a (m) 

0.380 

0.380 

Feeding fuel apparent particle density 13 (kg/m 3 ) 

720 

720 

Feeding fuel real or skeletal density 13 (kg/m 3 ) 

1750 

1750 

Feeding fuel HHV (d.b.) (MJ/kg) 

19.14 

19.14 

Operational pressure (kPa, abs) 

2169.8 

804.6 

Average diameter of feeding fuel (mm) 

0.32 

0.32 

Sphericity of fuel feeding particles 11 

0.5 

0.5 

Fuel feeding rate (kg/s) 

8.113 X 10~ 2 

4.447 X 10 -2 

Feeding rate of oxygen c (kg/s) 

2.057 X 10 2 

1.116 X 10 -2 

Feeding rate of steam (kg/s) 

4.922 X 10~ 2 

3.068 X 10” 2 

Temperature of feeding steam (K) 

672 

672 

Feeding rate of nitrogen c (kg/s) 

4.377 X 10' 2 

4.046 X 10~ 2 


a Measured from the distributor surface. 
b Most probable value due to lack of precise information. 

c Nitrogen was used as sealing gas and it has been assumed here that was injected at the same 
position as fuel particles. 


or torches above the bed. The sand is heated until arrives around 700 or 800 K. 
Then feeding of carbonaceous fuel starts. If sand is no longer fed, its 
concentration tends to decrease as material from the bed is continuously (or at 
intervals) withdrawn from the system. However, one should keep in mind that 
the operation is not rigorously at steady state until all sand is withdrawn from 
the bed. The problem is that, in several situations, an apparent steady state is 
reached because no significant variations occur. The relatively large and denser 
sand particles remain in the bed and their withdrawl is too slow. Unfortunately, 
the IGT publication [368] does not contain details of startup. 

The present simulation assumes that rigorous steady state is achieved and 
departure from that on real operations might jeopardize some comparisons. 

Another source of deviations from real operational results may rest on the fact 
that the FG model (see Chapter 10) was applied here with the same boundary 
conditions as for bituminous coal. Of course, this represents a coarse approximation. 
However, no specific data for wood or any biomass that could be used in the FG 
model was found in the literature. This is a point left for future improvements. 
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FIG. 16.31 Temperature profiles in the bed (test T12-2, IGT). 


16.2.2.2 Real Operation and Simulation Results 

Figure 16.31 and 16.32 present temperature profiles in the bed obtained by 
simulation and measured values (black triangles) for test T12-2 and T12.1, 
respectively. Figure 16.33 illustrates the same for case T12-1; however, 
logarithmic scale for the axial direction (abscissa) was applied in order to 
emphasize the values at regions very near the distributor. This will be useful 
during the discussions of results in the next section. 

Temperature profiles in the freeboard for test T12-1 are presented in Fig. 
16.34. It should be noticed how the gas coming from the bed experiences a fast 
increase in temperature as soon it enters the freeboard. This is easy to understand, 
because the gas entering the freeboard is a mixture of those from emulsion and 
bubbles, and the last one is cooler than the average in the bed (Fig. 16.32). 
Similar shape was obtained for test T12-2, and is therefore redundant. 

Tables 16.12 and 16.13 summarize the real operational data and simulation 
results. 

16.2.2.3 Discussion of Results 

Most of the important aspects regarding fluidization process have been discussed 
in the case of the Babcock & Wilcox test. In this present section, just the most 
interesting remarks are made, as follows: 
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FIG. 16.32 Temperature profiles in the bed (test T12-1, IGT). 
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FIG. 16.33 Temperature profiles in the bed (log. scale) (test T12-1, IGT). 
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FIG. 16.34 Temperature profiles in the freeboard (test T12-2, IGT). 


TABLE 16.12 Main process parameters (tests T12-1 and T12-2, IGT) 



TestT12-l 

Test T12-2 

Parameter 

Real 

Simul. 

Real 

Simul. 

Mass flow of flue gas (kg/s) 

0.184 

0.187 

0.124 

0.1224 

Carbon conversion (%) 

95.6 

93.05 

92.7 

91.99 

Mass flow of elutriated solids (kg/s) 

1.94 X 10~ 3 

9.93 X 10' 5 

1.79 X IQ -3 

7.14 X 10 -5 

Mass flow of tar leaving the 

2.28 X 10 -3 

2.22 X 10“ 3 

1.17 X 10~ 3 

1.34 X 10 -3 

freeboard (kg/s) 

Minimum fluidization velocity 3 (m/s) 

n.d. 

0.455 

n.d. 

0.451 

Average residence time of particles 

n.d. 

2.33 

n.d. 

3.85 

(based on feeding rate) (minutes) 

TDH (m) (measured from the 

n.d. 

4.54 

n.d. 

2.63 

bed surface) 

Mixing index 

n.d. 

0.884 

n.d. 

0.996 


n.d.=not determined or reported. 
a Value at the middle of the bed. 
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TABLE 16.13 Composition of produced gas (tests T12.1 and T12-2, IGT) 


Component 

T12-1 

T12-2 

Real 

Simulation 

Real 

Simulation 

C0 2 

17.06 

16.2858 

11.52 

14.4235 

n 2 

19,18 

19.5295 

27.64 

28.1473 

h 2 o 

35.82 

41.5590 

41.18 

41.1431 

h 2 

12,05 

9.0101 

5.90 

6.5294 

CO 

8.00 

4.3327 

7.72 

1.7374 

ch 4 

7.37 

7.3123 

4.58 

6.3343 

h 2 s 

n.d. 

0.0015 

n.d. 

0.0017 

nh 3 

n.d. 

0.3337 

n.d. 

0.2024 

NO 

n.d. 

0.0000 

n.d. 

0.0000 

n 2 o 

n.d. 

0.0000 

n.d. 

0.0000 

o 2 

n.d. 

0.0000 

n.d. 

0.0000 

so 2 

n.d. 

0.0021 

n.d. 

0.0022 

HCN 

n.d. 

0.0482 

n.d. 

0.1236 

c 2 h 4 

0.03 

0.7175 

0.65 

0.6134 

c 2 h 6 

0.22 

0.5578 

0.56 

0.4768 

c 3 h 6 

n.d. 

0.0266 

n.d. 

0.0227 

C 3 H s 

0.00 

0.0254 

0.01 

0.0217 

c 6 h 6 

0.27 

0.2577 

0.24 

0.2206 


n.d.=not determined. 


1. As seen in Table 16.12, simulation was capable of reproducing fairly 
well most of the operational conditions of both tests, especially for the 
amount of tar escaping with the produced gas. This shows that the 
combination of FG with the DISKIN model can provide good predictions 
in that respect, even as adapted from bituminous boundary conditions. 
Of course, tar is an undesirable component in the product gas and all 
should be done to eliminate or minimize that. Higher temperatures in the 
bed combined with feeding at lower positions to provide longer residence 
time for tar coking and cracking usually works. Additionally, care should 
be taken to avoid segregation and indeed to have a very high mixing rate 
in the bed. As seen in Table 16.12, the mixing rate case T12-1 was a bit 
below the usual, which surpass 0.99. 

2. The deviations in elutriation or rate of entrainment at the top of free¬ 
board (Table 16.12) are acceptable in view of uncertainties in densities of 
fuel solid, as explained before regarding the possible presence of remaining 
sand in the bed. 

3. Figures 16.31 and 16.32 also illustrate how close the simulation 
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reproduced the average temperatures at the middle of the bed. As in the 
case of the combustor (Fig. 16.3), the figures show that bubbles remain 
relatively cool for most part of the process. Flowever, in the present 
case, its temperature approaches the average soon, to depart again near 
the position (0.38 m) where cool nitrogen is injected into the bed. This 
is easy to understand, since injected gases at intermediate positions in 
the bed tend to add the bubble phase. It is important to notice that 
exceptions have been found to this picture of bubbles cooler than the 
bed average throughout the entire bed. As explained in Sec. 3.4, locally 
low concentration of oxygen in the emulsion might allow accumulation 
of unburned fuel gases. These migrate to the bubbles and then burn fast 
as soon as they reach higher temperatures. Therefore, surges of bubble 
temperatures, even surpassing the average in the bed, may occur in 
several processes. 

4. Table 16.13 presents comparisons for concentrations of produced gas. 
The reproductions were acceptable with few exceptions, mainly for carbon 
monoxide. No apparent reason for such localized incoherencies could be 
found. Therefore, it is suspected that these are due to (a) misinterpretation 
of input conditions, which might have occurred (see Sec. 16.2.2. 1) or (b) 
the application of the FG model set for bituminous coal. In any case, it is 
the hope that this point would become clear when proper values of initial 
conditions for application of FG model in cases of biomass become 
available. 

5. Figure 16.33 illustrates the dramatic difference between temperatures 
near the gas distributor surface (-=()). Similar differences are found in 
all cases, no matter if combustion (see Fig. 16.3) or gasification reactors 
operate with oxygen or air (or mixtures) as fluidizing gas. Of course, 
this does not happen in cases where gas free of oxygen (for instance, 
C0 2 ) is used as the gasifying agent. As mentioned before, relatively 
high temperature of carbonaceous fuel near the distributor might indicate 
the possibility of particle agglomeration and bed collapsing. 
Nevertheless, even in those cases, if the residence time of particles at 
high temperature is very short, the probability of agglomeration is low. 
This also occurs here since that region of high values is extremely narrow, 
or less than 1 mm. 

6. Figure 16.33 also shows an interesting sharp peak on the temperature 
of emulsion gas in the region very close to the distributor. This 
happened due to the high temperature of solid fuel that led to a 
localized and relatively high production of CO (Fig. 16.35). This figure 
also illustrates how fast oxygen is consumed here. Such is typical in 
cases of fluidized-bed gasifications, mainly due to the intimate contact 
between emulsion gases and fuel at high temperature (Fig. 16.33). As 
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FIG. 16.35 Concentration profiles of CO, C0 2 and 0 2 in the emulsion (log scale) (test 
T12-1.IGT). 

a consequence of the resistance of mass transfer between emulsion and 
bubbles, oxygen survives longer (until around 10 cm) in that last phase, 
as shown on Fig. 16.36. The concentration profiles of C0 2 , CO, and 0 2 
for the entire system (bed and freeboard) are presented in linear scale in 
Fig. 16.37. 

7. Concentration profiles of other important components and tar are shown 
in Fig. 16.39. The sharp decrease in water concentration is due to 
consumption to produce hydrogen, but mainly because of dilution at the 
injection point of nitrogen into the bed. Methane is produced both by 
carbon and hydrogen reaction as well as by devolatilization of wood 
(feeding around 0.4 m), but mostly from the latter process. 

8. Figure 16.39 shows the concentration of tar in the bed and freeboard. As 
before, the surge appears near the wood feeding point in the bed. From 
there tar is cracked and cooked until a fraction escapes at the top of the 
freeboard. 

9. As seen, pyrolysis is responsible for the production of gases rich in CO, 
CH 4 , and other hydrocarbons. Therefore, higher gasification 
efficiencies can be achieved by avoiding oxidation of these gases. On 
the other hand, tar should be avoided in the exiting gas. All these goals 
can be reached by two main criteria: (a) Ensure that feeding of 
carbonaceous fuel takes place inside the bed but just above the 
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FIG. 16.36 Concentration profiles of CO, C0 2 and 0 2 in the bubbles (log scale) (test 
T12-1.IGT). 



— C02 — CO 02 


FIG. 16.37 Concentration profiles of CO, C0 2 and 0 2 in the system (test T12-1, IGT). 
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FIG. 16.38 Concentration profiles of H 2 0, H 2 , and CH 4 in the system (test T12-1, 
IGT). 
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FIG. 16.39 Concentration profile of tar throughout the bed and freeboard (test T12-1, 
IGT). 
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FIG. 16.40 Rates of main heterogeneous reactions in the bed (test T12-1, IGT). 


oxidizing region, and (b) use deep beds with fuel feeding far from its 
top in order to ensure enough residence time for tar coking and 
cracking, before it reaches the freeboard. These conditions can be 
optimized by simulation. 

10. Figure 16.40 shows the rates of heterogeneous reactions in the bed. 
Obviously, the combustion does not appear here due to the short 
oxidizing region. After that, almost all the remaining heterogeneous 
reactions reach a constant rate. The exception of reaction with hydrogen 
is understandable because the concentration of that gas increases 
relatively slowly (Fig. 16.38) as produced by C+H 2 0 reaction and 
released from pyrolysis. 

11. In the freeboard, heterogeneous reactions are still occurring (Fig. 16.41). 
Nonetheless, their rates are relatively low and lead to small changes in 
concentrations of various gases (Figs. 16.37 and 16.38). 

12. Figures 16.42-16.44 show the most important homogenous reactions 
in the emulsion, bubble, and freeboard, respectively. The log-log graphs 
(Figs. 16.42 and 16.43) emphasize the combustions very near the 
distributor surface. But, it is important to notice the simultaneous 
presence of other reactions not related to combustions. Indeed, the shift 
reaction is the one that maintains relatively high rates throughout the 
process. 
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FIG. 16.41 Rates of main heterogeneous reactions in the freeboard (test T12-1, IGT). 
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FIG. 16.42 Rates of main homogeneous reactions in the emulsion (test T12-1, IGT) 
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FIG. 16.43 Rates of main homogeneous reactions in the bubble (test T12-1, IGT). 
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FIG. 16.44 Rates of main homogeneous reactions in the freeboard (test T12-1, IGT). 
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EXERCISES 

16.1** Implement correlations into the model presented at Chapter 13 to account 
for heat transfer between bed and a surrounding jacket (see Refs. 134, 194, 
196). Assume that liquid water is running into the jacket and no phase change is 
achieved. Develop a method to compute the average temperature inside the 
jacket at each position z. 

16.2*** Repeat Prob. 16.1 for the case where water in the jacket is heat until 
boiling conditions are achieved and heat transfer at nucleate boiling occurs. 
Correlations for heat transfers can be also found in traditional engineering books 
or textbooks [134,194,196]. 

16.3** Improve the system of boundary conditions, shown in Chapter 13 (See. 
13.3.1), in order to allow intermediate injections of gases into the bed or 
freeboard. 

16.4**** Write a simulation program for a fluidized-bed gasifier, which is 
supposed to operate under the following conditions: 

• Steady-state regime. 

• The gasifier is continuously fed with porous spherical particles of pure 
graphite. 

• Air is continuously fed through the distributor or bottom of the bed. 

• Assume, for instance, the following data: 

Mass flow of feeding particles: l.OxlO' 2 kg s' 1 . 

Calculate the mass flow of air in order to be 25% of the necessary for 
complete or stoichiometric combustion of feeding fuel. 

Gasifier internal diameter: 0.5 m 
Bed height: 2.0 m 

Apparent density of feeding particles: 1000 kg m' 3 
Real density of feeding particles: 2000 kg m 3 
Global bed density: 700 kg m' 3 
Operating pressure: 100 kPa 

Calculate an average diameter of feeding particles that would lead to 
an minimum fluidization velocity (at 298 K) that would be 90% of 
the superficial velocity of stream (air) injected through the 
distribution 

Feeding particles are dry and volatile free. There is, therefore, no need to 
introduce routines or calculations regarding those processes. 

In order to allow the combustion of CO, assume that the concentration of 
water in the entering gas is 1/100 of the concentration of oxygen. 

• Assume adiabatic rector, i.e., neglect the heat transfer to environment. 

• Use the routines developed in previous chapters or use the available 
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literature [134,180,181,213] and Appendix B to set the calculations for 
the physical-chemical properties. 

Guiding steps: 

1. Write the basic equations or the mass and energy differential equations. 

2. Write the boundary conditions. 

3. Develop a simplified block diagram for the computation. 

4. Write the auxiliary equations for the chemical kinetics, equilibrium, 
physical and chemical properties, enthalpy and heat transfer 
calculations, etc. 

5. Develop more detailed block diagrams for each subroutine or part of your 
model. 

6. Consult the literature [ 184-187] or commercially available packages (such 
as 1MSL) for the convergence routines as well for methods to solve the 
systems of differential equations. 

7. Write the program. 

8. Obtain the numerical results for the concentrations and temperature 
profiles throughout the bed. 

16.5**** Improve the Prob. 16.4 program by adding a routine for computation 
of rates and composition of pyrolysis yields. For a first approximation, just use 
the Loison and Chauvin equations 10.23-10.28. Integrate that to the program and 
run for a case of charcoal. Use the input described for case T12-1 from IGT. 

16.6**** Repeat Prob. 16.5 using the program developed for Prob. 10.4 or FG 
combined with DISKIN model. 

16.7**** Improve your program even further to allow simulations of boilers. 
For a test, use data as given above for the case of Babcock & Wilcox unit. 
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Fundamental Equations of 
Transport Phenomena 


The fundamental equations of mass (global and species), momentum, and energy 
conservation are well known and extensively published [1-3,197]. It is not the 
objective of the present book to repeal the deductions of these equations. 

The general forms of fundamental equations use vector and tensor notations. 
Although elegant, these forms have to be rewritten in the scalar form for each 
direction again to be applicable to models and for easier computation. Therefore, 
we avoid them and list the equations in more easy-to-use forms. 

Actually, the forms presented here are simplifications. For instance, the 
equations for momentum transfer presented here assume Newtonian fluid 
behavior, constant density, and viscosity. The reader may find this difficult to 
accept, mainly in cases of combustion processes where gases are involved. This 
is true, but these differential equations are not going to be applied for sizable 
control volumes. As the text indicates, the differential balances are almost 
always used to set the system of differential equations for numerical solutions. 
During these solutions, the equations are solved for a very small control volume. 
The solutions for variables (such as temperature, pressure, velocity, and 
concentration) are used to set the boundary conditions for the next small volume. 
Therefore, the assumptions usually are good approximations, as long as 
numerical methods are applied to small finite volumes. If the above approach 
cannot be used, the reader should consult classical references [1-3,197] to 
extract the necessary differential equations. 
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z 



FIG. A.l System of rectangular (x, y, z) and cylindrical (r, 0, z) coordinates. 


Figure A. 1 illustrates the rectangular, cylindrical and spherical coordinate 
systems. 

The various equations for continuity, mass, energy, and momentum transfers 
are listed for rectangular coordinates in Table A.l, for cylindrical coordinates 
in Table A.2, and for spherical coordinates in Table A.3. 

A few additional important notes regarding the above tables are listed below: 

• In the equations of mass transfer, the diffusion coefficient l), should be 
understood as the diffusivity of component j into the other at the same 
control volume. If a mixture of components is involved, the form shown 
here is an approximation. More precise definitions and calculations of 
diffusion coefficients may be found in the literature [1-3,180,181]. 


z 



FIG. A2 System of spherical coordinates ( r, 0, c[»). 
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TABLE A.l Equations in rectangular coordinates 


Type 


Equation 


Total mass 
continuity 


dp j 3(p«x) [ d(pny) ( d(p«.) _ Q 

df dx dy dz 


Species j 
continuity 
(p and Dj 
constants) 


Energy 

conservati 

on 

(Newtonia 
n, p and A 
constants) 


Momentum 
conservati 
on,* 
direction 
(Newtonia 
n, p and p 
constants) 

Momentum 
conservati 
on,y 
direction 
(Newtonia 
n, p and p 
constants) 

Momentum 
conservati 
on, z 
direction 
(Newtonia 
n, p and p 
constants) 


dp, dpj dp; dp, 

dt Ux dx y dy ; dz 


D, 


a 2 P| . d 2 p, d 2 p, 

+ — z-+-—- 


dx 2 dy 2 dz 2 


+ R M.j 


pc 


dT dT dT dT 


dt 


- + «.t 


dx 


- + w v 


- + «7 


dy dz 


d 2 T d 2 T d 2 T 

—T + —T + —T 
dx 2 dy 2 dz 2 


+ 2p 


(du^' 

( dx , 




\2 


du z 

dz 




du x + duy + ' du x + du : f ( du y + du- 
dy dx I dz dx I I dz dy 


+ Rn 


du x 


du x 


P ^r + " r-T- + «; 


du x du x 


dt A dx v dy " dz 


d P 
dx 


+ P 


d 2 u, d 2 «, d 2 u x ) 

-- +- - + - — +pe r 

v dx 2 dy 2 dz 2 J P 


dUy dUy dUy dUy 

di +Uz l7 




d p 


OUy OUy OUy 

dx 2 + dy 2 + dz 2 


+ P Sy 



du, du, du, 

+Ux li7 +Uy -ty +Uz lk 


dP d 2 u, d\ d\ 

—+p ——f+—r 

dz dx 2 dy 2 dz 2 



Number 

A.l 

A.2 


A.3 


A.4 


A.5 


A.6 
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Type 


Equation 


Number 


Total mass 
continuity 


9p | 1 3(p ru r ) | 1 9(pue) | d(piQ _ Q 
dt r dr r 00 9 z 


Species j 
continuity (p 
and Dj 
constants) 


dp; , u 

dt r dr r 90 ' 9z 


r 2 90 2 0z 2 


Dj 


_1_3 

r dr 


.dp L 

dr 


+ R, 


M.j 


A.8 


Energy 
conservation 
(Newtonian, 
p and \ 
constants) 


Momentum 
conservation, 
r direction 
(Newtonian, 
p and p. 
constants) 


pc 


9 t dr «e dr dr 

- + Ur - + — — + U- — 

dt dr r 90 ' 9z 


1 0 ( r dT^ 


r dr I dr 


1 9 2 r <rT_ 

+ r 2 00 2 + 0z 2 


+ 2 p 

( d“r T 

1 ( dug 

2 

=1 

kr 

- -r^- + Ur 

H 30 ) 

+ kJ 

1 



du- du, 

97 + "9F 


\ 2 r 


1 dii r 9 
—r—+r— — 
r 90 9rl r 


>+R„ 


du r du r «e du r Ug du r 
dt r dr r 90 r dz 


dP 

-Tr + » 


9 f 1 d(ru r )Y 1 9 2 u r 2 dug + d 2 u r 


9rlr dr I r 2 90 2 r 2 96 9z 2 


+ PSr 


A.9 


A.10 


Momentum 
conservation, 
0 direction 
(Newtonian, 
p and p. 
constants) 

Momentum 
conservation, 
z direction 
(Newtonian, 
p and p, 
constants) 


(dug dug Ug dug U r Ug dug 

^ dt dr r 90 r dz 


^9P 

r 90 


+P 


du- 

p| ~^+“r^+—^-+“z-^r 


dP 
" 9z 


dr 

Jr 1 

90 2 

T--- 4 -- 

r 2 96 dz 2 

du- 
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Ug du- 


dit] 


dr 

r 00 


dz J 


I d 
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, 1 

0 2 m z 

. d 2 M : 

rdr 1 

! dr ; 

r 2 

00 2 

1 dz 2 . 


+ PSe 


+ Pft 


A.l 1 


A.12 
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TABLE A.3 Equations in spherical coordinates 


Type 


Equation 


Number 


Total mass 
continuity 


dp + 1 d(pr 2 u r ) + 1 3(pMesinO) | 1 d(pup) _^ 

dr r 2 dr rsinO d0 rsinO d<b 


A.13 


Species j 
continuity 
(p and Dj 
constants) 


Energy 

conservation 
(Newtonian, 
p and \ 
constants) 


3p) + 


«e a P; 

, “4 a P J 

dr + 

*r - ^ 

dr 

r d0 

rsinO d0 

- 4_n 

1 9 I 

2 dp/ 

], 1 a 

+Uj 

r 2 dr | 

dr 

r 2 sin0d0 


' . dp, 

stn0—— 

s 


de 


1 d 2 p, 


r 2 sin 2 0 dtp' 1 


+ Rm.i 


(dr dr M 9 dr up dr 'l 
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= A. 
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rsin0 d0 dr I r 
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sin0 d 
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V 1 due 

r d0 

[sinO 
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+ /f„ 


A. 14 


A.15 


Momentum 
conservation, 
r direction 
(Newtonian, p 
and p. 
constants) 


( 2 2^ 
du r du r ue du r “6 +“p up du r 

dr r dr r d0 r rsinO d0 
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2 2 d 

V Ur - Ur - 

r r 2 r 2 d0 r 2 d0 r 2 


2 due 2 
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r 2 sin0 d0 
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A.16 


( continued) 
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Type 


Equation 


Number 


Momentum 
conservation, 
0 direction 
(Newtonian, 
p and p 
constants) 



A. 17 


Momentum 
conservation, 
4> direction 
(Newtonian, 
p and p 
constants) 



A. 18 


The equations for energy transfer consider the heat fluxes only in terms 
of conduction. However, heat transfer by radiation may take place. 
Unfortunately, there is not a simple way to include that phenomenon in 
the above equations because radiative transfer depends not just on the 
properties of the emitting body but also on the receiving part, and vice 
versa. 

In the mass transfer equations, R Mj should be a uniform rate of generation 
(+) or consumption (-) per unit of volume throughout the entire control 
volume. 

In the energy transfer equations, R 0 is the rate of generation (+) or 
consumption (-) of energy per unit of volume. For instance, if 
endothermic or exothermic chemical reactions or electrical heating are 
involved, the term should be added to the equations. It is important to 
stress that the energy should be uniformly delivered or consumed 
throughout the entire control volume. Heat transfers due to localized 
processes should be accounted for by the other terms in the equations. 
The energy addition provided by work is already included in the form 
of the viscous dissipation terms (those involving the momentum transfer 
or shear-stress tensors). 

Finally, the Laplacian operator, used in momentum transfer in spherical 
coordinates, is given by 
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Notes on Thermodynamics 


The objectives of this appendix is to: 

• Ensure a uniform notation regarding concepts used at various points of 
the book 

• Present some definitions and methods applied also at various situations 
in the main text 

B.l HEAT AND WORK 

A given portion of matter is called the system. No mass flow crosses the system 
boundary. However, in the case of a control volume (CV), mass can flow into or 
from it. It is easy to start a study of definitions by considering systems. 

In thermodynamics the most important entities are interactions and 
properties. Heat and work are interactions between a system and its surrounding 
environment. Temperature, pressure, volume, energy, entropy, enthalpy, exergy, 
etc. are properties of a system. In addition, temperature and pressure are intensive 
properties; i.e., they do not depend on the amount of mass in the system. 
However, extensive properties such as energy do. If the value of an extensive 
property is divided by the mass in the system, the result is the respective specific 
value, which is now called an intensive property. Throughout the book, the 
value of a property should be understood as the value of its intensive or specific 
value. 
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Heat interaction can occur between a system and its surroundings only if, in 
the absence of adiabatic walls, temperature difference exists between them. 

Work is an interaction that takes place between a system and its surroundings 
if the only effect could be represented by the lifting or by the resisted descent 
of a weight in the environment. Resisted descent excludes free falls in a 
gravitational field. This is because in classical thermodynamics work is 
understood as useful mechanical work. No useful work can be drawn from free 
fall, since no resistance is imposed on it. If there were a resistance, it could, for 
instance, be used to lift another weight or perform other forms or work, such as 
turning an electrical generator shaft. Therefore, the values of accelerations for 
resisted downward movements vary between zero (constant velocity fall) and 
values smaller than the characteristic of local gravitational field g. 

Properties of a system do not require reference to its environment condition 
in order to be measured or evaluated. In opposition, heat or work can only be 
measured or evaluated only if a process, involving the system and its 
environment, is occurring. Measurement of intensity or effects of those processes 
might allow quantification of heat and work interactions. On the other hand, 
the values of properties—e.g., temperature, pressure, and others—are not 
functions of particular processes between the system and its environment. 

The notation for heat interaction reserves positive values if an increase in 
the internal energy of the involved system is verified as a consequence of that 
sole interaction. Reversibly, the heat interactions would have negative values 
if, acting as the only interaction with the surrounding environment, would 
provoke a decrease in the internal energy of the involved system. 

The notation for work interaction reserves positive values if a decrease in 
the internal energy of the involved system is verified as a consequence of that 
sole interaction. Reversibly, the work interactions would have negative values 
if, acting as the only interaction with the surrounding environment, would 
provoke an increase in the internal energy of the involved system. 

It is also important to stress the character of system-environment interactions, 
represented by heat and work. It is usual to refer to these processes as heat 
transfer and work transfer, respectively. However, one should be careful because 
they are just interactions or processes and the involved system does not have 
heat or work to transfer. Also, it makes no sense to talk about temperature 
transfer, volume transfer, entropy transfer, or even exergy transfer.' They are 
properties, and properties cannot be transferred between a system and its 
environment. Properties, however, can experience modifications on their values 
due to heat and work interactions. 


* Some authors insist on discussing entropy or energy transfers. These are very relaxed 
concepts and might lead to mistakes. 
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In addition, the clear distinction between properties and interactions is 
necessary to preserve the mathematical rigor. For instance, different from 
interactions, properties can be differentiated exactly. Properties are point 
functions, while interactions are line functions. As line functions, heat and 
work cannot present exact derivatives. This is because the amounts of heat or 
work interactions depend on the process path, which is given by sequence of 
states experienced by the system. 

As mentioned before, a control volume differs from a system because matter 
can enter and leave the CV. This does not prevent to apply the above concepts. 
Heat and work interaction can be observed between a CV and its environment. 
Values of properties can be assigned to a CV. The mass in the CV might vary, 
and if so, the values of intensive properties should be obtained by dividing the 
respective extensive value by the instantaneous mass held within the CV. 

The rate at which heat interaction occurs between the CV and the environment 
can be measured by using the energy balance equation for a CV (Eq. 5.3 or 5.4). 
The same can be said for rate at which work (or power) interaction occurs. 

To facilitate the dialogue, the following text may, in several occasions, refer 
to heat and work transfers. One should be aware of the imprecision of these 
expressions. 


B.2 CHEMICAL EQUILIBRIUM EQUATION 

From the classical thermodynamics, the equilibrium for an isolated system is 
attained when the Gibbs function reaches a minimum, or 


dG 


T,P 


= 0 


(B.l) 


As the Gibbs function for a system, where a given number of components n n , or 
chemical species are present, is a function of its properties, as for instance T, P, 
and composition, is possible to write 


G = G(T, P, n h n 2, ••*, « C p) (te-2) 

For fixed temperature and pressure, the total derivative of the Gibbs function is 


dG 


T,P 


j =1 


dG 

drij 


"cp 

drij = (L j drij 

/r,p,tij*n k j =x 


(B.3) 


The equilibrium requires Gibbs function to reach a minimum, and therefore Eq. 
B.3 leads to 
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"CP 


XM«/=o 

j =i 


(B.4) 


On the other hand, when equilibrium of reaction i is established, the following 
relationship among all involved chemical species j: 


drij 

-= constant 


(B.5) 


The reader should remember that the stoichiometry coefficients are positive for 
the products and negative for reactants. Equations B.4 and B.5 lead to 

"CP 

X Vj,t$j = 0 (B.6) 

i=l 

The definition of chemical potential of specific molar Gibbs function is 

P,- = fj (T, P ) = hj(D ~ TSj (T. P) (B.7) 


which, for ideal gaseous components, can be written as 


A j=hj(T)-T 


s<).j(T)-P\ n 



(B.8) 


where the calculations for enthalpy and entropy are shown later in this chapter. 
Since 


go j = hj ( T) - Ts 0J (T ) 


(B.8a) 


Equation B.8 can be written as 

A; = loj (T) + KT In(B.9) 
Pq 

where the 0 subscript indicates the reference pressure (usually 1 atm). Thus, 
using Eq. B.6, the equilibrium imposes 


«CP 

X v J,< 

j =1 


g 0J (T)+RT\n^- 

Pq 


(B.10) 


Calling 


ncP 

AGq = ^VjjgojiT) 


j =i 



(B.ll) 
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The formation enthalpies, absolute entropy, and polynomial coefficients to 
compute specific heats of some substances can be found in Tab. B.l. It is now 
possible to write 


AGp 

RT 


= In 


"CP 

IP 

3= i 



(B.12) 


The equilibrium coefficient K is defined as the exponential of the first member 
of the above equation; therefore, 


/ 

K, =exp 

V 


AGq 

RT 


\ 


7 


"CP 


n*r 

7=1 



"CP 

n 

7=1 


V CPy ■ 


(B.13) 


B.3 SPECIFIC HEAT 

Table B.l provides relations between temperature and specific heat of few 
substances. The objective here is just to provide few values to apply in examples. 

The form presented here is the same for solids, liquids and gases (ideal). This 
facilitates building computational routine for iterative process where several 
phases and their mixtures may be involved. 

Table B.l was developed from compilations of several sources [40- 
42,134,188,189,213,270,271]. Of course, similar and more complete tables 
can be found in almost any manual for engineers or other professionals of exact 
sciences. In any case, it is advisable to verify the limits of temperature for which 
the relations are applicable. If the temperature surpasses the upper or lower 
limit, adopt the value computed at those limits for higher and lower temperatures, 
respectively. This is called saturation procedure. 

B.4 CORRECTION FOR DEPARTURE FROM IDEAL BEHAVIOR 

When conditions depart from ideal, the Redlich-Kwong equations may be used 
for corrections of thermodynamic property values. Of course, several other 
methods can be found in the literature [180,181,213]. However, the Redlich- 
Kwong-Soave equation is one of the most applied and more than enough for this 
introductory text. By that, enthalpy and entropy can be computed by [181]: 

h — Rq = a — do + T(s — Sq) + RT{Z— 1) 

- - = , v - C2 Ci v + C2 g_ v 

s - sq = RT In-— In- 1 - RT In — 

v 2 C 2 T 2/3 C 2 v 0 


(B.14) 

(B.15) 
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TABLE B.l List of parameters for computation of various properties 


Coefficients for equation: 


Chemical 

species 

Cp = 3| + a2 T + a3 T 2 + 

Specific heat (AJ kmol -1 K~‘) and temperature (K) 

Molecular 

mass 

(kg kmol” 1 ) 

~h° f 

(MJ kmol ') 

s° 

8 f 

(MJ kmol “ 1 ) 

3f° 

(kJ kmol 1 
K-') 

0| a 

a 2 

a 3 

a 4 

ALO-t (S) 

.11376E3 

.15108E-1 

—.16144E-5 

— .34642E7 

101.961 

-1676.8 

-1583.3 

50.95 

CO) 

.16336E2 

.60972E-2 

— .64762E-6 

-.83634E6 

12.011 

0 

0 

5.74 

Ca(s) a 

.20682E2 

.17765E-1 

—.18696E-5 

.51256E5 

40.080 

0 

0 

41.74 

CaC0 3 0) 

.10213E3 

.28002E-1 

- .29650E-5 

—.25145E7 

100.089 

-1207.7 

-1129.5 

92.95 

CaO(s) 

.48362E2 

.57497E-2 

- .60058E-6 

.66959E6 

56.079 

-635.51 

-604.16 

39.77 

CaS(s) a 

.40936E2 

.20272E-1 

— .21335E-5 

.58490E5 

72.140 

-482.74 

-477.71 

56.52 

CaS0 4 (s) 

.59267E2 

.12590E0 

— .13250E-4 

.36325E6 

136.138 

-1433.6 

-1321.2 

10.68 

CH 4 (#) 

.23607E2 

.49622E-1 

— .52248E-5 

—.21280E6 

16.043 

-74.86 

-50.85 

186.44 

C 2 H 4 (g) 

.39278E2 

.56445E-! 

— .59491E-5 

—.10745E7 

28.054 

52.50 

68.39 

219.43 

C 2 H 6 (#) 

.41385E2 

.83145E-1 

— .87601E-5 

—.11449E7 

30.069 

-84.78 

-33.00 

229.64 

C 2 H 6 0 ethanol)#) 

.71242E2 

.59924E-1 

—.63223E-5 

— .20813E7 

46.069 

-23.48 

-168.18 

282.78 

CjH 6 propene)#) 

.55852E2 

.90085E-1 

— .94938E-5 

—.16060E7 

42.080 

20.43 

62.76 

267.12 

CiH« Propane)#) 

.64642E2 

.11326E0 

—.11936E-4 

—.21008E7 

44.096 

-103.92 

-23.49 

270.09 

C 4 H| 0 «-butane(#) 

.95505E2 

.12143EO 

—.12802E-4 

—.28842E7 

58.123 

-126.23 

-17.17 

310.33 

C 4 Hi 2 /i-pentane(#) 

.10812E3 

.17362E0 

—.18300E-4 

—.34173E7 

72.150 

-146.54 

-8.37 

349.18 

C 6 H 6 benzene)#) 

.88627E2 

. 12074E0 

—.12735E-4 

-.36688E7 

78.113 

82.98 

129.75 

269.38 

C 6 H| 4 n-hexane(#) 

.12982E3 

.2))429E0 

-.21533E-4 

—.41081E7 

86.177 

-167.31 

-0.25 

388.66 

CO)#) 

.28448E2 

.23633E-2 

—.24877E-6 

.42919E4 

28.010 

-110.60 

-137.24 

197.68 

C0 2 (#) 

.36299E2 

.20352E-1 

— .21455E-5 

— .44910E6 

44.010 

-393.78 

-394.64 

213.82 

H 2 (#) 

.25310E2 

.82575E-2 

— .86850E-6 

.10601E6 

2.0158 

0 

0 

130.61 

HCN)#) 

.31096E2 

.24898E-1 

—.26225E-5 

—.22130E6 

27.026 

134.82 

124.35 

201.85 


( Continued) 
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TABLE B.l Continued 


Chemical 

species 

Coefficients for equation: 

C P = ai + a 2 T + a 3 T 2 + a/T 2 

Specific heat (kS kmol -1 K -1 ) and temperature (K) 

Molecular 

mass 

(kg kmol -1 ) 

h°f 

(MJ kmol -1 ) 

8°f 

(MJ kmol -1 ) 

r° 

(kJ kmol -1 

i K -1 ) 

«i a 

a 2 

a 2 

a 4 

H 2 0(g) 

.28166E2 

.14667E-1 

— .15433E-5 

.10023E6 

18.015 

-241.98 

-228.76 

188.85 

H 2 0(l) b 

.66581E2 

.22762E-1 

— .23946E-5 

.20325E6 

18.015 

-286.02 

-237.40 

70.13 

H 2 S(s) 

.29805E2 

.15288E-1 

-.16093E-5 

—.55732E4 

34.076 

-20.93 

-33.83 

205.82 

Mg(.v) 

.19393E2 

.16217E-1 

—.17067E-5 

.63535E5 

24.305 

0 

0 

32.70 

MgC0 3 (x)“ 

.71520E2 

.73652E-1 

—.77634E-5 

—.15288E7 

84.314 

-1113.7 

-1030.0 

65.73 

MgO(s) 

.41807E2 

.92938E-2 

— .98241E-6 

—.59270E6 

40.304 

-601.64 

-569.32 

26.96 

MgS0 4 (s) 

.59267E2 

. 12590E0 

—.13250E-4 

.36325E6 

120.363 

-1262.6 

-1148.3 

91.44 

NH 3 (g) 

.305I9E2 

.24586E-1 

—.25893E-5 

-.18315E6 

17.030 

-46.22 

-16.72 

192.76 

NO(g) 

.27599E2 

.64315E-2 

—.67677E-6 

.32370E5 

30.006 

90.31 

86.64 

210.72 

N0 2 (g) 

.40332E2 

.85968E-2 

— .90872E-6 

— .54386E6 

46.006 

33.49 

51.58 

240.32 

N 2 (g) 

.27883E2 

.29838E-2 

—.31384E-6 

.38452E5 

28.013 

0 

0 

191.62 

N 2 0(g) 

.37741E2 

. 19836E-1 

-.20910E-5 

—.42985E6 

44.013 

82.06 

104.18 

220.02 

0 2 (g) 

.31119E2 

.31088E-3 

—.33884E-7 

— .16342E6 

31.999 

0 

0 

205.17 

Si0 2 (s) 

.54295E2 

.19658E-1 

—.20789E-5 

—.13874E7 

60.084 

-911.55 

-857.25 

41.87 

S0 2 (g) 

.42129E2 

.12388E-1 

—.13078E-5 

—.53787E6 

64.059 

-297.10 

-300.41 

248.23 

Zn(s) 

.21282E2 

.12803E-1 

—.13475E-5 

.36941E5 

65.380 

0 

0 

41.66 

ZnO (s) 

.48453E2 

.6525 IE-2 

—.69305E-6 

—.89371E6 

81.379 

-350.85 

-320.88 

43.67 


Otherwise indicated, correlations are valid from 298 to 1500 K (of course, if no decomposition occurs). 

* For instance the number .12345E-5 means 0.12345xl0' 5 . (a) Interval: 298-1000 K. (b) Interval: 298-500 K. 
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where the index 0 indicates the ideal value. 

The Helmoltz energy is given by 

a-ao= -RT In ? - — - - --- In -/Tin — 

v 2 C 2 T C 2 vo 

Other properties and parameters for their computation follow: 

p _ RT Q a RTC 2 f 
v-C 2 Qb v(v + C 2 ) 


(B.16) 


(B.17) 


_ tog Czf 

v-C 2 Q& (v + C 2 ) 

n a R 2 T c 25 


C 2 


Cl b RT c 

Pc 


(B.18) 

(B.19) 

(B.19a) 


= 


9(2 2/3 -l) 


,1/3 


£lb =■ 


vo 


RT 

P 


The Soave form for factor/has been adopted: 

/ = —[! + (0.480 +1,574co - 0.176ro 2 )(1 - T r 05 )] 2 
P[ 


(B.19b) 


(B.19c) 

(B.19d) 


(B.19e) 


Extensive tables with critical constants and Pitzer’s acentric factor to can be 
found, for instance, at Ref. 181 or even older editions. 


B.5 GENERALIZED OD-S MODELS 

The treatment here may be applied to almost any sort of equipment in order to 
provide a first zero-dimensional mode: Equations 5.1-5.4 (Chapter 5) should 
be followed by the treatment below. 
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B.5.1 Second Law 

The application of Eq. 5.4 may face difficulties in some situations, for instance, 
if the state of at least one exiting stream from a CV is not known and the 
generated or consumed power by the CV is not known as well. In such situations 
the second law of thermodynamics might help. 

The second law applied to each CVs of a process formed by n„ equipment or 
parts operating at steady state can be written as [40,41] 



where the second term involves the heat exchanges with the environment at 
various discrete points j of the control surface, which is at interface temperature 
Tj. Rigorously, it is given by an integral over that surface, or 



(B.21) 


performed over the CS. The symbol 8 is used here to indicate the inexact 
differential. The last term in the left side of Eq. B.20 is the rate of irreversibility 
generated in the CV. 

Since the rate of irreversibility generation is often known, the application of 
Eq. B.20 is useful to establish limiting or ideal conditions. On the other hand, 
as work is not involved, its application is ideal to set those conditions for 
systems that involve work or power input or output, such as compressors, pumps, 
turbines, etc. For instance, an ideal turbine could be thought of as the one 
working under adiabatic and reversible conditions, as discussed below. 

B.5.1.1 Isenthalpic and Isentropic models 

Ideal representations of equipment or process are very useful and allow verifying 
the limiting operational conditions or maximum possible performance of such 
equipment. After that, the application of efficiency coefficients determines the 
performance of real operations. 

Limiting or ideal conditions require a few assumptions. For the above classes 
of equipment, the usual are: 

1. Adiabatic operation. Heat transfer through the CS is zero, or 


0 = 0 


(B.22) 


2. No work is involved or consumed, or 


W= 0 


(B.23) 
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3. Kinetic and potential energy are negligible when compared with the 
variations of enthalpy among inputs and outputs, and 


«SR 


X ^SR 

%R=1 


f 2 

“/SR 


+ gZ/SR 


A 

4SR.;CV = 0 

/ 


1 < tcv S n cv 


(B.24) 


4. Reversible operations. The rate of irreversibility generation is zero, or 

Y= 0 (B.25) 

Of course, a group of equipment might, approximately, fit or not some 
of these requirements. For instance, reactors cannot fit requirement B.25 
because they involve chemical reactions. Despite that, it is possible to 
devise the following two main ideal models applicable for a consider¬ 
able group of industrial equipment or systems: 

A. Isenthalpic model. For this, steady-state operation and requirements 
given by Eqs. B.22-B.24 are assumed. Therefore, Eq. 5.4 becomes 

"SR 

X ^sr^:srAsr,!CV = 0 (B.26) 

[ SR = 1 


B. Isentropic model. For this, steady-state operation and requirements 
given by Eqs. B.22 and B.25 are assumed. Therefore, Eq. 5.4 becomes 


«SR 

X ^'SR'>iSR/,SR,iCV = 0 

'SR=1 


(B.27) 


It is important to stress that isenthalpic here means no overall variation of 
enthalpy. This differs from the usual concept that classifies an isenthalpic 
process just for those involving one input and one output stream with same 
enthalpy, an example is during throttling of a fluid through a valve, which also 
follows Eq. B.26. 

Of course, for most processes, just approximations of these limits are possible. 
Almost all, even with good insulations, adiabatic conditions are not met. All 
involve some sort of irreversibility, and for almost just the following can, 
sometimes, be assumed. 


«SR 

X ^sr%rAsr,/cv » 

‘SR=1 


n SR 

X ^ sr 

<SR=1 


f 2 

“/SR 


+ g^iSR 


\ 

4sR,iCV( 

/ 


B.28) 
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Equipment that approach the isenthalpic model is called near isenthalpic and 
that which approach the isentropic model is called near isentropic. Among the 
near isenthalpic are combustors, gasifiers, heat exchangers, mixers, valves, 
separators, distillation columns, etc. Among the near isentropic: compressors, 
pumps, turbines, etc. 

Therefore, all industrial equipment operating at steady-state (or even near 
steady-state) conditions can be classified between the two limits: isenthalpic 
and isentropic. How well they approach these limits is provided by the 
application of efficiencies. 

B.5.2 Efficiencies 

B.5.2.1 Efficiencies Based on Enthalpy 

The efficiency for near-isenthalpic equipment can be given by 


«SR 

X ^SR%r4sR,(CV -(1- "Hemal, /Cv)#ref = 0 

*SR=1 


(B.29) 


which can alternatively be written in molar basis. 

Comments of the meaning of the present efficiency are found in Chapter 5. 
Apart from those presented in Chapter 5, some examples of commonly assumed 
efficiencies follow: 

• Heat exchangers, between 0.96 and 0.98 for H lef , as for the enthalpy 
variation in one fluid passing through the exchanger times its mass 
flow 

• Mixers and splitters, around 0.99 for H rc{ , as for the mass flow of the 
entering streams multiplied by their respective mass flows 

• Boilers, between 0.95 and 0.97 for H lc{ , similar to the case of combustor. 

B.5.2.2 Efficiencies Based on Entropy 

Given the above development, it is opportune to introduce a similar definition 
as Eq. B.29, for near-isentropic process, or 


X ^SRASr4sR,/CV - (1 - Hentro.jCV )*Sref =0 
*"SR=1 


(B.30) 


Here the parameter S rd is the reference entropy. For example, in the case of 
turbines, it could be set as the entropy of the entering gas stream. 

Despite the logic coherence, the above definition is not usual and might be 
used only after tests to set the efficiencies. The usual method is a bit different, 
and requires especial definition and considerations for each type of equipment. 
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For instance, turbine efficiency is defined by the ratio between the power rate 
(actually produced by the turbine) and the power that would be obtained from 
the turbine if an isentropic route had been followed. For compressors and pumps 
that ratio should be inverted. A generalization is possible using 


«SR 


X ^VSR^SrAsR.iCV - T lental,!( 


CV 


!SR=1 


«SR 

X ^SR^iSR^SR.CV 

'SR=1 


= 0 


/ 


isoentropic 


(B.31) 


where the isentropic path could be obtained by 
«sr * 

X ^'SR‘ S 'iSR^SR.(CV = 0 
<SR=1 


(B.32) 


Here h* iSR represent the enthalpy and s* iSR represent the entropy of an exit 
stream I SR . The exponent C varies for each kind of equipment; for turbines it is 
equal to 1 and for compressors and pumps it is equal to -1. 

The usual values for efficiencies are 


Compressors: between 0.80 and 0.90 
Turbines: between 0.80 and 0.92 
Pumps: between 0.60 and 0.90 
Nozzles or ejectors: around 0.95 

B.5.2.3 Efficiencies Based on Exergy 

Despite its usefulness in calculations involving turbines, compressors, and 
pumps, the definitions of efficiency based on Eqs. B.30-B.32 have little or no 
use in processes involving combustion or gasification. However, definitions 
based on exergy can be very useful, even for those processes. 

Again, let us confine our definitions and deductions to systems operating at 
steady-state regimes. Exergy (sometimes called availability) is a property of 
matter. For a given amount of mass or system it is defined as the maximum 
theoretical work obtainable from that system and given by [40-42,188] 

2 

b = (h-ho)-T 0 (s-s Q ) + — + gz (B.33) 

Here h, s, u, and z, respectively, are the average enthalpy, entropy, velocity, and 
height of the system related to a reference (usually the sea level). The index 0 
refers to the conditions found in the ambiance at temperature T 0 and pressure 
P 0 . The conditions at ambiance temperature, pressure, composition, and sea 
level are usually called the dead state. Therefore, a system that could reach the 
dead state would be incapable of providing any useful work. Equations B.33 
can also be applied to individual streams. This allows the use for a CV. In this 
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case, exergy is the maximum power output from the CV and can be obtained by 
the exergy contributions from all entering and leaving stream, or 

"SR 


W(CV,max = X ^'SR^iSr4sRjCV 


(B.34) 


‘SR=1 


In general, for a CV the following equation is valid: 


"SR 


W iCV - X ^SR^SrAsR.iCV + X 

i SR= 1 j 


1- 


7b 


Qj-Yicv 


(B.35) 


One should resist the temptation of applying terms such as “balance of exergy” 
simply because, different from energy, exergy is a property which is not conserved 
in a process. The same applies to entropy. 

As seen, an adiabatic CV (or well-insulated machine, for instance) going 
through a reversible process would develop the maximum possible power 
output given by the overall computation of exergy. 

The definitions of exergetic efficiencies can be set as the ratio between the 
actual power output and the maximum possible one. The efficiencies based on 
exergy are also called second law efficiencies, while the ones based on enthalpies 
or energy are called first law Efficiencies. A list of exergetic efficiency 
definitions for more common cases follows. 


Turbines: 


Tiexer.i'cv 


Wi 


! cv 


Wi 


*CV, max 


(B.36) 


It should be remembered that the first law efficiency for a turbine is 
given by the ratio between the actual power output from the turbine and 
the power output of an equivalent isentropic turbine. 

Pumps and compressors: 


_ ^iCV.max 
lexer,iCV — ■ 

"iCV 


(B.37) 


Heat exchangers: 


hexer.jCV — 


X ^srAsr^sr 


JSR 


COLD 


X^srAsrAsr 

JSR 


HOT 


(B.38) 
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here the indexes COLD and HOT indicate the cold and hot streams (or 
legs) entering and leaving the heat exchanger. 

Combustors and gasififiers: 


(Fb)v 


HexeryCV — y ^ 

X ^srAsr 


leaving stream 


Entering streams 


(B.39) 


Here the leaving stream represents the gas from the combustor or gasifier. 
All enthalpies used to compute exergy should include the formation 
and sensible values. Typical exergy efficiencies for fluidized-bed 
combustors and gasifiers vary from 20 to 30%. 

Alternative generalization. Similar to the efficiencies based on enthalpy 
and entropy, exergy around the CV could be set taking into account the 
efficiency through the following: 

"SR 

X ^'SR^SrA'SR.jCV -(1 - Hexer.iCV )B re f = W(:\ (B.40) 

'SR =1 


For instance, in cases of turbines B rd can be set as the total exergy of 
entering streams. For compressors and pumps B lcf could be the total 
exergy of the leaving stream. For heat exchangers and mixers the power 
involved are usually zero and B rcf could be the total entering exergy 
and variation of exergy of the hot side or leg, respectively. From these, 
the applications to other class of equipment can be easily devised. If the 
mechanical or electrical power input or output is known, Equation 
B.40 may substitute Eqs. B.29 and B.30. For near-isenthalpic equip¬ 
ment, such as boilers (not including pumping sections), combustors, or 
gasifers, this is not a problem because the mechanical power is zero. In 
cases of combustors and gasifiers, definition by Eq. B.39 leads to the 
same values as from Eq. B.40. Those interested in deeper aspects of 
exergy may consult Ref. 188. 


B.5.3 Summary 

The method to solve the OD-S model for equipment involving work or power 
input/output in order to obtain, for instance, the composition and temperature 
of the existing stream follows the same as that described in Sec. 5.5 with the 
addition of Eq. B.30 (or B.31) and a value for the efficiency based on entropy. 
Another route is to employ Eq. B.40 and respective value for efficiency. 
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B.6 HEAT VALUES 

The heat value has two different definitions. One is the low heat value, or L lw , 
which is measured by the energy released in the form of heat when one mass 
unit of fuel is burned with stoichiometric amount of oxygen—both fuel and 
oxygen initially at 298 K and 1 bar. The equipment to do so is called a 
calorimeter, and a given mass of fuel (usually dry) is burned in a chamber 
surrounded by a water jacket. The variation of water temperature is measured 
during the process. As the amount of water in the jacket is known, the enthalpy 
variation of the water divided by the mass of the fuel in the chamber gives the 
L m . During the process, the hydrogen content of the fuel is transformed to 
steam. If the steam in the internal chamber is allowed to condense, some extra 
energy is released to the water in the surrounding jacket. This leads to a further 
increase on the temperature of the water in the jacket, and this extra amount of 
energy is added to the L l]v to obtain the high heat value, or // HV . Actually, heat 
values are forms to express combustion enthalpy. 

The formula for estimate the i H v from ll !W is 

H\4~9h,„ v w H (B.41) 

where w B is the mass fraction of hydrogen (dry basis) in the fuel (from proximate 
analysis) and /; vap is the enthalpy of vaporization at 101.325 kPa, or 2.258xl0 6 
J/kg. 

In the absense of specific information, the following formulas (see Table 8.2 
for notation) allow estimating the high heat values (in J/kg)[8]: 

• For fuel with the cases of coaT: 

* If w 551 , da£ <l.lxl0- 3 , 

=2.326xl0 5 (144.5w c ,daf+610.0w Hi d a f 

-62.5vvo,daf+40.5w s>da£ )(l-w asM ) (B.41a) 

* If !T 5 5i,da(=l-lxlO- 3 , 

^hv,<;= 2.326x 10 5 ( 144.5w c daf + 610.0w Hda f 

-(65.9-31.0wo >daf )wo, da f +40.5rv s ,d a f)(l-vv asM ) (B.41b) 

• For wood or other biomasses, 

H hv , ( f 4.184x 10 5 (81.848w c ,d+263.38w H ,d 

-28.645(w o ,d+w Ni d)-3.658w asM +0.16371) (B.41c) 

* Here the indices at mass fractions indicate elements. 
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B.7 REPRESENTATIVE FORMATION ENTHALPY OF A SOLID FUEL 


The method to calculate a representative formation enthalpy of solid fuel is 
shown here. It may facilitate computations in combustion and gasification 
because the fuel can be treated as any other in overall energy balances. 

If pure carbon (graphite) is inserted into a calorimeter to determine its 
combustion enthalpy or heat value, the following total combustion would 
occur: 


C+0 2 -^C0 2 


If the reactants and products are at 298K, the released heat would be the 
definition of heat value as well, given by 


HVC ~~ A^c 1 ^ /,C + hf ’° 2 ~ ^ f ' C ° 2 ■ 


(B.42) 


Of course, formation enthalpies of carbon and oxygen are zero. Also, since no 
water is produced from that reaction, the high heat value is equal to the low 
heat value. 

The same experience for a general solid fuel, under the complete combustion, 
or (see Tables 8.1 and 8.2 for notation) 


^■^« 531^ a 551 ^546 S <, 563 A ag24 


CO 2 + ~~ H 2 O + a54ftNO TagfigSO; + %24 A 


«531 a 551 «546 

+|1+ ~i—r + i“ +aM3 


O 2 —> 


(B.43) 


leads to a similar relation or 


^HV.ifuel 


1 

Mf ue l 


f 

hf, fuel 


V 




- X v Aj 

j =prod 


(B.44) 


Here it is more convenient to work with the low heat value because in combustion 
and gasification processes, water is usually kept as vapor. It should be noticed 
that /.| [v is determined using dried fuel, or in dry basis. However, ash should be 
present. 

Eq. B.44 serves as a definition of representative formation enthalpy for the 
fuel, which in mass basis is given by 


hffuel = LHV,d,fuel + —- 

M fue l 


X v Aj 

;'=prod 


(B.45) 
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The stoichiometry coefficients of products in the last summation of B.45 are 
those in the left side of reaction B.43, and should include ash. The representative 
molecular mass of the fuel is simply given by the coefficients of components in 
its formula: 


824 


-^fuel — ^ S jMj 
2=514 


(B.46) 


Equations B.44 and B.45 are consistent at any situation. For instance, in the 
case of pure carbon (or graphite), they lead to fuel formation enthalpy equal to 
zero, even in the case of pure ash (or exhausted fuel and modeled here by Si0 2 ), 
where the heat value is zero, as well as the right side of B.44. 

The coefficients a ! in the fuel representative formula are easily determined 
from the ultimate analysis (wj, dry basis), as 


w d,j M 5 14 
Wd,514 Mj 


j =514,531,546,551,563,824 


(B.47) 
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Appendix C 

Possible Improvements on 
Modeling Heterogeneous Reactions 


Solutions for the concentration profiles of a single component; within a particle 
were presented in Chapter 9. There it was assumed that an individual reaction, 
responsible for the consumption of component ;' inside the particle, did not 
suffer interference from other simultaneous reactions taking place at the same 
physical space. The effect of various simultaneous reactions upon the 
concentration profile of component; was obtained by the simple summation of 
reaction rates r, involving; (Eq. 9.2). 

The other approximation was to assume an isothermal particle. Although 
employed by almost all models in the area of gas-solid process, that approach 
may lead to important deviations. 

The classic criteria to evaluate if the isothermal hypothesis is reasonable or 
not uses the number of Biot, given by 


JVfii = 


aV P 

ApXp 


(C.l) 


where ot is the convective heat transfer coefficient at the particle surface. If N B i 
is smaller than 0.1, the hypothesis of near isothermal particle is reasonable. 

Considering a typical coal moving-bed gasifier, the following values could 
be found: 
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• Thermal conductivity around 0.26 W m 1 K' 1 

• Convective heat transfer around 100 W m 2 K 1 

Assuming particles with shape almost spherical, the isothermal hypothesis 
would be reasonable for diameters below 1.5 cm. For charcoal, this number 
could be something around 0.7 cm. On the other hand, it is not uncommon to 
find cases of moving-bed reactors where the particles have average dimensions 
above the critical values as computed above. Therefore, it is expected that the 
temperature within the particle would vary. In addition, as the reaction rates 
strongly depend on the temperature, one should expect that the solutions for 
isothermal particles might lead to serious deviations from the reality. 

In this appendix, tentative solution for the profiles of a component j inside 
a reacting particle where several simultaneous reactions take place is shown. In 
addition, the problem of nonisothermal particle is going to be addressed. This 
might allow more secure conclusions on the validity or not of the isothermal 
particle assumption. These considerations may be useful for further 
improvements on the models presented in the main text. 

C.l GENERAL MASS BALANCE FORA PARTICLE 

It has been seen that Eq. 9.6 represents the continuity of species. If M 
simultaneous reactions are involved in the process, the general balance for the 
species; is written as 


M 

v2 y / +£ v y O|y'/=0 


(C.2) 


Here it is also assumed that the «-order reactions can be written in the form 
shown by Eq. 9.3. The Thiele modulus is still given by Eq. 9.8. 

Now consider the following notation: 

• V;}=|v,,| when v„=0, or j is being produced by reaction i 

• Vy=|v„| when v, =0, or j is being consumed by reaction i 

Therefore, Eq. C.2 can be written as 



(C.3) 


C.2 GENERALIZED ENERGY BALANCE FORA PARTICLE 

From the general energy balance for reacting system [1], it is possible to write 
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V.q = 2*,[(V.Jj)-S,] 


(C.4) 


The heat transfer flux vector is given by 


q = -X V T 

and the mass flux vector is given by 


(C.5) 



(C.6) 


Here the diffusivity coefficient should be understood as the diffusivity of 
component j in the media presented at the local position. In a porous media, it 
is given by the effective diffusivity, as seen in Chapters 9 and 11. 

Let it be assumed that in the case of combustion and gasification processes, 
the individual molecular mass could be approximately equal to the average of 
the gas mixture. Also, for a condition where the global molar concentration 
almost constant, Eq. C.6 becomes 


ij=-DjVpj 


(C.7) 


Finally, Eq. C.4 becomes 


XV 2 r = £ hjDi V 2 p j - X hj X (Pi - P ,/. e q )" 


(C.8) 


J 


J 


Applying the following changing of variables: 



(C.9) 


T 

J- OO 


Combined with Eq. C.8, it is possible to write 



(C.10) 


where 


t/2 


V/ - (p j Pi'.eq) 



(C.11) 


and 



Ojhj(pj pj^eq) 2 
11 


(C.12) 
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At this point some important conclusions can be drawn: 

• The temperature profile of a reacting particle is influenced by two basic 
terms: the energy transfer due to the mass (with respective enthalpy) 
transported by diffusion, which is represented by the first term on the 
right side of Eq. C.10, and an energy transfer due to the enthalpy 
modification due to the reactions, which is represented by the second 
term on the right side of Eq. C.10. 

• As expected, highly conductive particles present smoother temperature 
profiles. This can be seen by looking at the dimensionless coefficients 
'P and (2 (Eq. C.ll and C.12). Depending on the magnitude, this could 
justify the hypothesis of isothermal particle. 

• Again expected, the problem runs away from the isothermal 
approximation for larger particles, as can be seen by the influence of r A 
in dimensionless 12. 

• The problem also runs away from the isothermal approximation for 
faster exothermic and endothermic reactions far from equilibrium, as 
can be seen by the combined influence of coefficients k,, the difference 
p y — p ; eq , and the enthalpy hj. It should not be forgotten that the 
resulting influence is given by the summation of the contributions from 
various reactions. In fact, for regions of the reactor where fast exothermic 
reactions surpass the endothermic, or vice versa, it is possible to neglect 
the first right-side term of Eq. C. 10 when compared with the second. On 
the other hand, if the exothermic and endothermic reactions balance 
each other leading to an almost zero overall energy release, the hypothesis 
of isotherm particle is valid. 

C.2.1 Example of Application for Unexposed-Core Particle 

Let us exemplify for a particle in slab form (Fig. C. 1). Here the physical-chemical 
properties are assumed constants and only first-order reactions are present. 


shell 

_ 



'nucleus 


FIG. C.l Scheme of a flat particle. 
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C.2.1.1 Mass Balance 

For the shell, where no reaction occurs, Eq. C.2 becomes 
d 2 y, 

—= 0 a < x < 1 
dx 2 

for which the solution is 


(C.13) 


y J= fl 1 jX+fl 2 j a<x= 1 
For the core, the solutions are 


(C.14) 


y.i = Zl- 4 ; swh(x^ij^)+B] cosh(x®ijjv^)+Aj sin (xtoy 

i 

+Bj cos(x$y i Jvij ) 



0 < x < a (C15) 


As the total mass transfer is zero at the center of the particle (x=0), the derivatives 
of concentration are also zero at that point. The reader can verify that the 
solution acquires the form 

}'j = X,f-®7cosh(.T®) + Bj cos(x$ ij Jvj] )] 0 <x<a ( C 16 ) 


The coefficients a Vj , a 2p Bj , and Bt can be obtained by the interface conditions 


D d} ’ J 

DtK lb 


: D jX 


dx 


(C.17) 


valid at the interface between the nucleus and the layer of spent material or 
shell, and 


dyj_ 

dx 


D 


'JO 


D 


jA 


N Sh ,j [1-^(1)] 


(C.18) 


where 


Nshj = 


DjG 


(C.19) 


and valid at particle surface. 

Also, the concentration values at the core-shell interface should be in 
equilibrium, or 
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(C.20) 


yk X ~> a ')-~ ^core sheUyX X— ^ fl+ ) 

The equilibrium parameter y is obtained from experimental determinations, 
and should be a function of temperature, pressure, and concentration itself. The 
same is valid for the gas-shell interface 

1 )=Y Jg as S heny/^^1 + ) (C.21) 

Therefore, the four boundary conditions above provide the means to determine 
the four constants. 

It should be noticed that the treatment using equilibrium correlation is more 
rigorous than the approximation employed in Chapter 9, where the equality of 
the concentration at the core-shell interface was assumed. 

Finally, it should be observed that the coefficients BJ and Bt need to be 
positive and therefore, from Eq. C.16, 

• If j is being consumed, the concentration the determinant profile is a 
hyperbolic cosine. This would provide a decreasing concentration of) 
toward the particle center. 

• If j is being produced, the determinant concentration profile is a cosine, 
and the concentration increases from the particle center toward its surface. 

C.2.1.2 Energy Balance 

It is possible to obtain the temperature profile in the regions where fast dominant 
exothermic (or endothermic) reactions take place. In this case, the energy balance 
becomes 

7 I=-X w$yj (C. 22 ) 

uX j 1 


For the shell region, the solution given by Eq. C.14 can be used and the above 
equation leads to 


e== -XX( v l+ v y) Q I 


Q\j -h &2J -H d^X + $4 


a < x < 1 


(C.23) 


For the nucleus, the solution C.16 is substituted into C.22, leading to 


</e 

dx 




j 1 


X—~7= sinh ( 


B T 


inf 


sin 


y y v y 


v i/ l +fl 5 


0 < x< a 


(C.24) 
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As the temperature profile is similar at the center of the slab (x=0), the constant 
a 5 is zero. 

The second integration leads to 


0 =-£Z(^+v ff ) 


A]B~ 

-cosh[ x<PjjsJv,j 


V 


y 


XjBj 


cosj x&ijJVjj | +a 6 


0 <x<a 


(C.25) 


Here the a new dimensionless parameter appears and is readily given from Eq. 
C.12 as 


D j hj (py p /,eq ) 


(C.26) 


It should be noticed that Ay does not depend on the particular reaction i. This 
parameter is very useful for the analysis of the influence of various properties 
and conditions on the temperature profile. 

The constants a 3 , a 4 , and a 6 can be obtained from: 


• The identity of temperature obtained by Eqs. C.23 and C.25 at the 
coreshell interface (x=a), or 

0(x— >a )=0(v— >a+) (C.27) 

• The identity of heat flux at that interface, or 




de 

dx 


. dQ 
1 A .A — 
dx 


(C.28) 


• The heat transfer at the surface of the particle 


dQ 

dx 


.i^r 


~ T“" N N u [1 — 0(1)] 

k A 


where 


•^Nu - 


Ct.SG r A 

hG 


(C.29) 


(C.30) 
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Appendix D 

Improvements on Various Aspects 


Here, few possible or actually implemented in the present simulation program 
for fluidized bed equipment are described. 


D.l RATE OF PARTICLES CIRCULATION IN THE FLUIDIZED BED 


In order to illustrate a possible generalization of Soo’s work [296-298] and 
allow the computations of circulation rates of individual particle species in a 
multispecies fluidized bed is proposed here. 

The set of equations for such a generalization is described below: 

• Continuity for the gas phase: 


1 d(ru r ) du , 

7~ + lf =0 


(D.l) 


The reader should notice that both axial u, and radial u r velocities are 
functions of radial and axial directions. 

Continuity of solid species m: 


J_ m,r ) ^ u m,z _ q 

r dr dz 


(D.2) 
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Momentum (z component) for the solid species m: 


®-m (ttg , z ) 

Pm 


f 2 \ 

1 d d d Hm,£ 


r dr dr 


\ 


dz Z 




M 

~§ ^ ( !< /.;: ~ Ufn,z ) — ^ 

1=1 


(D.3) 


Averaged momentum of the mixture (gas and solid phases): 

dP M 

ZT f M0,z fm tP mS^m T (pm 1 p)*?3 ” 0 (1-1-4) 

m =I 


The boundary conditions are: 


At z=0 (base of the bed), 0 u=u 02 , u,„ =(), and P= P 0 . 

At z=z D (top of the bed), 0«„,,=() (no particle escape from the 
bed). Therefore, this is a strong approximation. 

At r=0 (center line of the bed), 0<z<z D : u r = 0, 0, and du m Jdr = 0. 

At r=R (wall), 0<z<z ;> ' n,=0, u mr =Q, u z =0, u m2 = u mz (R,z). The axial or 
vertical velocity at the wall is assumed to be a “slide” velocity, which 
can be computed for semi-empirical correlation. 


As a first trial, it is intended to apply similar but generalized series solutions as 
in this work for the velocity fields, or: 


u z = «o - + sin 


‘ nz A 


£ c » 
, Z D jn=\ 


( \ n_1 
r 


\ R J 


(D.5) 


u r 


71 R 

=-cos 

ZD 


r nz 

)l 

c„ 

f r T 

l z ° 

n + l 

w 


(D.6) 


: sin 


( „ \ 
nz 

\ Zd j 


n =1 


{ \ n ~ l 
r 


\ R j 


(D.7) 


nR 

— COS 

ZD 


/ . 


nz 


\ Z D J„=l« + 1 


( „ \ n 


\ R J 


(D.8) 
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Similar to the approach employed before [296-297], the coefficients C„ and 
a m „ are determined trough the application of solutions D.5 to D.8 into Eqs. 
D.1-D.4 and respective boundary conditions. 

These forms are very convenient because they automatically satisfy the 
continuity equations. They also satisfy most of the boundary conditions, which 
are also generalized from the work of Soo [297]. However, the above series are 
not completely consistent with the momentum equations, and only an 
approximate solution is possible. 

Although the solution of the above problem is not within the scope of the 
present text, some hints or suggestions for possible improvements are mentioned. 
For instance, the momentum equations used by Soo did not include the 
convective terms. The simplification has probably been the cause of some poor 
results against experimental values at various conditions. To improve the 
generalization, the inclusion of convective terms in the momentum equations 
can be tried as well. In order to apply the proposed series solutions to the new 
system and to minimize deviations from the exact solution of this boundary 
value problem, the weighted residual methods—in particular, the method of 
orthogonal collocation [335-336]—might be used. The number of collocation 
points can be varied to seek a compromise between precision and computational 
times. In both cases, the computational algorithm should be developed. 

At an average rate of circulation of particles at each axial position z would 
be calculated by 


H :m — Pm( w m,z)av — n 

Bl 


Bm +1 


A m,z 


r dr 


(D.9) 


Here, B,„ andi5 m+1 are the roots of the u m z function in the radial direction at each 
height z in the bed, and the integral should be computed only for the regions 
where u mz is positive (indicated by the plus sign) or in an upward direction. The 
integration for regions of negative u mz would lead to the same value for the 
average circulation due to the hypothesis that r/,„, 2 (z a r) is null, or non-escape 
of particles from the bed. Therefore, the circulation rates would be computed at 
close intervals throughout the bed height. This would allow approximate 
uncoupling from the energy and mass balances, which include all transfers, 
production, and consumption due to chemical reactions, as found in furnaces 
and gasifiers. 

Up to now, no experimental determination of circulation rates of individual 
different species of particles could be found in the literature. Of course, this 
would not allow confirmation of the solutions. However, overall checks of the 
model and comparisons with experimental data or semiempirical correlation 
can be made using the total average of the circulation. Future experimental 
research may fill this gap. In addition, it must be remembered that the circulation 
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rate of each species has a significant influence on various parameters—for 
instance, individual and average temperature profiles. 

D.2 IMPROVEMENTS ON THE FLUIDIZED-BED EQUIPMENT 
SIMULATOR (FBES) 


Since its first version [145,146] the simulator for fluidized-bed boilers and 
gasifiers has received a great amount of improvements. Among the most 
important there are: 

• Application of FG model (see Chapter 10) for calculations of fuel 
devolatilization. Computation of total tar release uses DISKIN model. 

• Introduction of rigorous overall balance based on formation enthalpy 
of fuel (see Appendix B). 

• Inclusion of more data regarding kinetics of heterogeneous reactions 
for a wide range of solid fuels. 

• Extensive improvements on calculations of physical and chemical 
properties of each chemical species as well mixtures. A complete data 
bank that can also compute deviations from ideality was developed. It 
is capable to compute properties at a wide range of temperatures and 
pressures. 

• General improvements on computations of equilibrium of reaction using 
Gibbs formation enthalpies and the above-mentioned data bank. 

• Introduction of routines to compute several interesting engineering 
design parameters, among them: 

Possibility of several intermediate gas injections at any point of the bed 
and freeboard. The injected gas can have any desired composition. 
Erosion rate of tubes immersed in the bed. 

Heat transfers to jacket surround the bed or freeboard. The jacket can 
operate with water, or any mixture of gases, and these can be diverted 
to use elsewhere or reinjected into any point in the bed or freeboard. 
Circulation rates of individual solids that each point of the bed. 
Possibility to simulate processes where fuel or any other solid feeding 
is made using slurries (mixtures with liquid water). Such methods are 
being employed in large pressurized boilers and gasifiers to avoid 
the usual problems with solid feeding against pressurized 
environment. 
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Basics of Turbulent Flow 


The basic aspects of turbulent flow are shown here just to help discussions that 
appear throughout the book. 

E.l MOMENTUM TRANSFER 

As mentioned in Chapter 6, in turbulent flow important fluctuations on the 
velocity field appear. The usual treatment is to represent the velocity by a time- 
averaged value added to fluctuations. For instance, for the component in the x 
direction, 

Mx ~ Mx + ( E- f ) 

where the average velocity in a sufficiently large time interval 8 1 would be 
given by 



(E.2) 


The time interval should be such that the value of parameter a computed by 


2 t+At 

— \u x dt = a 
At i 


(E.3) 
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is zero or very near zero. 

To illustrate the nature of turbulence, consider the case of turbulent flow in 
a pipe. Typically, three main regions can be distinguished: 

• A central layer of fully developed turbulent regime 

• A layer very close of the tube wall where laminar regime is found 

• A buffer zone intermediate between the above two 


From this, one can conclude that flows between narrow channels (as found in 
packed beds) can be treated—at least as a good approximation—as laminar, 
even if the overall flow would be turbulent for an equivalent empty bed. 

When the forms given by Eq. E.l are substituted into the momentum 
equation, or 

p—= -VE- V»T+pg (E.4) 


the following is obtained [1] 


LJ U — _ 

P ~Dt" = _VP_V#Tlam +V#Ttur+pg 


(E.5) 


As seen, a term representing the shear stress due to turbulent flow is added to 
the former laminar representation in Eq. E.4. 

The basic difference among all treatments of turbulent flow rests on how the 
viscosity relates to the turbulent shear stress given by 




— M-tur,. 




dy 


(E.6) 


Here the tensor component xy was chosen just to illustrate the various forms. 
These are called closure relations or closure strategies. Consider a few examples 
[1-3,136]: 


1. Boussinesq’s approach. His work dates from 1877 and assumes a similar 
form for Newtonian stress, i.e., taking the viscosity as a value that could 
be experimentally determined as a constant. However, the turbulent or 
eddy viscosity is not a property of the fluid, but rather a function 
involving all conditions including the position inside the flow. 

2. Prandtl’s approach. A similarity between the movement of molecules 
and the movement of pockets of fluid (eddies) is assumed. The analogy 
led Prandtl to imagine mixing lengths [1] similar to the free path of 
molecules, and to write 
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2 

Eturjo> — — 


du x 

dy 


(E.7) 


The problem with this formulation is that the mixing lengths are func¬ 
tions of position as well. However, some success was achieved by de¬ 
scribing the length as a linear function of the distance y from the wall, or 


I=C$ 


(E.8) 


3. 


where C i is a constant. 

von Kdrman’s approach. He suggested the following form: 


Etur, 


*y 


-pci 


(d u x / dy) 3 


(>d 2 u x /dy z ) 


,2x2 


(E.9) 


4. 


In the original work, the parameter C 2 is assumed as a constant equal to 
0.4. Later works found it would be better represented by 0.36. 
Deissler’s approach. He proposed the following: 


Etur,. 




-pC \u x y 


1 - exp 

f Cju x y) 


_ 

{ W )\ 


(E.10) 


The constant C 3 was determined as 0.124. 

5. Prandtl-Kolmogorov’s approach. The following is assumed: 


Etur,.ty — pt- 4 " 


(EH) 


where k, is a specific kinetic energy and e, the dissipation rate of that 
energy. For instance, the kinetic energy (in the x direction) is given by 


kt =-% 


(E.12) 


Notice that the time average is performed over the square of fluctua¬ 
tions of velocity. Actually, the evaluation of k, is usually made through 
the following equation (in the flow x direction): 

d pJJ. dk t ^_ du x 

" " ' - (E.13) 


dk, _ dk, 
—- + u x —- 
dt dx 


dx 


C 5 dx 


U X Uy £f 

dy 


The dissipation of that kinetics energy is 
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£/ 


= C 6 


k, 


3/2 


h 


(E.14) 


6 . 


where C 5 and C 6 are (usually) empirically determined constants and I 2 is 
dissipation length, which should not be mistaken by the one indicated 
in Eq. E.7. This approach brings some inconvenience because the dissi¬ 
pation length is as difficult to estimate as the Prandtl mixing value. 
k-e approach. The above approach is replaced by an equation to describe 
the kinetic energy dissipation rate, given by 


de t _ 9e, 


dt 


- + u 


dx 


d_ 

dx 


PH de, 
C 5 dx 

\. 


-Ci 


r £ t ^\ _ du >: 

U X Uy— -Cg 


k, 


2 


\ 1 / 


dy 


K 


(E.15) 


V * / 


As this model requires the solution of Eqs. E.13 and E.15, it is also 
classified as the two-equation model. This is the most employed ap¬ 
proach, in cases of combustion applying pneumatic transport techniques, 
but it does not represent well several situations, particularly from 
strongly swirling flows. 


The solutions of Eqs. E.13 and E.15 require specifications of boundary 
conditions. This is one of the awkward aspects because, rigorously speaking, 
each case requires experimental determination of turbulence intensity at inject 
positions. Estimations are possible [136]. 


E.2 HE AT AND MASS TRANSFERS 

As seen, turbulence affects the velocity field unevenly and in a molecular 
level. Therefore, it is easy to imagine that it also affects the rate of mixing of, for 
instance, two reacting gases. Similarly, turbulence affects the rate of heat transfer 
within the flowing gas or liquid. 

The analytical treatment for effects of turbulence on heat and mass transfer 
follows principles similar to momentum transfer. There the affected parameter 
is viscosity, which is the dissipative function for velocity distribution. As the 
dissipative term is the one involving the second derivative of the main variable 
on directions, in heat transfers that part is played by thermal conductivity and 
by diffusivity in mass transfers. 

Looking at Eqs. E.5 and E. 6 , it is easy to verify that Newtonian representation 
of total shear stress—in a given direction x —can be written as 

x du x 

% — — (H + Htur.iT ) ^ (E. 16) 
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where the first viscosity is the usually employed for laminar flows. Therefore, it 
is possible [197] to write Fourier’s law for turbulent flow in the same directions 
as 


- _ . . dT 

( l.\: — (A + Atur ) 

OX 


(E.17) 


For mass transfer, Fick’s law for turbulent flow would become 


— 9p. 

jj,x = ~( Djk + Djk tur )— 

ox 


(E. 18) 


Here the mass transfer, indices j and k are the involved chemical components. 
Notice that isotropy is assumed for thermal conductivity and diffusivity. 

These aspects are the responsible for additional complications in modeling 
and simulation of combustion or gasification in suspensions. On the other 
hand, heat and mass fluxes are vectors, while shear stress is a tensor. This allows 
much simpler treatments for heat and mass when compared with momentum. 
That is why it is possible to develop relatively simple empirical and 
semiempirical correlations that represent well convective heat and mass transfers 
coefficients. These correlations are found in almost all texts in the subject, as 
for instance in Refs. 1-3, 194-197. 


E3 REACTION KINETICS 

The presence of turbulence also affects the kinetics of reactions. Consider, for 
instance, two reacting gas-gas chemical species. Similarly, the fluctuations of 
velocity, fluctuations on concentration pj, and t temperature also occur. These 
will affect the computations of reaction rate. 

Just as an example, consider the reaction i, assumed irreversible and following 
the rate in the classical form, or from Eq. 5.15, 


n = 


1 dPj 

Vjj dt ki 


m=ncp 

n a? 


m=l 


(E.19) 


In addition, if the kinetic coefficient follows the Arrhenius form, the resulting 
relation would be 


n = 


_L dj>£ 

V# dt 



m=ncp 

n p. 


m =1 


(E.20) 


The fluctuations can be written in similar fashion to E. 1, or 
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and 


T = t + t 
p j = Vi + % 


(E.21) 

(E.22) 


The averages could be computed in forms similar to Eq. E.2. Therefore, it 
becomes obvious that substitution of those into Eq. E.20 would not maintain 
that form, or 


ft * b;e 


~E;fRT 


m—ncp 


n 

m -1 


Pm" 


(E.23) 


As an example, an originally Arrhenius form for the kinetic coefficient, can be 
given [255] by the following series: 


/ 

k = k o exp 

V 


b 

T 




(E.24) 


where 



(E.25) 


Despite that, some situations of turbulence allow maintaining the form of E. 20 
at least as a reasonable approximation. This occurs, for instance, when the 
reaction times are much greater than the turbulent time scale, which is given by 
the time to mix (due to turbulence) two reacting components at molecular level 
before the reaction occurs. Therefore, if the reaction is slow enough that the 
time for mixing can be ignored. However, for very fast reactions, the mixing 
time might be the limiting factor. In these situations, the kinetics should include 
turbulence effect. 

The realistic treatment for situation on turbulent combustion, or in most 
industrial flames, is through the application of chain mechanisms (see Chapter 
8 ). Simulation of flames is beyond the scope of the present introduction, but 
the interested reader would find plenty of material in, for instance, Refs. 135, 
136, and 190-193. 
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Appendix F 

Classifications of Modeling for 
Bubbling Fluidized-Bed Equipment 


Here comments of various levels and aspects of modeling and simulation of 
equipment operating under bubbling fluidized beds are presented. Comments 
on various characteristics of a number of published models have already been 
made throughout the main text. There is no intention to present a review or 
assessment study. The comments below are only intended to help guide those 
beginning in the area as well to orient future developments. 

F.l MAIN ASPECTS 

Several works on modeling of bubbling fluidized-bed equipment have been 
published. Examples from those dealing with a more comprehensive approach 
are Refs. 145, 146, 150-154, 183, 207-209, 229, 274, 275, 314-319, and 
337-366. Specific aspects of many among these are discussed in Chapters 14 
and 15. 

As seen in Chapters 3 and 13-16, fluidized-bed combustors and gasifiers 
involve a respectable amount of aspects. Each of them can be attacked at several 
levels, which does not necessarily imply a degree of difficulty. Among the most 
important with respective levels are: 

1. Phases in the bed 

a. One phase: no distinction between bubbles and emulsion 

b. Two phase: bubble and emulsion 

c. Three phase: cloud, bubble and emulsion 
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2. Gas flow regime 

a. Zero dimensional in compartments or total 

b. One dimensional or plug-flow for gas and bubble 

c. Two dimensional 

3. Solid flow regime 

a. Well stirred 

b. Well stirred in compartments 

c. Combination of well and ill stirred 

d. Two dimensional 

4. Chemical reactions 

a. Instantaneous or just equilibrium 

b. Considers rates plus some sort of control 

5. Devolatilization 

a. Not considered 

b. Instantaneous 

c. Homogeneous release 

d. Proportional to mixing or feeding rates 

e. Diffusion and kinetic controlled 

6 . Pollutant generations 

a. SO* generation and absorption 

b. NO* generation and consumption 

7. Heat transfers 

a. Between phases 

b. Between phases and immersed surfaces 

8 . Particle size distribution 

a. Variations not included 

b. Variations due to chemical reactions 

c. Variations due to chemical reactions, attrition, entrainment to 
freeboard 

9. Freeboard processes 

a. Not considered 

b. Considers just particle flow decay 

c. Considers particle flow decay and chemical reactions 

d. Considers all above plus heat transfers to tubes 

10. Compared experimental or real operations 

a. Combustors and/or boilers 

b. Gasifiers 

There are few works with tables where these or similar aspects are used to 
classify models and simulation programs [145,359*]. However the author feels 
that those starting in the area should begin developing a simulation model to 
better appreciate these differences. 

* Several other models have appeared in the literature, since as well improvements on 
former ones. 
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Appendix G 

Basic Techniques of Kinetics 
Determination 


Refined experimental techniques have been employed to study various aspects 
of kinetics involving solid fuels, and most of those can be classified into two 
main classes of laboratorial methods: 

• Captive or batch, where a fixed amount of solid sample is inserted just 
once into the equipment for analysis at the beginning of the run 

• Continuous or steady state, where the sample is continuously fed and 
withdrawn from the equipment used for the analysis 

The most used captive equipments employ the thermal gravimetric analysis 
(TGA, or simply TG) method. The sample of fine particles is put in a small barge 
and into a chamber. Gas (inert or other) stream is made to pass through the 
chamber. The temperature and pressure of the injected gas stream are controlled, 
while the gas leaving the chamber is continuously analyzed. A series of 
thermocouples measure the gas and sample temperatures and sample is weighted 
at each instant. Two basic processes are used: 

1. The isothermal method, where the gas is kept at a constant temperature. 
The sample is assumed to reach that temperature in a very short time 
and kept at that temperature. 

2. The dynamic method or dynamic thermogravimetry, where the gas 
stream is slowly heated (most of the time under a linear increase 
regarding time). 
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In any analysis, the sample of solid should be finely divided to avoid the 
interference of mass transport of gas components in and out of the particle 
interior or pores. These transports occur at rates that might be of the same or 
even higher order of the investigated reaction kinetics. Actually, before extracting 
the definitive data to derive the kinetics, several tests are carried employing 
samples with decreasing particle sizes. The useful data are from the tests whose 
results are no longer affected by the particle size of the sample. However, even 
a small sample of fine powder takes time to heat to a desired temperature. 
Therefore, still during procedures intended to be isothermal, the sample may 
spend considerable time under temperatures below the desired for the 
determinations. Depending of the rate of kinetics of the process which one is 
intending to determine or measure, that procedure may lead to serious errors 
and therefore unacceptable [16]. Combustion reactions are an example. Even 
reactions associate to devolatilizations fall into that category. On the other 
hand, these problems are avoided by the dynamic method and decomposition 
kinetics is obtained from the TGA measurements. 

Three main groups of techniques are used to derive the kinetics of 
decomposition [16]: 

• Integral methods, which employ the area covered by the curve in the 
graph of weight against time. The most used are the analytical solution, 
van Krevelen, Kissinger, Horowitz and Metzger, and Coats and Redfen. 

• Differential methods, which employ the rate of mass loss at various 
times. The most employed are classical, MLR (multiple linear regression). 
Freeman and Carroll, Vachusca and Voboril. In addition to the first 
derivative of solid conversion against time, the Vachusca & Voboril 
method uses the second derivative as well. 

• Special methods that cannot be classified as integral or differential. The 
most used are Reich. Friedman, Reich and Stivala, and Popescu and Segal. 

In addition, Carrasco [16] presents a critical review of TGA methods applied to 
pyrolysis. He also derived a general methodology for the study of thermal 
decomposition kinetics of materials by means of dynamic thermogravimetry 
with linear variation of temperature. Since then, almost all works in the area 
tend to employ dynamic methods. 

Another important aspect of any method is to guarantee the correct atmosphere 
around the sample of solid particles. For instance, to ensure inert atmosphere, 
argon is commonly used in determinations of pyrolysis kinetics. Moreover, the 
flow of argon should ensure that gases from the devolatilization itself are blown 
away using fresh inert gas; otherwise secondary reactions may occur between 
these gases and solid compounds in the sample. Actually, it is almost impossible 
to completely avoid such secondary reactions, but a good experimental 
procedure should try to minimize them. 
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Appendix G 


Among the most applied continuous or steady-state methods there are: 

• Fluidized beds. Fuel particles are continuously fed in a vessel where pre¬ 
heated flow of inert or reacting gas (depending of the objective of the 
study) is injected through its base. The gas velocity is maintained to ensure 
bubbling bed fluidization. The temperature is kept constant by electric 
resistances around the bed. Variations of temperature are very small because 
the mass of sand is much larger than the held mass of fuel, leading to high 
thermal inertia. If compared to other usual methods, fluidized beds allow 
relatively high heat transfer rates between gas and particles. On the other 
hand, due to fast heating, all volatile releases before reliable and repetitive 
data related to the dynamics of pyrolysis can be obtained. In addition, as 
the residence time is around few seconds, the uniform temperature of even 
small particles cannot be ensured [17]. Another difficulty for application 
of this technique is the easy formation of particle clusters in the case of test 
with caking or agglomerating coals. During pyrolysis, a good part of the 
tar polymerizes at the surface of the particle and the plastic consistency of 
that layer favors agglomeration with neighbor particles. This is not a problem 
for very high temperatures (1000 K or above) because all volatiles escape 
too fast and the remaining are coked. However, it becomes a great limitation 
for lower temperatures. Among early works with this technique, there are 
Stone et al. [18], Zielke and Gorin [19], Peters and Bertling [20], and Jones 
et al. [21]. 

• Entrained flow. Fuel particles are continuously fed to a vertical tube and 
carried by a gas stream. The tube could be heated or the gas could be 
preheated, or both. The collected particles are rapidly quenched with water- 
cooled probes at several points along the vertical tube. This techniques 
tries to reproduce condition in pulverized fuel combustors (or suspension 
combustion) and therefore is useful for studies related to that process. The 
major problem with this procedure is that some of the particles stick to the 
tube walls leading to uncertainties concerning the sample mass loss due to 
pyrolysis. Early works using that method can be found in the available 
literature [22-33]. 

• Free fall. Similar to the entrainment apparatus, a vertical tube is employed. 
However, just a few particles are allowed to travel in a free-fall path through 
a stationary gas. A region or several regions or zones of the reactor are 
heated to desired temperatures. This permits rapid heating conditions 
without the agglomeration and particle sticking problems of the two 
previous techniques. However, there are difficulties estimating true 
residence time for particles going through severe changes in density due 
to swelling, devolatilization itself, or other reactions. Among the various 
continuous methods, this seems to be the most successful, and several 
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researchers have employed that technique [34-36], including for 
investigations on biomass pyrolysis [37]. 

Several other techniques have been introduced. The complexities of 
experimental determinations are not within the scope of the present book. 
Good reviews of analytical methods, particularly applied to pyrolysis, can be 
found, for instance, at Refs. 38 and 39. As with any other field, techniques 
continue to evolve and several sophisticated methods have been developed. 
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